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The gradual decline in conventional oil production combined with an increasing world energy 
demand has made the production and upgrading of heavy and extra heavy oil feedstocks 
crucial for the future of the global energy market. Properties of heavy oil such as high 
viscosity and high specific gravity as well as the high percentage of asphaltenes, 
heteroatoms and metals cause severe problems during extraction and refining processes. 
As a result, traditional upgrading technologies are not suitable as a standalone method to 
process these feedstocks. This makes necessary the development of alternative or 
complementary technologies to process heavy oil feedstocks in a more efficient and 
environmentally friendly way. 
This work is aimed to study an alternative heavy oil upgrading process that takes advantage 
of the unique properties of water at near-critical and supercritical conditions as reaction 
medium to perform the oxidative cracking of heavy oil feedstocks. The process consists of 
three main stages including the partial oxidation, cracking of the molecule, and removal of 
part of the oxygen incorporated from the final product. The process was studied using 
phenanthrene and methyl naphthalene as heavy oil model compounds and also Maya oil 
vacuum residue as real feedstock. This was performed in a purposely built microbomb batch 
reactor and an oxidative cracking flow reactor. The effect of the main process variables and 
the potential reaction pathways were studied with model compounds. Then the process was 
tested with real feedstock and the inclusion of a zeolite based catalyst to enhance yields to 
light oil was considered. 
It was found that process conditions have an important influence in the yield and selectivity 
to different product fractions. Optimum conditions to maximize the production of organic 
soluble products were determined. It was observed that polycyclic aromatic hydrocarbons 
were not reactive in the absence or at low concentration of reactive oxygen species. 
However, oxygenated intermediates continued to react in water alone. In addition, it was 
observed that intermediate products were mainly oxygenated compounds and that the 
oxygenation proceeded preferentially through central rings. A hydrogen rich gas product was 
obtained. Experiments with vacuum residue showed that high yields to liquid products with 
low boiling point are obtained keeping low yields to coke at most conditions studied. The 
addition of a zeolite based catalyst showed improvement in the process, increasing the yield 
to light oil and reducing the average molecular weight of the product. Heteroatoms and 
metals present were mainly removed as coke and showed to be relatively stable.
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Chapter 1 
Introduction 
1. Chapter 1 Introduction 
An overview of the current world energy outlook and the need to process heavy oil 
feedstocks in order to meet the energy requirements in the decades to come is given in the 
present chapter. Moreover, the concepts behind the upgrading of heavy oil through oxidative 
cracking in supercritical water are introduced. Finally, the fundamental research questions 
that are addressed in this work as well as the aims and structure of this thesis are presented. 
 
1.1. INTRODUCTION 
According to the International Energy Agency, world energy consumption is expected to 
increase forty three percent between the years 2015 and 2040 as shown in Figure 1.1. 
Nowadays, most of the energy consumed is obtained from liquid fuels derived from fossil 
sources accounting for thirty two percent of the total world energy demand. Although the 
share of liquid fuels in the energy market is expected to drop from thirty two percent to 
twenty eight percent in 2040, they will continue to be the main energy supply worldwide in 
the decades to come, as seen in Figure 1.1 (1). 
 
Figure 1.1 World energy consumption by fuel type between 2015 and 2040 adapted from (1) 
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It is estimated that in order to meet the future energy demand, liquid fuel production will have 
to increase to approximately 119 million barrels per day (mbpd) by the year 2040, which 
represents an increment of thirty percent of the actual production. In order to achieve this, an 
increment in the production of liquid fuels from different sources is expected as shown in 
Figure 1.2 (2). 
 
Figure 1.2 World liquid fuel production between 2015 and 2040 adapted from (2). 
 
Crude oil is expected to remain the main source of liquid fuels in the upcoming years. It is 
estimated that it will account for eighty three percent of the total liquid fuel production by the 
year 2040. However, in order to meet the required fuel supply, crude oil production has to 
increase thirty percent from the actual production to reach 99 mbpd (2). 
 
Figure 1.3 World’s hydrocarbon reserves distribution adapted from (3). 
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A detailed classification of the world’s hydrocarbon reserves is shown in Figure 1.3.  The 
figure shows that thirty four percent of the total hydrocarbon reserves are composed by 
heavy oil and bitumen (unconventional resources) compared to twenty two percent of crude 
oil (conventional resource) (3). The abundance of heavy oil feedstocks combined with the 
continuous decline of conventional crude oil reserves makes the development of 
technologies to process and upgrade heavy oil of great importance for the future of the 
energy market. In fact, estimations show that oil production from unconventional sources has 
to increase to 13 mbpd by the year 2035 in order to meet future energy demand (4). This 
cannot be achieved with the actual extraction and upgrading technologies in operation and 
will require the development and implementation of new and complementary technologies to 
enable efficient heavy oil processing. Research in the development of these new 
technologies can be boosted by the increasing necessity to process these feedstocks as well 
as by a potential increase in oil prices expected to occur in the years to come (5,6). 
Some of the main challenges to address during the processing of unconventional oil 
feedstocks are the high heteroatom and metal content and their highly asphaltenic nature as 
well as their high viscosity and density (4,7–9). These characteristics, common in heavy oils, 
cause major problems during upgrading processes like catalyst poisoning due to metal 
deposition and coke formation that results in lower yields to higher value fuel (10). Normally, 
crude oil refining consists of a series of processes based on carbon rejection and hydrogen 
addition that can be performed in the presence or absence of a catalyst, depending on the 
nature of the oil fraction being upgraded. A generic process flow diagram of an oil refining 
process adapted from literature is shown in Figure 1.4.   
 
 
Figure 1.4 Simplified oil refining process scheme adapted from (11). 
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Upgrading processes based on hydrogen addition are meant to make the feedstock lighter in 
order to decrease its boiling point range (hydrocracking) and to remove impurities such as 
metals and heteroatoms from its structure (hydrotreating). On the other hand, processes 
based on carbon rejection (coking, vis-breaking and fluid catalytic cracking) use heat and in 
occasions an added catalyst to fractionate the structure of heavy hydrocarbons present in 
heavy oil into lighter fractions without the need of adding hydrogen into the process. These 
technologies are not effective as a standalone refining method to process heavy oil 
feedstocks due to disadvantages such as catalyst de-activation and poisoning, high yields to 
coke, poor conversions and yields to light fractions, high volumes of hydrogen required as 
well as large amounts of catalyst needed, which represent high operational costs (12,13). In 
spite of this, it has been suggested that the best alternative to meet these challenges is the 
integration of upgrading technologies in order to increase the yields to valuable high quality 
products in refineries (14). In addition, fundamental technology challenges like catalyst de-
activation and coking, development of selective catalysts and the optimization of process 
conditions have to be further addressed (15). The abovementioned issues provide an 
opportunity to conduct research on new technologies that can provide alternatives to the 
actual processes or be used as complementary technologies to upgrade heavy oil 
feedstocks in a more effective way.  
Asphaltenes are the most complex species found in heavy oil. They are composed of 
polycyclic aromatic hydrocarbons (PAHs), which contain heteroatoms like sulfur or nitrogen 
and metals such as vanadium and nickel in their structure. It has been reported that 
enzymes found in certain fungi species are capable of degrading PAHs in an energy efficient 
way (16–18). Experimental results by Hammel KE using short chain PAHs such as 
phenanthrene and anthracene, have shown that the reaction pathway of PAH fungi 
degradation proceeds through the oxidation of the central ring (19). This was used as a 
fundamental concept for the development of the proposed process in this work. 
The novelty of this work lies in the development of a process that takes advantage of the 
characteristic properties near-critical water (NCW) and supercritical water (SCW) have as 
reaction medium, to be implemented in a process that integrates the concept of oxidation of 
PAHs previously discussed with the upgrading heavy oil feedstocks.  The process 
denominated as oxidative cracking is schematically represented in Figure 1.5. It consists of 
three main stages of reaction. First heavy hydrocarbons present in the original heavy oil are 
partially oxygenated in NCW or SCW. In this stage the process takes advantage of the 
complete solubility that oxygen has in near-critical and supercritical water and also the 
homogeneous dispersion of heavy hydrocarbons in the reaction medium, which greatly 
reduces mass transfer limitations in the process. Second, the oxygenated intermediates 
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crack into lighter species at the oxygenated sites weakened by the presence of the 
heteroatom. Finally, part of the oxygen initially incorporated into the organic product is 
removed through carbon and oxygen rejection processes improving the quality of the 
product and reducing the need of further refining. 
 
 
Figure 1.5 Conceptual representation of the process to upgrade heavy oil through oxidative cracking 
in water at near-critical and supercritical conditions.  
 
1.2. AIM OF THE THESIS 
This work aimed to develop and assess a heavy oil upgrading process through oxidative 
cracking in NCW and SCW. The approach of this project is twofold, 1) the use of PAHs such 
as phenanthrene and methyl naphthalene to perform the proof of concept, in depth study of 
the fundamentals of the process as well as the study and optimization of process variables, 
and 2) process evaluation with an extra heavy oil feedstock, Maya oil vacuum residue (VR).  
The PAHs selected as heavy oil model compounds for this work are considered a good 
representation of the main building blocks of asphaltenes commonly present in heavy oil 
feedstocks. The work performed with model compounds enabled the detailed study of the 
process by identifying the main reaction products as well as the potential reaction pathways. 
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The use of model compounds also delivered a good understanding of the effect of process 
conditions such as pressure, temperature, initial oxygen loading and reaction time in the 
system, which can be implemented in the optimization of reaction conditions to be used in 
reactions with real heavy oil feedstocks. 
In order to achieve this aim, a series of objectives enlisted below were set. 
1) To design and commission a batch and a flow reaction systems as well as to develop an 
experimental methodology to study the hydrothermal oxidative cracking of heavy oil at 
different reaction conditions. This included the following tasks: 
 Modification and optimization of an in-house designed microbomb batch reactor. 
 Design and commissioning of a continuous flow reactor. 
 Development of an experimental method to recover and analyze the different 
products obtained from reactions with heavy oil model compounds as well as from 
reactions with real heavy oil feedstocks. 
 
2) To study the effect of process conditions such as pressure, temperature and initial 
oxygen loading in the process using heavy oil model compounds in order to: 
 Understand how changes in reaction conditions affect conversion and product 
distribution in the process. 
 Determine the optimum reaction conditions to achieve high conversions while 
maintaining a high selectivity to organic soluble products. 
 Identify the main products of reaction and study how these are determined by the 
different reaction conditions studied. 
 
3) To determine the potential reaction pathways using heavy oil model compounds and 
gain insight on the reactivity of the different species in the system. The objective was 
covered with the following activities: 
 Determine the role of the different species (water and oxygen) in the process.  
 Study the reactivity of the products according to their nature (PAHs and oxygenated 
products) at different stages of the process. 
 
4) To evaluate the process with real heavy oil feedstocks with special emphasis on :  
 Maximizing conversion to light fractions with a boiling point below 450 °C while 
maintaining low yields to coke. 
 Evaluating the potential of the process to decrease the average molecular weight of 
the oil recovered. 
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 Assessing the capacity of the process to remove heteroatoms and metals from the 
original oil. 
 
5) To develop and test catalysts aiming at enhancing cracking and oxidation capacity of the 
system in order to improve the upgrading of heavy molecules like asphaltenes commonly 
present in heavy oils.  
 
During this project, a collaboration with the Institute of Carbochemistry (CSIC) in Zaragoza, 
Spain was established for the design, synthesis and characterization of catalysts used in the 
upgrading of heavy oil as part of the joint project I-LINK-0439.  
 
1.3. THESIS STRUCTURE 
The thesis is divided in eleven chapters including a) the background and introduction, b) the 
design and commissioning of the reaction set ups as well as the experimental procedure, c) 
the experimental results, d) the conclusions derived from this work including 
recommendations for future work and e) the references and appendix of the thesis. 
An outline of the chapters that composes this work with a brief description of the main 
content on each of them is given below. 
Chapter 2 presents a comprehensive survey of literature focused on relevant concepts 
needed for the development of this project. Topics such as heavy oil, supercritical water, 
hydrothermal oil upgrading and catalysis in SCW are extensively discussed. 
Chapters 3 and 4 are dedicated to the design and commissioning of the batch and 
continuous reaction set ups as well as to provide a detailed description of the experimental 
procedures and product analysis techniques. 
Chapter 5 presents the results obtained from the oxidative cracking of phenanthrene in the 
microbomb batch reactor. In this chapter, an extensive evaluation of the effect that process 
conditions (temperature, pressure, O/Ostoich ratio and reaction time) have in conversion, 
selectivity and product yields has been discussed. Moreover, the evolution of reaction 
products at different reaction times and temperatures was studied and a potential reaction 
pathway has been proposed. 
Chapter 6 is dedicated to present the results of the work performed using methyl 
naphthalene as model compound in the continuous oxidative cracking reactor. The process 
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was analyzed at short residence times in order to identify intermediate species present at 
early reaction stages. In addition a potential reaction pathway has also been proposed. 
Chapter 7 and 8 are focused in the analysis of the oxidative cracking process using Maya oil 
vacuum residue as feedstock. As part of the work results obtained in the presence and 
absence of a zeolite based catalyst were compared to assess the impact of the catalyst in 
the process. Moreover, the evolution with reaction time and temperature of the different 
products of reaction as well as the concentration of metals (V) and heteroatoms (S and N) in 
the liquid product fraction were analyzed.  
Chapter 9 is dedicated to the general conclusions obtained from this work as well as to 
discuss some particular conclusions of the work performed with heavy oil model compounds 





2. Chapter 2 Background 
In this chapter, relevant background information on heavy oil properties, hydrothermal oil 
upgrading, supercritical water and some relevant analytical techniques are discussed. First, 
properties and composition of heavy oil feedstocks as well as the traditional heavy oil 
upgrading processes are addressed. This is followed by a brief discussion on the reactivity 
of PAHs. Then, a detailed review of the main properties of SCW and some chemical 
reactions relevant for this work is provided. Moreover, relevant literature on the upgrading of 
heavy oil feedstocks in water at near-critical and supercritical conditions is discussed with 
special emphasis on the role that water plays in the reaction as well as the effect it has in the 
removal of heteroatoms and metals. Some literature on heterogeneous catalysis in SCW is 
also reviewed. Finally, a brief description of the operation principles of the analytical 
techniques used in this project to analyze the products of reaction is provided. 
 
2.1. HEAVY CRUDE OIL 
Crude oil, also known as petroleum, is commonly defined as a complex mixture of 
hydrocarbons containing different amounts of heteroatoms (S, N and O), metals (Ni and V) 
and salts depending on the nature of the feedstock. Therefore, properties of crude oils such 
as density, viscosity and volatility may vary largely between feedstocks (20,21). A complete 
agreement in an adequate classification of crude oil is complicated due to the complex 
composition and diverse nature of the oils. It is commonly accepted that it can be classified 
depending on its physical properties such as viscosity and density (API gravity). Based on 
these criteria, heavy oil can be defined as a feedstock with an API gravity below 20° and 100 
cP at reservoir conditions. Crude oils that at reservoir conditions have an API gravity below 
10° and high viscosities up to 10,000 cP are classified as extra heavy oil. Extra heavy oil that 
at reservoir conditions presents a viscosity over 10,000 cP is categorized as bitumen 
(4,8,12,20).  
Light and heavy crude oil feedstocks present important differences. The latter, is 
characterized by low API gravities, high concentrations of impurities such as metals and 
heteroatoms and by the low yields to distillate fractions with higher quality and value 
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obtained after refining. A comparison of the properties of different types of oil is shown in 
Table 2.1. 
Table 2.1 Crude oil properties adapted from (8,22). 
 
Light Crude Oil Heavy Crude Oil 
Extra Heavy Crude 
Oil 
API gravity (°API) > 20 10 - 20 <10 
Viscosity (cP) <100 >100 <10,000 
Asphalthene content (%w/w) 0.1 - 12 11 - 25 15 - 40 
Total sulfur (%w/w) 0.05 - 4 0.1 - 5 0.8 - 6 
Total nitrogen (%w/w) 0.02 – 0.5 0.2 – 0.8 0.1 – 1.3 
Metal content V & Ni (ppm) 10 - 200 50 - 500 200 - 600 
 
Moreover, oils can also be classified according to their solubility into four different 
categories: saturates, aromatics, resins and asphaltenes (SARA). Saturates are mainly 
composed of non-polar structures, which include linear, branched and saturated cyclic 
hydrocarbons. The aromatic fraction is normally polarizable and is mainly composed by 
species containing one or more fused aromatic rings. However, differentiating between resin 
and asphaltene fractions is difficult as both have chemical similarities presenting polar 
substituents in their structure. The common way to distinguish one from the other relies on 
the complete miscibility of resins and the insolubility of asphaltenes in short chain alkane 
solvents (pentane, hexane and heptane) (23,24). As a result, crude oil samples can be 
classified into maltenes and asphaltenes based on their solubility or insolubility in these 
solvents (25). In this work, asphaltenes are defined as the fraction of crude oil that 
precipitates in the presence of an excess of n-heptane as graphically explained in Figure 
2.1. 
 
Figure 2.1 Crude oil fractionation graphic representation. 
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Important processing difficulties derived from a complex chemical nature (high heteroatom 
and metal contents) and from physical properties such as high viscosity and density are 
presented by heavy oil feedstocks. Chemical composition of different heavy oil resources in 
the world are shown in Table 2.2. 









C (%w/w) 83.96 80.60 83.20 85.30 
H (%w/w) 11.80 8.10 9.70 11.20 
O (%w/w) 0.35 4 1.70 1 
N (%w/w) 0.32 1.80 0.40 2 
S (%w/w) 3.57 5.50 5.30 0.50 
Metals (ppm) 351.5 274 340 75 
Asphaltene (%w/w) 11.32 10 18.60 nd 
 
These characteristics of heavy oil present great processing challenges such as low mobility 
in the reservoir, difficult and costly transportation and low processing capacity in refineries 
(14). Moreover, low yields to high value fractions as well as high rates of catalyst 




Asphaltenes are the heaviest, most highly polar and complex molecules that are present in 
crude oil (29). They normally present high solubility in aromatic hydrocarbons such as 
toluene, but are found to be insoluble when short chain alkanes (n-pentane or n-heptane) 
are used as solvent. It is thought that the solubility properties of asphaltenes are mainly  due 
to the strong presence of polar groups, the degree of condensation of the fused ring 
aromatic structures and their high molecular mass that result in poor solubility in alkane 
solvents (30). 
Asphaltenes are normally defined based on their chemical composition as a condensed 
polycyclic aromatic compound that contains heteroatoms in small amounts and traces of 
metals suspended in crude oil (7,31). General consensus agrees that an asphaltene can be 
represented by a condensed fused polyaromatic core with cyclo-alkyl substituents as part of 
its structure (32,33). Moreover, asphaltenes are formed of polycyclic aromatic clusters with 
side chains of up to thirty carbon molecules. Heteroatoms such as sulfur and nitrogen are 
commonly found in the form of aromatic rings with thiophenes and pyrrole/pyridine 
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structures, nitrogen-containing molecules in the form of amides / amines, oxygen in the form 
of  ketones / phenols / oxanes and metals in a porphyrin ring structure (34). 
The definition of asphaltenes based on their chemical structure has been a subject of great 
debate among the scientific community. Proposed structures have evolved with time and 
vary according to the analytical technique used in their determinations. When research on 
this topic commenced, asphaltenes were proposed to be large organic structures composed 
of a maximum of ten aromatic rings fused together and connected through sulfur and alkyl 
bonds in order to constitute oligomers (35). It is believed that a model asphaltene molecule 
contains from forty to seventy aromatic rings and between seven to twenty one heteroatoms 
in its structure (35,36). Recently, studies performed with non-destructive analytical 
techniques have suggested that the most likely chemical structure of an asphaltene is better 
represented by small clusters of five to seven fused aromatic rings joined together by means 
of heteroatom and aliphatic chains (37). The chemical structure of asphaltene molecules has 
been represented in two different ways, the continental and archipelago models. The 
continental model shows asphaltenes as molecules composed of a polycyclic aromatic core 
surrounded by aliphatic chains (38,39), while the archipelago model is represented by small 
groups of aromatic cores joined together by aliphatic chains (40,41) as shown in Figure 2.2. 
 
 
Figure 2.2 Hypothetical structures of asphaltene molecules (adapted from 38, 39-41). 
 
2.1.2. Traditional upgrading processes 
Oil refining involves a series of thermal and catalytic processes intended to convert heavy 
organic molecules found in crude oil into lighter fractions of higher quality and value in the 
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market. During refining, processes involving cracking of aromatic rings, changes in the 
number of carbon atoms and important changes in the molecular structure of the compounds 
take place (20). To date, the most effective refining processes available to upgrade heavy oil 
feedstocks are those based on increasing the H/C ratio of the oil. In order to achieve this, 
technologies based on carbon rejection and hydrogen addition, which present advantages 
and disadvantages on economic and technical grounds are normally implemented (14,42).  
Carbon rejection processes (thermal processes) are those in which large molecules found in 
heavy oil crack into two molecules, a small one with a high H/C ratio commonly denominated 
as distillate and a second one with a low H/C ratio (PAHs) that can condense into coke. On 
the other hand, hydrogen addition processes such as hydrocracking and hydrotreating 
increase the H/C ratio of the molecule by adding hydrogen, which results in lower coke 
yields and higher yields to lighter liquid hydrocarbons (21,43). Commercially available 
processes to upgrade oil and their main operating conditions are listed in Table 2.3. 
Nowadays, the increasing necessity to process heavy oil feedstocks have made traditional 
oil refining technologies based on hydrogen addition and carbon rejection (coking, catalytic 
cracking or hydrotreating) insufficient and not suitable as a standalone refining method. 
Therefore, it has been proposed that in order to obtain greater yields of good quality oil the 
combination of different technologies in an integrated process is the best alternative (14). 
Moreover, important technical challenges such as process optimization, catalyst poisoning 
and deactivation, high levels of coking and lower yields to higher value products need to be 
addressed. The above-mentioned issues present an opportunity for the development and 
application of new technologies as the implementation of hydrothermal processes in water at 
near-critical and supercritical conditions as an alternative technology to upgrade heavy oil 
resources. 
Table 2.3 Traditional oil upgrading processes commercially available, adapted from (15,20,44–48). 








455 - 515 480 - 520 480 - 540 260 - 345 370 - 450 
Pressure (bar) 3 - 20 1 - 10 < 2 35 - 70 100 - 300 
Catalyst No catalyst No catalyst Zeolites Bimetallic catalysts Bimetallic catalysts 
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2.1.3. Reactivity of polycyclic aromatic hydrocarbons 
Understanding the kinetic and thermodynamic behavior of PAHs is of great relevance to 
predict to some extent the reactivity of the system. Three main approaches on how to 
determine reactivity in these systems have been formulated and will be briefly explained in 
the following sections.  
2.1.3.1. Clar theory of polycyclic aromatic structures stability 
Clar’s rule state that in systems composed of more than one fused aromatic rings forming a 
straight structure, two  electrons of a sextet present greater mobility than the remaining four 
electrons and can migrate from one ring to another within the structure. Therefore, the  
electrons in a double bond shared by two aromatic rings are considered to belong to both. 
However, in order for a further migration of the  electrons into a third aromatic ring to take 
place, two positive charges need to be transferred into the double bond located between the 
second and third aromatic rings, which makes all double bonds mobile. This enables the 
migration of the two  electrons as well as the two positive charges throughout the whole 
molecule moving the position of the sextet and keeping two double bonds localized within 
the rings. If the structure is big, the electrons have the possibility to move throughout the 
larger structure, which represents a dilution of the sextet resulting in a reduction of the 
benzenoid character of the molecule increasing its reactivity (49).  
 
 
Figure 2.3 Reactivity of PAH molecules according to size and number of sextets in its structure 
adapted from (49). 
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However, if there are aromatic rings disposed angularly throughout the molecule, more than 
one aromatic ring will have three double bonds conforming a sextet in the structure, which 
increases the stability of the molecule and decreases its reactivity (49). In summary, if the 
number of aromatic rings in the structure of a molecule increases, its benzenoid character 
decreases, resulting in a reduction of the molecular stability, which increases its reactivity. 
The same behavior is observed with the number of sextets in a molecule. Molecules with 
more sextets have greater stability and are less reactive than the ones with less sextets as 
shown in Figure 2.3. Based on these properties it can be concluded that PAHs do react and 
tend to retain their conjugated aromatic ring systems (50). Some typical reactions commonly 
occurring with this type of molecules are addition, oxidation, substitution, cracking and 
hydrocracking reactions (51).  
 
2.1.3.2. Reduced HOMO-LUMO gap as measure of reactivity 
Kinetic stability is defined as the stability that a compound has compared to the one that an 
activated complex has in a further chemical reaction. The highest occupied molecular orbital 
(HOMO) to lowest unoccupied molecular orbital (LUMO) energy gap is commonly used as 
an indicator of the kinetic stability of PAHs. If a PAH has a large HOMO-LUMO gap signifies 
that the kinetic stability of the molecule is high and will present a low chemical reactivity. This 
occurs as the addition of electrons into a high lying LUMO is energetically unfavorable as 
well as the extraction of electrons from a low lying HOMO, which makes difficult the 
formation of an activated complex for a potential reaction to occur (52). 
In order to establish a proper comparison between the stability of two molecules, the value of 
the HOMO-LUMO gap of both compounds has to be multiplied by the number of conjugated 
atoms in their structures to give an index of the kinetic stability of each molecule corrected 
by its size. In addition, the HOMO-LUMO energy gap of a PAH can be correlated to the 
stability theory proposed by Clar through the density of aromatic sextets in the molecule 
(DAS). PAHs with a HOMO-LUMO gap value below 1.3 have been found to be highly 
reactive. It has been reported that most PAHs have DAS values below 0.4 showing that not 
all polyaromatic systems are kinetically stable (52).  
 
2.1.3.3. Thermodynamic stability of polycyclic aromatic systems 
Thermodynamic stability of a PAH is the result of the aromaticity produced from the cyclic 
conjugation of its structure. A PAH that possess high aromaticity will be highly stable and 
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consequently will show very low reactivity. Quantification of aromaticity in a compound is by 
no means easy. In order to quantify aromaticity in a compound, the resonance energy is 
normally considered a good indicator. Resonance energy is defined as the difference 
between the total  electron energy of a molecule and the one of a hypothetical reference 
compound. Haddon and Fukanga related the HOMO-LUMO gap with the value of resonance 
energy in a molecule demonstrating that a connection between the kinetic and 
thermodynamic criteria of aromatic character in a molecule exists (53). Therefore, if a 
molecule is not reactive it can be stated that it is both kinetically and thermodynamically 
stable (54). Values of Clar’s density of aromatic sextets, kinetic stability and thermodynamic 
stability of PAH’s are reported in Table 2.4. 
Table 2.4 Values of HOMO-LUMO energy gap, DAS and resonance energy as a measure of kinetic 
and thermodynamic stability of PAH molecules. Adapted from (52). 
PAH 
Density of aromatic 
sextets (DAS) 
HOMO-LUMO    
energy gap 
Resonance Energy 
Naphthalene 0.60 1.75 0.055 
Anthracene 0.43 1.57 0.047 
Phenanthrene 0.86 2.08 0.055 
Pyrene 0.75 1.81 0.051 
 
2.2. SUPERCRITICAL WATER 
Water turns into a supercritical fluid when it reaches or surpasses a temperature of 374 °C, a 
pressure of 221 bar and a density of 0.32 g/ml (55). Properties of water in the vicinity or 
above the critical point present great differences if compared to the ones observed at 
ambient conditions. Hydrogen bonding, characteristic of water at ambient conditions is 
completely disrupted when surpassing the critical point, turning water into an excellent 
solvent for non-ionic species and a poor solvent for ionic species. In addition, important 
changes in physical properties of water such as heat capacity, thermal conductivity, density 
and viscosity occur near or above the critical point as shown in Figure 2.4. 
Moreover, changes in properties like the ionic product and the dielectric constant are also 
observed. An important increase in the ionic product is obtained when water approaches its 
critical point. However, when the critical point is surpassed, the ionic product of water 
dramatically decreases (56). The dielectric constant decreases with an increase in 
temperature and increases with an increase in density meaning that when water reaches the 
critical point, the value of the dielectric constant is lower than the one observed at ambient 
conditions. Therefore, SCW behaves more like a non-polar solvent rather than a polar one, 
which explains its capacity to dissolve non-polar organic compounds (57). Apart from these 
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properties, water at near-critical and supercritical conditions is regarded as a non-hazardous 
and non-toxic green solvent that can act as solvent, catalyst and reactant in the same 
chemical process (58).  
SCW has an analogous behavior to many organic solvents in which organic compounds 
show almost complete miscibility and high solubility. An additional advantage that SCW 
presents is that gases are completely solubilized in it. This enables the development of 
chemical reactions in a single phase reaction system, which presents important advantages 
over other heterogeneous systems such as the absence of mass transfer limitations and 
high reactant concentrations in the system. Therefore, a series of organic chemical reactions 
such as hydrogenation, ring cleavage, elimination, oxidation and hydrolysis have been 




Figure 2.4 Changes in physical properties of water with temperature. 
 
2.2.1. Chemical reactions in supercritical water 
2.2.1.1. Hydrolysis reaction 
Water at near-critical or supercritical conditions is a highly reactive medium where hydrolysis 
reactions involving the rupture by water of one or more bonds of an organic compound 
occur. Hydrolysis reactions proceed as shown in the general reaction below (59). 
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R – R’      +     H – OH      →     R – H     +     R’ – OH 
Hydrolysis and thermal decomposition reactions in SCW proceed simultaneously and the 
selectivity to one or the other is determined by the process conditions. Thermal 
decomposition is favored by higher reaction temperatures while the hydrolysis reaction 
depends on the concentration of water in the system  (59,60). It is clear that the thermal 
decomposition in SCW proceeds via a free radical mechanism. However, the reaction 
mechanism of hydrolysis is not fully understood. Klein et al, conducted a kinetic study, which 
suggests that potentially the reaction mechanism for the hydrolysis in SCW proceeds 
through a SN2 nucleophilic substitution with water as nucleophile (60). 
 
2.2.1.2. Water gas shift reaction 
In situ production of hydrogen in near-critical and supercritical water processes is of great 
importance for the potential implementation of the technology in established industrial 
processes such as biomass gasification, waste destruction, bio-oil upgrading, oil upgrading, 
among others. At these conditions, hydrogen production through water gas shift reaction 
(WGSR) shown in the reaction below emerges as a potential route to achieve it.  
 
CO     +     H2O     ↔     CO2     +     H2 
 
The WGSR is closely linked to the partial oxidation of organic compounds where CO is 
produced. The presence of CO promotes WGSR, shifting the equilibrium towards the 
formation of H2. If these reactions, take place in hydrothermal processes (NCW or SCW) 
where water is present in great excess, the reaction could proceed through a non-catalytic 
route to the formation of H2 (61). However, one of the main drawbacks that WGSR presents 
at industrially accessible reaction temperatures (approximately 400 °C) and in the absence 
of a catalyst is the slow reaction rates achieved. Although, evidence strongly suggest that a 
dependence exists between the rate of reaction and the water density in the system. In 
addition, water molecules modify the energy of activation as they participate in the 
conformation of the transition state complex in the absence of a catalyst (62). It has been 
proposed that in hydrothermal processes, the water-gas shift reaction mechanism proceeds 
via two steps. The first step consists of the formation of formic acid as reaction intermediate 
and the second step is its further decomposition into CO2 and H2, as follows. 




CO  +  (n+1)H2O  →  HCOOH  +  nH2O  →  CO2  +  H2  +  nH2O 
 
As shown in the previous reaction, water participates in the formation of the transition state, 
which results in an important reduction of the reaction’s activation energy (63). 
2.2.1.3. Oxidation  
Hydrothermal oxidation in SCW, also known as supercritical water oxidation (SCWO), takes 
advantage of the high solubility of oxygen and the almost complete miscibility of organic 
compounds to form a single phase reaction system, where reactions proceed in the absence 
of mass transfer limitations. Furthermore, the high temperatures required for the process 
ensure that high rates of reaction are achieved leading to high conversions of organic 
compounds to carbon dioxide, water and other intermediate organic molecules (56,57,64). 
SCWO kinetics are considered to have a global pseudo first order of reaction with first order 
kinetics with respect to the organic substrate. In addition, it is well accepted that reaction 
rates of SCWO are independent from the oxygen concentration in the system. However, it is 
unclear the way that water participates in the rate of reaction as it has been observed that it 
is strongly dependent on the amount of water present in the system. Normally, authors 
consider water to be always in great excess during the entire reaction leaving its 
concentration unchanged so it can be omitted from the reaction rate expression (65–69). 
 
 
Figure 2.5 Simplified  SCWO reaction pathway model considering the formation of intermediates during the 
process adapted from (70). 
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A simplified representation of the SCWO reaction pathway is shown Figure 2.5. The model 
considers that the formation and further oxidation of reaction intermediates can be taken as 
the controlling step of the overall reaction kinetics of the process. Two main reaction 
pathways for the SCWO of organic compounds in SCW are considered. First, the organic 
substrate can be directly oxidized into carbon dioxide and water as shown in route A. 
Second, route B considers the formation of stable reaction intermediates from the partial 
oxidation of the organic substrate followed by subsequent oxidation reactions into carbon 
dioxide and water as shown in Figure 2.5 (70). Post reaction analysis into the nature of these 
intermediate products showed that they were mainly alcohols, ketones, aldehydes and short 
chain carboxylic acids (64). 
Furthermore, it has been reported that the reaction mechanism for the SCWO of organic 
compounds proceeds through a chain of radical reactions (64,71,72). The reaction 
mechanism is thought to proceed through three different phases denominated initiation, 
propagation and termination phases. The initiation phase, also known as the induction 
phase, is the one in which the concentration of radicals namely OH and HO2 in the medium 
increases rapidly. During this phase negligible conversion of organic substrates is achieved 
due to the slow reaction rates observed. The initiation stage is followed by the propagation 
stage where reactions between organic substrate and radicals in the medium take place and 
can be described using a first order reaction model. The moment either the organic substrate 
or the oxygen have been totally consumed, organic radicals react with each other forming 
stable products, which slow down the rates of reaction in the so called termination phase 
(73). 
 
2.3. HYDROTHERMAL UPGRADING OF HEAVY OIL IN NEAR-
CRITICAL AND SUPERCRITICAL WATER 
There is great potential in the application of hydrothermal processes in the oil refining sector. 
The implementation of technologies such as steam assisted gravity drainage (SAGD) have 
proven that great benefits can be obtained from the incorporation of water into the recovery 
processes, which results in greater oil recovery yields and in the in-situ upgrading of the 
feedstock to some extent (74–76). However, some concerns like the high energy 
requirements and the low efficiency that the process presents have delayed the widespread 
application of water in heavy oil recovery and processing. In order to improve the overall 
performance of the process, water-solvent mixtures (77–79), water-gas mixtures (80–82) 
and the addition of surfactants show to increase heavy oil recovery yields improving its 
quality. 
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To date, hydrothermal processes have been successfully implemented in upstream 
applications including the extraction of bitumen and shale oil and their in situ upgrading into 
lighter oil fractions (83,84). In addition, it was reported that the presence of water at near-
critical and supercritical conditions enhances further heavy oil extraction, and provides some 
degree of upgrading with conversions up to twenty four percent and sulfur removal ranging 
from sixteen to twenty percent (85). In addition, highly asphaltenic and kerogene rich 
hydrocarbons have been effectively extracted using SCW as extraction medium (86). 
Moreover, it has been observed that process conditions (temperature and pressure) impact 
directly the overall efficiency of the oil extraction process and determines the yields and 
composition of the extracted product. An increase in temperature and pressure results in 
higher yields to extracted oil as a result of two main effects. First, an increase in the solubility 
of heavy hydrocarbons in water and second the decomposition of these compounds into 
lighter products due to higher process temperatures. Both effects together result in an 
overall increase in the extraction and formation rates (87). It was concluded that small 
changes in process condition defines the selectivity of the process towards different product 
fractions (87). 
 
2.3.1. Role of supercritical water in the upgrading of heavy oil 
Hydrothermal upgrading of heavy oil in near-critical and supercritical conditions has shown 
improvements compared to traditional thermal based upgrading methods mainly due to the 
higher yields to light fuels obtained and an important reduction in the yields to coke produced 
(88). In addition, during the upgrading of heavy oils in hydrothermal conditions, it has been 
reported that high heteroatom (89,90) and metal (91,92) removal were achieved.  
Water at near-critical or supercritical conditions is responsible of the solubilization, 
dispersion and dehydrogenation of heavy oil components, as well as for the prevention of 
recombination reactions between heavy organic radicals. 
 
 
Figure 2.6 Supercritical water as reaction medium “Cage Effect” 
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This occurs due to the cage effect in which water molecules surround an activated organic 
complex forming a perimeter that stabilizes it. The presence of water around the complex 
slows down considerably the occurrence of radical reactions radical reactions in the system 
(93,94). However, taking advantage of the cage effect, heavy molecules continue to crack 
into lighter compounds of greater value, which are also stabilized by the effect of water 
preventing recombination reactions and suppressing coke formation as seen in Figure 2.6. 
Water density has been found to exert an important influence in the performance of 
hydrothermal upgrading of heavy oil. It was reported that increments in water density result 
in higher asphaltene conversions and higher yields to coke. Moreover, the nature of the coke 
produced is also to water density in the process. Coke produced at higher water densities 
have a more porous nature than the one obtained at lower water densities (95,96). 
Nevertheless, water density has a minor effect in the process when oxygen is added to the 
system. This is mainly due to the considerably larger effect that temperature and oxygen 
loading have on asphaltene conversion and coke yields that shadow the effect of changes in 
water density. Interestingly, in hydrothermal oxidation processes variations in the water 
density do show an important influence in the yields to gas produced (97).  
 
2.3.1.1. Coke suppression  
Coke forms as a result of condensation and polymerization reactions that occur in thermal oil 
upgrading processes. Coke formation is accomplished through the reaction between two 
heavy organic free radicals formed during asphaltene cracking reactions (98). Moreover, it 
has been reported that interactions between asphaltene molecules and the solvent have are 
determining in the amount of coke produced. These are mainly based on the ability of the 
solvent to donate hydrogen and also in the capacity of the asphaltene molecules to receive it 
(99). 
Water is a key player in the reduction of coke yields in hydrothermal processes. Its role 
consists of three main processes such as the dispersion of heavy hydrocarbons, hydrogen 
donation and the extraction of cracking products, which prevent the occurrence of 
polymerization reactions. The reaction pathway of coke formation in high and low levels of 
coke precursor extraction is schematically represented in Figure 2.7. 
This figure shows that initially asphaltene molecules crack in the organic rich phase to 
produce lighter aromatic fractions denominated cracking products. If the reaction takes place 
in a medium with high extraction capacity, cracking products are extracted into the water rich 
phase, which prevents the occurrence of polymerization reactions that can potentially lead 
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into coke formation. Cracking products solubilized in the water rich phase continue to crack 
into even lighter products denominated maltenes. On the contrary, if the reaction takes place 
in a medium with low extraction capacity, most of the cracking products remain in the oil rich 
phase where two main reactions can occur. Cracking products could either react through 
condensation and polymerization to form coke or they can continue to crack into maltene 
products. In addition, the small fraction of cracking products extracted into the water rich 
phase when reaction takes place in a low extraction capacity medium, can be further 
upgraded into maltenes or can react through recombination with other cracking products to 
form asphaltenes that return into the oil rich phase (100). Since NCW or SCW are 
considered good solvents with a high extraction capacity, low yields to coke are expected in 
hydrothermal oil upgrading processes. 
 
 
Figure 2.7 Mechanism of coke formation and suppression in low or high aromatic extraction medium. 
Adapted from (100). 
 
2.3.1.2. Upgrading of asphaltene fractions 
Asphaltene molecules decompose when exposed to a heating source breaking into smaller 
organic radicals that can recondense to produce coke as an undesirable by-product (101). 
However, as previously stated, coke production is greatly inhibited in hydrothermal 
upgrading processes making them a really attractive medium to process highly asphaltenic 
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feedstocks. Few processes where highly asphaltenic oil feedstocks are upgraded using 
water as reaction medium are currently available. Brons et al developed a process to 
thermally treat asphaltenes in near-critical and supercritical water at temperatures ranging 
between 300 °C and 425 °C. The authors claim that high yields to light hydrocarbons with a 
low sulfur content, low molecular weight and a low fixed carbon can be obtained (102). In 
addition, it was reported that cracking of asphaltene molecules proceeds through a series of 
chemical reactions such as dealkylation and aromatization to mainly produce gas, maltenes 
and coke (90,103). 
Operating pressure and temperature have an important influence in the conversion and 
sulfur removal capacity of the system when reactions take place at supercritical conditions in 
the absence of an oxidizer. Overall, high temperatures and pressures result in high oil 
conversions. Interestingly, in the presence of an externally added oxidizer asphaltene 
conversion obtained was lower than in SCW alone but greater desulfurization was achieved. 
A potential explanation could be that with the addition of oxygen higher polymerization rates 
are reached, which aid in the removal of sulfur as part of the solid fraction produced (104). 
 
2.3.1.3. Studies on the upgrading of polycyclic aromatic hydrocarbons in 
supercritical water 
The use of PAHs as a representation of asphaltene structures provides with the opportunity 
to study different reactions in a controlled environment without the risk of interference of 
other molecules. This is extremely useful to better understand the effect that process 
conditions have in the reaction system as well as in evaluating the potential reaction 
pathways.  
Studies on the stability of PAHs in NCW have shown that low conversions are achieved 
mainly to produce oxygenated products as ketones and quinones. This indicates that water 
can act as a mild oxidizer at these conditions to a certain extent. These results were 
compared with the ones obtained in the presence of an added oxidizer, which resulted in an 
important increase in conversion. This shows that conversion of PAHs is highly dependent 
on the presence of an additional oxidizing agent (105).  
Extensive studies on the reactivity of different hydrocarbons and heterocycles in near-critical 
and supercritical water conditions have been performed by Katrinsky et al (106,107). 
Experiments to assess the reactivity of different PAH molecules, aryl oxides and aryl 
carbonyl structures in SCW were performed showing that low yields to ring opening and 
reduction products are obtained even at long reaction times and high temperatures. 
Chapter 2 Background 
49 
 
However, evidence that hydrolysis proceeds in the presence of acid and basic catalysts was 
found. This suggests that the only difference between reactions occurring at near-critical or 
supercritical conditions is an increase in radical based reactions in SCW (106,107). 
Moreover, it was observed that the destruction of PAHs through complete combustion in 
SCW is achieved with high efficiencies in the presence of a strong oxidizer such as 
hydrogen peroxide at high temperatures and pressures (108). Moreover, it was reported that 
aliphatic hydrocarbons present higher reactivity in SCWO process when compared to the 
highly stable nature of aromatic hydrocarbons. Similar conclusions as the once obtained with 
asphaltenes have been reached regarding the great influence that process conditions have 
in the final product distribution and reaction pathway observed in the SCWO of PAHs (109). 
 
2.3.2. Heteroatom and metal removal 
As has been previously commented, asphaltene molecules are polycyclic aromatic 
structures containing an important amount of heteroatoms such as sulphur, nitrogen and 
oxygen and traces of metals like nickel and vanadium in its structure. Heteroatoms and 
metals can be normally found in an asphaltene in the form of heterocyclic sulfur and nitrogen 
compounds and porphyrin metal-organic compounds represented in Figure 2.8.  
Nitrogen containing heterocyclic compounds are more stable than sulfur containing 
heterocycles in hydrothermal reactions at supercritical conditions. In addition, molecules that 
contain more than one heteroatom in their structure tend to be more reactive than the ones 
with a single heteroatom (110). 
Highly asphaltenic heavy oil feedstocks containing an important amount of heteroatoms and 
metals represent one of the main processing challenges in the current oil refining processes. 
These feedstocks, cause great problems when processed through traditional methods, 
which opens the possibility to develop research focused in the implementation of emerging 
oil processing technologies such as hydrothermal treating. Hydrothermal processes applying 
near-critical (111) or supercritical water (112) conditions for the removal of heteroatoms and 
metals have been assessed. 
In addition, the inclusion of additives or catalysts in the process with the aim of increasing 
the upgrading capacity and heteroatom/metal removal capability of the process has been 
considered. Compounds of different natures such as olefins and halides (113,114) as well as 
sulfur/nitrogen resistant catalysts (115,116) have been tested with positive results in the 
absence of external hydrogen supply.  Regardless of the promising results and the great 
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potential displayed by the technology further improvement and research in the process is still 
required to convert it into a fully commercially available process.  
 
 
Figure 2.8 Heteroatom (S, N and O) and metals (Ni and V) structures found in asphaltene molecules. 
 
2.3.2.1. Sulfur removal 
Implementation of hydrothermal processes at near-critical and supercritical water conditions 
in heavy oil desulfurization has received little attention despite the great potential of the 
research field. Removal of sulfur from the oil fraction can be achieved in NCW and SCW 
without the need of any added catalyst. It has been reported that hydrolysis and thermolysis 
reactions of sulfur-containing organic compounds occur in NCW, mainly to produce short 
chain hydrocarbons and a gas product mainly composed of CO2, CH4 and H2S (117).  
An extensive study comparing the reactivity of different sulfur-bearing organic molecules 
such as sulfides, disulfides, sulfonic acids, thiophenols, thiophenes as well as alkyl and aryl 
sulfides in hydrothermal and thermal exclusive conditions has been performed by Katritzky 
et al. Their results showed that reactivity of the molecule depended on the nature of the 
model compound studied. As an example, sulfides and disulfides presented higher reactivity 
in thermal conditions over hydrothermal conditions. This led them to the conclusion that 
reaction mechanisms with this type of molecule are mainly free radical based rather than 
ionic based (118). In contrast, reactions performed with mercaptans showed that these 
molecules had a greater reactivity in hydrothermal rather than thermal conditions suggesting 
the opposite behavior (119). Low reactivities were registered in experiments performed with 
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arenethiols, diaryl sulfides and especially with aromatic sulfur compounds, which remained 
unreactive in the tested conditions (120). Heterocyclic sulfur model compounds such as 
thiophenes showed no reactivity in water at near-critical conditions suggesting that the high 
stability of these molecules impedes desulfurization to occur through hydrothermal 
processes in the absence of additives or catalysts (121,122). Similar trends in behavior were 
observed when the severity of reaction conditions was increased to P and T over the critical 
point of water. Experiments with model compounds such as thiophenols, alkyl and aryl 
sulfides showed high degrees of desulfurization while thiophenes were completely 
unreactive (123). 
Current research focuses on the understanding of fundamental concepts of the hydrothermal 
desulfurization in NCW and SCW. Studies on the role that water plays in the process, the 
effect that the presence of an additive or a catalyst has in the reaction and the fundamental 
reaction pathways are of great importance for the development of the technology (124). A 
study on the potential of hydrothermal processes at supercritical conditions to remove sulfur 
from oil feedstocks showed that low degrees of desulfurization can be achieved when the 
process is performed in the absence of a catalyst or an external hydrogen source. Moreover, 
it was concluded that aromatic sulfur is almost unreactive whilst achieving a marginal degree 
of hydrolysis (125). Figure 2.9 presents the findings of a kinetic study that related the 
reactivity of the sulfur-containing organic compounds and its chemical structure when 
reaction took place in SCW  (126). 
 
 
Figure 2.9 Reactivity trend of sulfur organic compounds in SCW adapted from (126). 
 
It has been reported that water in hydrothermal conditions plays the role of reactant in 
hydrolysis reactions, of hydrogen transfer catalyst and also of hydrogen donor during 
desulfurization reactions (127).  
As has been briefly mentioned, one of the options currently being assessed to increase 
sulfur removal in hydrothermal processes is the addition of a catalyst. The implementation of 
a traditional bi-functional hydrotreating catalyst such as CoMo/Al2O3 and NiMo/Al2O3 in a 
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hydrogen enriched SCW reaction medium has proven to effectively remove sulfur from 
organic compounds. In addition, it was observed that in situ generated hydrogen possess a 
greater hydrogenation capacity than the one of externally supplied hydrogen as it produces 
highly reactive intermediate species (128,129). Finally, the use of metal oxides and metal 
sulfides as catalysts was assessed for the desulfurization of heavy oil and heavy oil model 
compound in SCW. A series of catalysts including MoS2, Mo2O3 and ZnO were tested. It was 
concluded that the sole presence of a catalyst resulted in higher degrees of desulfurization 
than in the absence of one. However, analysis of the spent catalysts showed that all 
catalysts tested with the exception of MoS2 were unstable in supercritical water conditions 
and presented major structural changes during the process (89). 
 
2.3.2.2. Nitrogen removal 
Nitrogen removal from oil feedstocks is normally achieved through hydrogenation in the 
presence of traditional hydrotreating catalysts such as metal supported catalysts in its 
sulfidated form. Recently, the use of cataysts such as metal carbides or nitrides have 
increased in popularity (130). As with sulfur-bearing compounds, a potential alternative to 
traditional hydrotreating processes is the hydrothermal upgrading and de-nitrogenation of oil 
in near-critical or supercritical conditions. 
An analogous study to the one previously presented for sulfur bearing compounds, was 
developed by Katritzky et al with nitrogen-containing molecules such as indoles, pyrroles 
and pyridine in water at near-critical conditions. They concluded that at these reaction 
conditions, nitrogen bearing organic compounds are non-reactive based on the negligible 
de-nitrogenation levels achieved. Moreover, they observed that the addition of an acid into 
the system presented no changes for most of the model compounds tested with the 
exception of pyrroles and indoles that showed higher conversions (131,132). In addition, 
they performed a series of experiments in SCW and cyclohexane as reaction mediums in 
order to compare the performance of hydrothermal and thermal processes. Similar reactivity 
was observed in both processes, which suggests that in SCW the reaction mechanism is 
mainly radical based. In addition, it indicates that SCW is not reactive enough to remove 
nitrogen from the structure of the organic compound without the inclusion of externally 
supplied additives into the system (133,134).  
In order to enhance denitrogenation in the system, hydrogen addition through in-situ 
generation in SCW has been extensively studied by Yuan et al (135). They observed that 
high degrees of nitrogen removal were achieved through a two-step process based on the 
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partial oxidation of the organic compound followed by WGSR in the presence of a traditional 
hydrotreating catalyst (135). Process conditions exert an important influence in the overall 
de-nitrogenation capacity of processes based on partial oxidation reactions in hydrothermal 
conditions. It was reported that the effect of temperature and the initial oxygen loading have 
a high impact compared to pressure in the performance of the process at supercritical 
conditions. In addition, kinetic studies by Pinto et al on the partial oxidation of quinoline as 
model compound have shown that the process follows a pseudo first order of reaction for the 
organic substrate and showed to be dependent in the concentration of oxygen to some 
extent while water present in great excess did not have an influence in the observed rate of 
reaction  (136,137).  
Quinoline and isoquinoline have been also used in a study to assess the effect that the 
addition of an acid catalyst (ZnCl2) has in the hydrothermal de-nitrogenation process. 
Results of this study show that the presence of the catalyst increased the conversion of the 
nitrogen-bearing model compounds and also had a positive effect on the level of de-
nitrogenation achieved. A kinetic analysis was also developed showing that the reaction rate 
follows a pseudo-first order of reaction for the organic compounds and also for the catalyst 
(138,139). 
 
2.3.2.3. Metal removal 
Similarly, traditional hydrotreating processes are regarded as the most popular de-
metallization process for the upgrading of heavy oil feedstocks. Hydrodemetallization 
requires the addition of a traditional hydrotreating catalyst such as FeMo/Al2O3 or 
CoMo/Al2O3, which are susceptible to poising and de-activation. The process is limited by 
factors in the feedstock such as asphaltene content, large molecular size and high contents 
of metals and heteroatoms as well as by the morphological characteristics of the catalyst like 
surface area, pore diameter and pellet size (140,141).  
Alternatively, hydrothermal processes in NCW and SCW represent a promising 
complementary or substitute technology for upgrading and metal removal from heavy oil 
feedstocks. The use of nickel and vanadium metalloporphyrins as model compounds 
showed that high degrees of demetallization as well as high conversions can be achieved in 
water at supercritical conditions (91,92,142). Moreover, it was also stated that vanadium 
porphyrins are more stable than nickel porphyrins in SCW. This shows that the chemical 
structure of the molecule also influences the degree of de-metallization achieved as shown 
in Figure 2.10.  In addition, the authors concluded that conversion and metal removal in 
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SCW is strongly linked to the reaction temperature and time. A two-step reaction mechanism 
for the de-metallization of metalloporphyrins in SCW involving hydrogenation and 
hydrogenolysis reactions was proposed. It is also reported that the process is best described 
by an overall pseudo first order of reaction (91,92,142). 
 
 
Figure 2.10 Reactivity of metaloporphyrins in SCW depending on metal and structure adapted from 
(91,92,142). 
 
2.4. CATALYSIS IN SUPERCRITICAL WATER 
Catalytic hydrothermal processes in NCW and SCW have been extensively used in chemical 
synthesis, waste destruction, generation of renewable fuels, synthesis of materials and 
biomass conversion (143). Therefore, finding a suitable catalyst capable of enhancing the 
main reactions such as hydrolysis, partial and total oxidation and WGSR in hydrothermal 
systems is of great importance. The main challenge behind the implementation of catalytic 
processes at hydrothermal conditions lies in the development of a material that can provide 
catalytic activity and show sufficient stability to withstand the harsh conditions of the reaction 
medium (144).  
The use of transitional metals like ruthenium and iron in solution as catalysts for the 
hydrothermal upgrading of heavy oils improves considerably the properties of the oil 
produced. The addition of the catalysts resulted in an important reduction in viscosity and 
also in a decrease in the average molecular weight of the asphaltene fraction. However, 
contrasting results were observed regarding the formation of insoluble materials with the 
choice of metal. In the presence of iron, the amount of insoluble material obtained was 
greatly reduced while the opposite effect was observed with ruthenium that increased the 
production of insoluble material. The authors related this phenomenon with the capacity of 
ruthenium to cleave C-S bonds, which promotes recombination reactions between the 
different reaction fragments increasing the formation of high molecular weight insoluble 
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material (145). Moreover, a similar study showed that the use of metallic catalyst precursors 
in solution in a SCW-syngas reaction medium promoted the in-situ formation of hydrogen 
through WGSR.  The hydrogen produced aids in the upgrading of heavy oil feedstocks 
improving the performance of the process through the reduction of asphaltene contents and 
prevention of coke formation if compared to the efficiency shown in the non-catalytic process 
(146).  
The potential implementation of an iron oxide catalyst supported over zirconium or 
zirconium/alumina for the hydrothermal upgrading of heavy oil process was studied by 
Fumoto et al (147-152). They observed that reactive oxygen species (ROS) are generated in 
great quantities from the interaction between water, catalyst and heavy oil resulting in the 
formation of light oil fractions with low coke yields. In addition, the authors developed a 
kinetic model from where kinetic parameters were determined. They observed that the 
activation energy values obtained were lower than the ones commonly found in traditional 
upgrading processes like hydrocracking (147–152). 
Furthermore, it was reported that the use of metallic waste shavings from zinc and aluminum 
have a positive effect when used in hydrothermal processes to upgrade heavy oil. An 
increase in conversion and in the H/C ratio of the oil produced was observed when these 
metals were added for the upgrading of bitumen fractions (153). The improvement observed 
in the process is mainly attributed to the occurrence of a parallel reaction where H2 is formed 
in-situ from the oxidation of metal shavings into metal oxide nanoparticles (154–156). 
Contrasting results were obtained depending on the metal used. The addition of zinc 
resulted in an increase in the yields to resins and also in an increase in the amount of 
oxygen incorporated into the organic product compared to the non-catalytic process. The 
opposite effect was obtained with the addition of aluminum, which decreased the yield to 
resins and the amount of oxygen incorporated into the product if compared with the process 
in the absence of any metal  (153). 
 
2.5. ANALYTICAL TECHNIQUES 
2.5.1. Size exclusion chromatography 
Size exclusion chromatography (SEC) is an analytical technique composed of a liquid 
chromatographic column that separates molecules in solution according to their molecular 
size. A detailed diagram of a size exclusion chromatography system including its main 
components is shown in Figure 2.11. 




Figure 2.11 Detailed diagram of an SEC system comprised of gas supply (A), solvent reservoir (B), 
HPLC pump (C), injector (D), oven (E), SEC packed column (F), detector (G) and spent solvent 
reservoir (H). 
 
The analyte is introduced into the SEC column by means of a solvent as carrier, which is 
denominated as the mobile phase. The mobile phase is fed into the column with a positive 
displacement pump [C]. The column [F] is composed of a rigid porous material that presents 
a wide pore size distribution. Size separation in the SEC system occurs through a constant 
exchange between solute molecules in the mobile phase and a stagnant liquid contained in 
the pores of the column. The pore size distribution will determine the molecular size range at 
which separation occurs (157).  
SEC operation is based on the absence of interaction between the analyte and the column 
packing. If this condition is met, the analysis depends solely on the ability of molecules to 
penetrate the different size pores that conforms the column packing. Molecules with larger 
size are the first to elute due to their incapacity to penetrate through the porosity of the 
chromatography column. On the contrary, molecules of smaller size are able to penetrate 
the porosity of the packing and travel a longer path that results in longer elution times (158). 
As a result, SEC chromatograms of high molecular weight coal or oil derived molecules 
present a bimodal distribution showing two principal elution fractions. The first peak 
corresponding to the fraction of molecules that were not able to penetrate through the 
column denominated as excluded peak, and the second that appears at longer elution times 
that corresponds to the fraction of molecules that permeated through the column known as 
the retained peak. An important parameter of this technique is the selection of an adequate 
solvent, as the structure dependence and the solubility of the analyte may interfere and 
modify the elution times obtained (159,160). 
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2.5.2. Gas chromatography  
Gas chromatography (GC) enables the analysis of complex mixtures of compounds through 
fractionation. The technique relies on the affinity that each individual component in the 
mixture have with the mobile or the stationary phase, enabling its separation at different 
times throughout the determination. A diagram of the main components of the technique is 
shown in Figure 2.12. 
 
Figure 2.12 Detailed diagram of a GC system comprised of an inert gas inlet “mobile phase” (A), 
sample injector (B), oven (C), chromatography column (D) and a detector (E). 
 
First, the analyte is introduced through the injector [B] where it is vaporized. The vaporized 
compounds are then transported by means of a carrier gas into the column [D] where the 
different compounds in the sample separate. The separation principle is based on the 
velocity at which the different compounds travel across the column due to the level of 
interaction that they experience with the stationary phase. The higher the interaction a 
compound presents, the longer the time it takes for it to pass through the column. Finally, 
after the compound leaves the column, it is conducted into a detector for its identification and 
quantification. For this purpose detectors of different kinds such as flame ionization detector 
(FID), thermal conductivity detector (TCD) or mass spectrometry detector (MS) are 
commonly used with this technique.  
 
2.5.3. CHNS elemental analysis 
Elemental analysis (CHNS) is used to determine the content of carbon, hydrogen, nitrogen 
and sulfur in organic samples. The fundamental principle of operation is based on the 
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their principal combustion products. A detailed scheme of the elemental analysis set-up is 
shown in Figure 2.13.  
The combustion chamber [C] is purged with helium before the sample is introduced. 
Samples are contained inside a tin capsule at the moment they are introduced into the 
analysis chamber. Once the sample has been placed, helium is switched to an oxygen 
enriched gas to facilitate the combustion of the sample. The combustion chamber is 
maintained at a temperature around 1000 °C, which enables the melting of the tin container 
promoting a violent combustion reaction of the sample. During combustion carbon, 
hydrogen, nitrogen and sulfur are turned into CO2, H2O, NOx and SO2 respectively. 
Combustion gases are removed from the chamber and conducted to a reduction stage. In 
this stage, combustion gases pass over a heated high purity copper bed at a temperature of 
around 600 °C. The copper bed is normally located below the combustion chamber and is 
meant to remove any remaining oxygen in the gas stream as well as to convert the NOx into 
nitrogen gas. Then, the gas stream passes through a GC column [E] where the different 











Figure 2.13 CHNS elemental analysis set up consisting on an inert gas (A) and oxygen supply (B), 
combustion chamber (C), sample feed (D), gas chromatography column (E) and a TCD detector (F). 
 
2.5.4. Inductively coupled plasma optical emission spectroscopy 
Inductively Coupled Plasma Optical Emission Spectroscopy (ICP-OES) is used to determine 
the concentration of elements in a sample. The fundamental principle lies on the thermal 
excitation of atoms that drive them into their excited states, followed by the subsequent 
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decay of their energy level through energy emission at a certain wavelength. This emission 
can be measured and is used to determine the concentration of the element being analyzed. 
A detailed diagram of the system is shown in Figure 2.14. 
The sample is normally introduced in the form of an aqueous solution with a pump [B]. Once 
inside the equipment, the solution is turned into an aerosol through a process known as 
nebulization. The aerosol is then transported into the plasma torch [D] where it is vaporized, 
atomized and excited by the plasma. The plasma is maintained by the energy provided by a 
radio frequency generator. 
Finally, the characteristic radiation emitted by the excited atoms is collected in a 
spectrometer [E] that sorts radiation by wavelength emitted and turns it into signals. These 




Figure 2.14 ICP-OES analysis set-up comprised of a sample vessel (A), injection pump (B), nebulizer 
(C), plasma torch (D) and a spectrometer (E). 
 
Chapter 3 
Reaction Set Up  
3. Chapter 3 Reaction Set Up 
The present chapter is dedicated to the design, construction, commissioning and 
improvement of a batch (microbomb reactor) and a flow (oxidative cracking reactor) reaction 
systems. Both systems have been used for experiments on the oxidative cracking in both 
NCW and SCW. A detailed description including process flow diagrams, design 
considerations, rationales behind the choice of material of construction and measures to 
ensure safe operation are extensively discussed throughout the chapter. 
 
3.1. MATERIALS OF CONSTRUCTION 
Apart from the high pressure and temperature at which hydrothermal processes in near-
critical and supercritical water take place, problems related to the design of the reactor such 
as corrosion and salt deposition were observed (64). In order to prevent from salt deposition, 
experiments in this work were carried out with deionized water (DI). However, an adequate 
selection of construction materials was considered crucial to deal with the effect of corrosion 
in the equipment, which becomes more relevant in processes involving oxidation or partial 
oxidation reactions. An evaluation of construction materials commercially available was 
performed. As previously mentioned, certain characteristics of SCWO processes such as 
elevated pressures and temperatures, high dissolved oxygen concentrations and sharp 
density changes increase the possibility of corrosion in the system, which compromises the 
long term operation of the equipment (64,163). Specific properties of the reaction medium 
such as density, ion product and dielectric constant have an important effect in the extent of 
corrosion of the system. These properties play an important role in the dissociation of 
corrosive species as well as in the removal of a metal oxide protective layer that coat the 
metal preventing from further corrosion (164). In addition, the presence of areas in the 
reactor that remain hot but in subcritical conditions was reported. These areas are potentially 
susceptible of corrosion due to a higher dissociation of ionic species (165). Detailed studies 
focused on the assessment of the resistance of different materials of construction to 
corrosion in hydrothermal processes at supercritical conditions have been published. A 
diagram summarizing the main findings of these works is presented in Figure 3.1. It was 
reported that corrosion rates in F/M steel are enhanced by the presence of dissolved oxygen 
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in the medium and that its effect is strongly dependent on the temperature of the process 
(166,167). Moreover, a comparative assessment on the resistance that SS-316 and Ni 
based alloys present to corrosion in hydrothermal oxidative processes in supercritical 
conditions showed that the degree of corrosion obtained in both materials was similar (168). 
However, contrasting results on the weight loss of SS-316 and Ni based alloys after 
exposure to SCW were reported (169,170). 
 
 
Figure 3.1 Materials of construction adapted from (171).  
 
The possibility of corrosion due to salt deposition in reactor sections at subcritical conditions 
was not considered for this work as all experiments were performed with DI water. Moreover, 
reactants used in this project such as pure PAHs and VR are also free from salts and 
species like Cl- that have the potential to cause corrosion in the system. However, the 
presence of dissolved oxygen in the medium was considered for the selection of the material 
of construction. Taking into consideration factors such as reaction medium, nature of 
reactants, material cost and information on the performance of each material in hydrothermal 
conditions in literature, the reaction systems were built with SS-316. Overall, it was reported 
that SS-316, presented a good performance during continuous operation at hydrothermal 
conditions for a period of approximately 100 h at temperatures ranging from 360 to 400 °C 
(165). As an additional precautionary measure to ensure safety of operation, reactor 
components exposed to SCW conditions were replaced on a regular basis to prevent any 
de-alloying from occurring. The reaction section in the microbomb reactor was replaced after 
Chapter 3 Reaction Set Up 
62 
 
a maximum of 6 experiments and in the case of the oxidative cracking flow reactor, the 
reaction section was replaced after 30 h of continuous operation. 
 
3.2. REACTION SET-UPS 
3.2.1. Microbomb batch reactor 
Batch experiments were performed in a microbomb reactor equipped with a gas sampling 
section. The reactor is an adapted version of two previously used reaction systems 
(172,173), designed for experiments with model compounds in near-critical and supercritical 
water conditions. The system was built and designed for operation at a maximum pressure 
of 275 bar and a maximum temperature of 500 °C in the presence of dissolved oxygen in the 
medium. The reactor was built with Swagelok high pressure and high temperature resistant 
SS 316L fittings and tubing. A complete inventory of fittings and tubing lengths that compose 
the system can be consulted in Appendix 11.1.1. Based on the temperature and pressure 
ratings reported by the supplier, operating conditions were set to ensure that an over 
specification of at least 100% was kept. Swagelok type fittings have a design based on the 
overlapping of two ferrules, which provides thermal shock resistance and also compensates 
from rapid expansion-contraction as a result of rapid changes in temperature that may result 
in leaks (174,175). 
 
3.2.1.1. Reactor description 
Figure 3.2 shows a detailed diagram of the microbomb reactor with its main components. 
The reactor is comprised of two main sections: A) a gas recovery section used to collect the 
gas produced for further analysis and B) a reaction section that operates at high temperature 
and pressure in the presence of dissolved oxygen. The gas recovery section has a total 
volume of 6 mL and is composed of two needle valves [a,d], which control the inlet and 
outlet of purging gas. In addition, a ball valve [c] with a septum placed in its outlet enables 
gas sampling for analysis. This section of the reactor is equipped with an Omega digital 
pressure gauge [b] used to record the pressure of the gas produced. The reaction section 
has a total volume of 12 mL and is composed of a bored through 1/2” tee [h] where the 
original sample, H2O, H2O2 solution and catalyst are loaded. The rationale behind the use of 
a bored through tee is its flat surface that facilitates product recovery, reducing greatly the 
experimental error in the procedure. Temperature in the reactor is measured by means of a 
type k thermocouple [g] located in the center of the tee. The reaction section is isolated from 
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the gas sampling section by means of a heavy duty needle valve [e] that withstands high 
pressure and high temperature environments. As an added safety feature, this section is 
connected to a safety release valve [f], calibrated to open at a pressure of 300 bar in the 
case of a sudden increase in the reactor pressure. The reaction section is immersed into a 
fluidized sand-bath that provides the heating as will be further explained. 
 
 
Figure 3.2 Microbomb reactor scheme: a) purge inlet valve, b) gas pressure gauge, c) gas sampler, d) 
purge outlet valve, e) high pressure – high temperature valve, f) pressure relief valve, g) type K 
thermocouple, h) ½” bored though tee. 
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3.2.1.2. Heating source 
Heating is provided to the microbomb reactor by means of a TECHNE 2BL-2D sand-bath. 
The sand-bath is composed of an internal SS vessel with a depth of 35 cm and an internal 
diameter of 22.8 cm. The vessel is thermally insulated with fiberglass for safety reasons and 
to avoid heat loss. Heating is provided by four 1 kW electric elements located near the 
bottom of the vessel. The inner vessel is filled with an initial heat transfer medium loading of 
approximately 30 kg. The heat transfer medium is composed of aluminum oxide particles 
“alundum” fluidized by a stream of pressurized air at approximately 0.1 bar. Pressurized air 
is fed through a porous plate distributor located at the bottom of the vessel. At complete 
fluidization conditions, a uniform temperature profile and good heat transfer are achieved. 
The sand-bath has a heat up time of approximately 105 min to reach from 20 °C to 600 °C. 
Heating control as well as the monitoring of temperature in the sand-bath was performed 
from a custom made control box. 
3.2.1.3. Safety cabinet, shaking mechanism and fast release system 
In order to ensure safe operation with the microbomb reactor, an existing SS cabinet was 
upgraded and refurbished. The safety cabinet shown in Figure 3.3 is composed of two 
sections: A) the top section where the reactor is guarded and B) the bottom section where 
the sand-bath controls and air supply are guarded.   
Both sections are separated by a 3 mm SS sheet, welded to the cabinet structure, with a 
hole where the sand-bath is located as shown in Figure 3.3. An aluminum skirt is fitted into 
the hole to align the inner vessel of the sand-bath and the SS sheet isolating both sections 
of the cabinet. The top section has two doors with vision panels made out of 6 mm perspex 
acrylic to enable visual control of the reactor throughout the experiments. The cabinet is 
equipped with an air extraction system provided by an in-line Vent Axia ACM100 mixed flow 
fan with an extraction capacity of 220 m3/h. 
A shaking mechanism detailed in Figure 3.3 was designed to attach the reactor and provide 
homogeneity to the system through mechanical shaking. The structure of the mechanism is 
built with two ½” SS rods, each of them attached to two aluminum blocks with a space for 
the rod to slide. The space on each block is covered with nylon 66 modified with MoS2 that 
provides low friction and self-lubrication. The rods go across the right wall of the cabinet and 
are attached to a SS structure that join them with a Parvalux 95 W motor that gives 
movement to the structure. Moving parts and SS sections are covered by rubber elements to 
protect the structure avoiding contact with the alundum, which prevents corrosion. The 
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shaking mechanism frequency is controlled from the same custom made control box 
mentioned in Section 3.2.1.2. 
 
 
Figure 3.3 Microbomb reactor safety cabinet and shaking mechanism. 
 
The most critical moments for the safety of the microbomb reactor operator are the insertion 
and removal of the system to and from the heating source. In previous designs, the reactor 
was attached to an aluminum base plate by means of G type clamps, which required long 
exposure times from the operator while the system was secured in place. This system was 
replaced by a fast release mechanism detailed in Figure 3.4. It consists of two parts: 1) a 
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plate where the reactor is located. The base plate has the shape of an inverted C that leaves 
space for the reactor to be positioned and matches the geometry of the assembly plate. It is 
also equipped with a lock made of a piece of aluminum that slides over the assembly plate to 
secure the reactor in position. The assembly plate is made of aluminum and holds the 
reactor in two positions, where the high pressure and high temperature valve is located and 
on the tube leading to the pressure gauge by means of a clamp. The average time to attach 
or detach the reactor from the fast release mechanism is 10 s, which greatly reduces the 
exposure time decreasing the risks of operation. 
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3.2.2. Oxidative cracking reactor 
A continuous flow reactor to perform oxidative cracking of heavy oil model compounds in 
SCW was designed and commissioned. The system was designed in order to enable the 
study of oxidative cracking processes at short residence times (early reaction stages) 
between 10 and 60 s. The system has the capacity to operate at pressures up to 275 bar 
and temperatures of 500 °C. Following the same criteria as during the design of the batch 
reactor, the materials of construction were selected in order to have an over specification of 
100% at all operating conditions. Reactor components were chosen according to 
specifications on pressure and temperature ratings from the supplier. The whole system was 
built with Swagelok high pressure and high temperature resistant SS 316L fittings and 
tubing. A complete list of the reactor components can be consulted in Appendix 11.1.2. As 
previously mentioned, the sections of the system that are exposed to SCW conditions, were 
designed in a way they can be replaced for brand new fittings after 30 h operation to prevent 
any failure in the structure. These precautionary measures are aimed to ensure the safe 
operation of the equipment and increase operation efficiency as mentioned in Section 3.1.  
3.2.2.1. Reactor description 
The oxidative cracking reactor described in Figure 3.5, is composed of three sections: A) 
reactant feed section, B) reaction section and C) product recovery section.  
The reactant feed section is subdivided into two subsections, an organic feed and a H2O 
with H2O2 solution feed. The organic solution is fed to the system with a Varian LC Star 9002 
HPLC pump capable of delivering a volumetric flow between 0.1 and 10 mL/min at a 
maximum pressure of 400 bar. The organic feed section has two manual purges used to 
remove any air trapped in the system prior to operation. In addition, it also has a safety 
pressure relief valve calibrated to open in case the system reaches a pressure of 275 bar or 
over. H2O and H2O2 solution are fed into the system by means of a Varian LC Star 9010 
HPLC pump with capacity to deliver a solution at a volumetric flow between 0.5 and 5 
mL/min and pressures up to 400 bar. Similar to the organic feed, the water and peroxide 
solution feed section has a manual purge to remove air trapped in the system and a safety 
relief valve calibrated to open in case the system reaches a pressure of 275 bar or over.  
The reaction section operates at supercritical conditions and is subdivided into three main 
sections, the peroxide decomposition section (D), the mixing section (M) and the 
supercritical water partial oxidation section (R) as shown in Figure 3.5. The system is 
designed in a way that the oxygen required is supplied in the form of aqueous H2O2 solution, 
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which fully decomposes in D prior to mixing with the organic feed stream. D is built of 1/8” 
SS tube with a 0.028” wall thickness bent to form a coil of 20 cm diameter. 
 
 
Figure 3.5 Oxidative cracking reactor process flow diagram: A) reactant feed section, B) reaction 
section and C) product recovery section. 
 
The mixer (M) consists of a SS 1/4” bored through tee piece coupled with two 1/4” to 1/8” 
reducers that connect the mixer to the organic feed and to the outlet of D. The tee is oriented 
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one of the side connections as shown in Figure 3.6. The mixer operates at the same process 
conditions than D and R, which aids in the mixing of reactants as SCW is a good solvent for 
gases and organic compounds. The use of a bored through tee as main body of the mixer as 
well as the orientation of the fitting, aid to the mixing process preventing the accumulation of 




Figure 3.6 Oxidative cracking reactor mixing section. 
 
After mixing, the reactants are fed into the partial oxidation reactor (R). R that is built of 1/4” 
SS tube with a 0.065” wall thickness bent to form a coil of 8 cm diameter. Heating into the 
reaction section is provided by means of a TECHNE 2BL-2D sand-bath described in section 
3.2.1.2. Similarly as in the microbomb reactor, temperature in the system is controlled from a 
custom made control box with capacity to register temperature in five different sections of 
the reactor (organic feed, H2O2 solution feed, R, product recovery section and sand-bath 
temperature). The product stream that leaves the reactor is directed to a heat exchanger 
where it is cooled down to room temperature in order to fully stop the reaction. The heat 
exchanger consists of two concentric straight tube sections with a water flow as heat transfer 
fluid between them. The inner tube is composed of a 1/4” SS tube where the products of 
reaction flow.  The outer shell is made of 1/2” SS tube closed at each side by a 1/4" to 1/2” 
SS bored though reducers. Cold water flows inside the shell co-currently to the direction of 
the reaction products.  
The product stream continues to flow into the filters located in the product recovery section 
as shown in Figure 3.5. The system operate alternately with two tee type 7 m filters, which 
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enables two different experiments to be carried out in a day. In addition it serves as an 
additional safety feature in case of a sudden increase in pressure due to blockage in one of 
the filters. Coke formed during reaction is retained in the filters and recovered after the 
system has been de-pressurized. After filtration the solid-free product stream flows through a 
back pressure regulator where pressure is reduced to ambient conditions. Then, the organic 
soluble, aqueous soluble and gas products are directed into the product recovery section. 
The product stream flows through a 3 way valve into a 1/4" SS tube that extends 
concentrically through a bored through tee piece that connects the system with the vessels. 
Reaction products flow into a continuous operation vessel (c) or a sampling vessel (b) as 
shown in Figure 3.7. The continuous operation vessel has a volume of 150 mL while the 
sampling vessel 50 mL.  
 
 
Figure 3.7 Oxidative cracking reactor product recovery section: a) three way valve, b) sampling 
vessel, c) continuous operation vessel, d) gas sampling point and e) organic and aqueous products 
sample recovery. 
Gas to VentGas Sample
Organic Soluble + Aqueous 
Soluble  Sample
Organic Soluble +      
Aqueous Soluble  
Organic Soluble + Gas +     
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Products collected in the continuous operation vessel are treated as waste and disposed, 
while the products collected in the sampling vessel are recovered for further analysis. Once 
in the sampling vessel, reaction products separate into organic, aqueous and gas phases. 
The organic soluble and aqueous soluble products settle at the bottom of the vessel where 
they can be recovered for analysis. Gas products flow through the space between the 1/4” 
tube and the bored through tee into the gas sampling point. The flow of gas is measured with 
an Agilent ADM 1000 flow meter and the sample is collected in a tedlar gas-bag for further 
analysis. 
 
3.2.2.2. Oxidative cracking reactor design 
As described in Section 3.2.2.1, once the organic and the H2O with O2 flows blend in the 
mixing section, they are directed straight into the partial oxidation reactor (R). The high 
solubility shown by organic compounds and the complete miscibility O2 has in SCW enable a 
highly homogeneous and well dispersed solution at the inlet of R. The reactor was built in 
the shape of a coil of 8 cm diameter using 1/4” SS tube with a wall thickness of 0.065”. 
Design considerations and calculations are explained in great detail in this section. 
The total volume of the reactor is defined by the length of the coil, which in turn is 
determined by the residence time required as well as by the process conditions. In this 
project, experiments were performed within a range of operating conditions specified in 
Table 3.1. 
Table 3.1 Oxidative cracking reactor operating conditions. 
Parameter  Range 
Temperature (°C) 380 - 450 
Pressure (bar) 230 - 275 
O/Ostoich ratio 0 - 0.2 
Water/Organic ratio 15 
Residence time (s) 10 - 60 
 
 
The design strategy is graphically detailed in the process flow diagram shown in Figure 3.8. 
The starting point for calculation is the determination of the desired operating conditions in R 
and the selection of an initial reactor length estimate. 
Once the operating conditions were specified, a fixed amount of 1 g of H2O was taken as 
base of calculation to determine the mass fraction of each compound (organic compound, 
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H2O and O2) at the inlet of R. With these data, it was possible to calculate a density () value 




Figure 3.8 Oxidative cracking reactor design calculations flow chart. 
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The total volume of the reactor (VR) was calculated with the fixed reactor length (lt) and the 
SS 1/4” tube cross sectional area of flow (A) using Equation 3.1. 
 
                                                 𝑉𝑅 = 𝑙𝑡 ∗ 𝐴                                            (3.1) 
 
Once the volume of the reactor was determined, the volumetric flow rate (q) was calculated 
based on the desired residence time () using Equation 3.2.  
 
                                                      𝑞 =
𝑉𝑅
𝜏
                                                      (3.2) 
 
Both, the volumetric flow rate and the fluid density are then used to calculate the mass flow 
(m) at the inlet of R from Equation 3.3.   
 
                                                   𝑚 = 𝛿 ∗ 𝑞                                                   (3.3) 
 
The individual mass flow of each component was calculated with the total mass flow and the 
mass fraction previously determined.  Once the individual mass flows were obtained they 
were divided into organic flow (morg) and H2O + O2 flow (mH2O+O2) fed into the mixing section 
in Figure 3.6. Once mH2O+O2 was determined, the flow of H2O2 solution at the inlet of D was 
calculated considering a complete conversion of H2O2 in D. Hydrogen peroxide is 
decomposed as shown in the following reaction. 
 
2 H2O2    →   O2   +   2 H2O 
 
The O2/H2O2 molar relation and the molecular weight of the reactants were considered in 
Equation 3.4 to calculate the mass flow of H2O2 (mH2O2) at the inlet of D from the known 
mass flow of oxygen (mO2) at the outlet of D.   
 
                                           𝑚𝐻2𝑂2 = 2.125 ∗ 𝑚𝑂2                                             (3.4) 
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In addition, the mass flow of H2O at the outlet of D (mH2Otot) is composed of the H2O formed 
from the decomposition of H2O2 and the H2O originally being fed into D (mH2O). Similarly, the 
mass flow of water fed into D was calculated by difference from the one leaving D and the 
one produced from the decomposition of H2O2. The H2O/H2O2 molar relation in the reaction 
and the molecular weights were considered to calculate the mass flow of water fed using 
Equation 3.5. 
                                          𝑚𝐻2𝑂 = 𝑚𝐻2𝑂𝑡𝑜𝑡 − 0.47𝑚𝐻2𝑂2                             (3.5) 
 
Once both mass flows were determined, the volumetric flow of the HPLC pump at room 
temperature was determined. Furthermore, the volumetric flow of organic solution was 
calculated from morg and the density of the compound at room temperature.  
Finally, the volumetric flows determined for pump 1 and pump 2, as denominated in Figure 
3.8, were compared with the flow capacity of the HPLC pumps to confirm whether they were 
within operational range, or if process parameters had to be modified to fit the equipment’s 
capacity. Once the calculations were made and the operating parameters were within the 
equipment’s capacity, two coils (specifications in Table 3.2) were built in order to enable 
operation at all conditions required in this work. 
Table 3.2 Supercritical water partial oxidation reactor (R) specifications. 
 
Reactor Specifications 
Reactor length (cm) 150 200 
Tube External/Internal Diameter (in) 0.25 / 0.12 0.25 / 0.12 
Reactor volume (mL) 11 15 
 
3.2.2.3. Hydrogen peroxide decomposition reactor design 
As has been briefly mentioned in Section 3.2.2.1, the H2O2 decomposition reactor (D) was 
designed and built in the shape of a coil of 20 cm diameter made out of SS 1/8” tube with a 
wall thickness of 0.028”. D is divided in two lengths of tube, the first to preheat the fluid to 
SCW conditions and the second to provide the necessary residence time to fully decompose 
H2O2 into H2O and O2 at the reaction. Design considerations and calculation procedures are 
explained in great detail in the following sections. 
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3.2.2.3.1. Design of preheating section 
For design purposes, it is considered as preheater the length of tube required to increase the 
temperature of the fluid to 380 °C slightly above the critical temperature of water. Moreover, 
H2O2 decomposition has been reported to be low at this temperature interval, reason why it 
was assumed that any potential decomposition of H2O2 in the preheating section was 
negligible (176).   
The change in reaction conditions from sub-critical to supercritical results in great variations 
in the physicochemical properties of the reaction medium such as density, viscosity, heat 
capacity and conductivity. These changes were taken into account during the calculation of 
the heating time and the length of preheater required. Additional process parameters such 
as temperature of the heat source, external heat transfer coefficient, volumetric flow, and 
tube diameter have an impact in the length of preheater required. A model developed by 
Azadi et al was used to calculate the heating time required for the solution to reach 
supercritical water conditions (177).  This was then used to estimate the length of tube 
required to reach the required operating temperature. The validity of the model is limited to 
certain range of operating parameters shown in Table 3.3.  
Table 3.3  Operating parameters of the model to predict heating time constants for SCW flow 
reactors, adapted from (177) 
Parameter   Range 
Volumetric flow (mL/min) 0.5 - 10   
Tube external diameter (mm) 3 - 13 
External heat transfer Coefficient (W/m
2
K) 10 - ∞ 
Heating medium temperature (K) 673 - 873 
 
The first step of calculation was the determination of the heating time constant, which is 
defined as the time required to achieve 63% of the operation temperature required. This 
calculation was done using Equation 3.6 (177) where H is the heating time constant (s), dt is 
the internal diameter of the tube (mm), qp is the volumetric flow rate in the pump (mL/min) 
and hout is the external heat transfer coefficient (W/m
2K). 
 







                            (3.6) 
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Following Azadi’s procedure, the heating time constant obtained was used to calculate the 
time required for the reactants to reach the desired operating temperature. For this purpose, 
Equation 3.7 (177) was implemented where Ɵ stands for heating time (s), Text for 
temperature of the heating source (K), T0 for the initial temperature (K) and T for the target 
temperature (K). 
 
                                                         𝜃 = 𝐻 ln [
𝑇𝑒𝑥𝑡−𝑇0
𝑇𝑒𝑥𝑡−𝑇
]                                                  (3.7) 
 
Once the heating time was calculated the required length of tube for the pre-heating section 
was determined. It was taken into account that changes in process conditions affect greatly 
the density of the feed, which is directly linked with the volumetric flow rate. In addition, the 
mass flow of the feed was pre-established by the requirements of R (temperature, O/Ostoich 
ratio, H2O/organic ratio and residence time). Therefore, the length of the pre-heater was 
designed in order to ensure that the H2O2 solution being fed reached the required operating 
temperature at all conditions studied. This section operates with a HPLC pump with the 
capacity to deliver H2O2 solution in a range of volumetric flows between 0.5 and 5 mL at 
room temperature. This was used as base of calculation to determine the required volume of 
preheater. The mass flow of solution for a fixed volumetric flow of H2O2 solution was 
obtained using Equation 3.8, where m stands for mass flow (g/min), q for volumetric flow rate 
(mL/min) and  for density (g/mL). It is worth highlighting that the mass flow was determined 
from the volumetric flow at room temperature set on the HPLC pump. 
 
                                                          𝑚 = 𝑞 ∗ 𝛿                                                    (3.8) 
 
As briefly mentioned, changes in temperature have an important impact in the density of the 
fluid and hence in the volumetric flow rate obtained. In order to account for these changes, 
the volume of the preheater was divided into three temperature regions (25-250 °C, 250-340 
°C, 340-380 °C) where density changes are linear and an average fluid density can be 
obtained from Aspen Hysis. A volumetric flow rate was then calculated with the mass flow 
previously calculated with Equation 3.8 and the average density at each temperature region. 
Likewise, a heating time for each temperature region was determined using Equation 3.7. 
Finally, the required tube volume to increase the temperature from the initial temperature to 
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the final temperature within each region was calculated with Equation 3.9 where V stands for 
volume (mL). 
 
                                                                𝑉 = 𝜃 ∗ 𝑞                                                         (3.9) 
 
Then the length of tube required in each temperature was obtained with the volume 
previously determined and the cross sectional area of flow with Equation 3.10. 
 
                                                                   𝑙𝑡 =
𝑉
𝐴
                                                           (3.10) 
 
After calculating the required length of tube for each individual temperature region, all 
lengths were added in order to obtain the total length of preheater required. It was 
determined that at the highest volumetric flow rate of 5 mL/min (pump at ambient 
temperature), the length of preheater required to reach SCW temperatures over 380 °C is 18 
cm, which was taken as the design length when the peroxide decomposition reactor was 
built. 
 
3.2.2.3.2. Design of hydrogen peroxide decomposition section 
As previously mentioned, it has been reported that the rate of H2O2 decomposition is slow at 
temperatures below the supercritical (176). According to this assumption and for design 
purposes, negligible H2O2 decomposition was considered during the preheating stage. 
Therefore, the concentration of H2O2 leaving the HPLC pump was used as the initial H2O2 
concentration for the calculations to design the peroxide decomposition section.  
The kinetics of H2O2 decomposition are assumed to follow first order of reaction (176). 
Kinetic parameters (activation energy and pre-exponential factor) for the decomposition of 
H2O2 in SCW conditions are shown in Table 3.4. 
Table 3.4 Kinetic parameters for the decomposition of H2O2 in SCW, adapted from (176). 
Parameter Value 
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Similarly as in the case of the preheater, the H2O2 decomposition section was designed to 
operate at temperatures above 380 °C and volumetric flows of H2O2 solution between 0.5 
and 5 mL/min at room temperature. First, the volumetric flow at different operating conditions 
was calculated from the mass flow that remains the same as the one used to calculate the 
preheater. The density of the fluid was also considered to remain constant as the process is 
isothermal (reaction starts once reaction temperature is achieved) and variations in the 
composition can be assumed to cause negligible changes in the fluid properties.  
The kinetic constant for the temperatures considered (380, 400, 425 and 450 °C) was 
determined using Equation 3.11, where k stands for the kinetic constant (s-1), Ã for the pre-
exponential factor (s-1), Ea for activation energy (kJ/mol), R for the universal gas constant 
(kJ/molK) and T is the reaction temperature (K). 
 
                                                               𝑘 = Ã𝑒
−𝐸𝑎
𝑅∗𝑇                                                        (3.11) 
 
Residence time in the H2O2 decomposition reactor was calculated with Equation 3.9 for 
different reaction volumes at all temperatures studied. Once the residence time and the 
kinetic constants for different temperatures were obtained, the concentration of H2O2 at the 
outlet of D was determined from Equation 3.12 where Cf stands for outlet concentration 
(mol/L), C0 for initial concentration (mol/L) and  for residence time (s). 
 
                                                               𝐶𝑓 =
𝐶0
𝑒(𝑘∗𝜏)
                                                        (3.12) 
 
Finally, the conversion of H2O2 was calculated using Equation 3.13. 
 
                                                               𝑋 =
𝐶0−𝐶𝑓
𝐶0
                                                        (3.13) 
It was determined that the length of reactor required to ensure conversions over 90% at all 
operating temperatures was 300 cm, which was taken as the design length during the 
construction of the reactor. 
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3.2.2.3.3. Hydrogen peroxide decomposition experimental test 
In order to confirm the theoretical calculations made during the design of the H2O2 
decomposition reactor presented in Section 3.2.2.3.2, an experimental determination of the 
extent of H2O2 decomposition in the reactor was performed. Samples from the outlet of the 
reactor were analyzed through UV-VIS Spectrophotometry using a Ti(SO4)2/H2SO4 solution. 
The chemical principle behind this technique is based on the chemical reaction between 
H2O2 in the sample with the titanium sulfate acid solution. These compounds react to 
produce a yellow color solution, which varies in intensity depending on the concentration of 
peroxide in the original sample. The intensity of the color can be quantified in a UV-VIS 
spectrophotometer and correlated to the concentration of H2O2 in the original sample. The 
experimental methodology and sample preparation procedure were adapted from literature 
(178–180) and are briefly described in the following paragraphs. 
In order to prepare the Ti(SO4)2/H2SO4 solution, 82.8 g of Titanium (IV) sulfate solution were 
measured and added to a 500 mL volumetric flask. Then, 99.5 g of sulfuric acid 95% were 
added. Finally DI water was used to fill the flask to a set volume of 500 mL. 
The concentration of H2O2 in the sample was determined in an Agilent UV-VIS 
Spectrophotometer using a set wavelength of 410 nm. A volume of 5 mL of Ti(SO4)2/H2SO4 
solution was placed in a quartz cell and 50 μL of peroxide sample were added to the 
solution. The sample was shaken vigorously in order to achieve homogeneity before the 
determination. A calibration curve, shown in Equation 3.14, was built by determining the 
absorbance value of known concentration H2O2 standards that can be consulted in Appendix 
11.1.3. 
 
                               𝐶𝐻2𝑂2 = 0.4233 ∗ [𝐴𝑏𝑠𝑜𝑟𝑏𝑎𝑛𝑐𝑒]                                    (3.14) 
 
A purposely built reaction set-up was used to perform the H2O2 decomposition tests. The 
system consists of a 300 cm coil built from 1/8” SS tube with a 0.028” wall thickness as 
shown in Figure 3.9. H2O2 solution is fed into the coil at 230 bar by means of a Varian LC 
Star 9010 pump, with the same specifications as the one used in the oxidative cracking 
reaction set-up. The end of the coil passes through a concentric tube heat exchanger that 
uses chilled water as coolant to decrease the temperature in order to fully stop the reaction. 
After the heat exchanger, the product flows through a back pressure regulator that 
decreases the pressure into atmospheric pressure. Samples can be taken once the fluid has 
been depressurized.  





Figure 3.9 H2O2 decomposition tests, reaction set-up. 
 
H2O2 decomposition experiments were initially performed at 380 °C and 230 bar varying the 
concentration of H2O2 in the feed (5, 10 and 15 %) as well as the volumetric flow in the pump 
(2, 5 mL/min). Samples of the outlet of the reactor were taken for analysis in the UV-VIS 
spectrophotometer. A total of three samples at each experimental condition were taken and 
measured five times each. The average values obtained are reported in Table 3.5. 
Table 3.5 Hydrogen peroxide concentration in % w/v detected after reaction at 380 °C and 230 bar at 
different pump volumetric flow rates. 
 
 
Based on the high sensitivity of the analytical technique and the final concentrations of H2O2 
reported in Table 3.5, it was concluded that H2O2 was completely decomposed at all 
experimental conditions studied. Furthermore, taking into consideration that 380 °C is the 
lowest operating temperature studied, the determination of H2O2 decomposition at 400, 425 
and 450 °C is considered unnecessary as the decomposition is expected to proceed at 
higher reaction rates with any increment in temperature, which would result in higher 









D H2O2 Solution Feed
Product Outlet
Cooling Water
H2O2 Initial Concentration 
(%w/v) 
H2O2 Final Concentration (%w/v) 
Flow 2 (ml/min) Flow 5 (ml/min) 
H2O2 5% 0.05% 0.06% 
H2O2 10% 0.00% 0.00% 
H2O2 15% 0.00% 0.00% 
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3.2.2.4. Safety cabinet and lifting mechanism 
In order to ensure safe operation with the oxidative cracking reactor, a safety cabinet to 
enclose high pressure and high temperature sections of the reactor was designed and built 
according to the specifications in Figure 3.10. The cabinet consists of two main sections, the 
top section where the reactor was assembled and the bottom section that gives access to 
the sand-bath controls and waste disposal drums.  
 
 
Figure 3.10 Oxidative cracking reactor safety cabinet and lifting mechanism. 
 
The two sections are separated by a SS sheet cover with a 40 cm hole located in the middle 
of the cabinet. The hole is aligned with the sand-bath cover by means of an aluminum skirt, 
which isolates both sections of the cabinet as shown in Figure 3.10. The top section is fitted 
with two doors built out of 6 mm perspex acrylic vision panels that enable visual control of 
the reactor and are resistant to impact. The left door is suited with a window that provides 
access exclusively to the non-pressurized section of the reactor and enables the operator to 
take samples safely while the system is pressurized. Extraction in the top section of the 
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cabinet is provided by a Vent Axia ACM100 in-line mixed flow fan with an air extraction 
capacity of 220 m3/h. 
A mechanism to lift or immerse the reactor to and from the sand-bath was commissioned. 
The lifting mechanism consists of two guide columns made out of 1” SS tube where a 4 mm 
SS steel panel (105 cm x 80 cm) is attached by means of 4 nylon 66 holding structures as 
shown in Figure 3.10. The nylon 66 modified with MoS2 provides low friction and self-
lubrication to the structure, which enables it to slide up and down the columns without 
friction. The SS panel is attached to a lead screw, which rotates on its own axis by means of 
a Parvalux 150 W motor (M) shown in Figure 3.10. The lead screw provides the panel with 
vertical movement that enables the reaction section to be immersed or emerged from the 
sand-bath. The motor is connected to a level switch and to a door switch, which stops the 
engine when the panel reaches the preset height or cabinet doors are not completely closed 





In this work experiments to study the hydrothermal oxidative cracking of heavy oil in near-
critical and supercritical conditions were performed. In order to gain a deep understanding of 
the process, both PAH’s as heavy oil model compounds and Maya oil VR as real feedstock 
were used. As described in Chapter 3, two reaction set-ups, a microbomb batch reactor and 
an oxidative cracking flow reactor, were designed, modified and built. An overview of the 
operation procedures designed for each reaction set-up and the product recovery 
procedures employed for each particular feedstock is provided in Section 4.1. A series of 
experiments in order to test the effect of the addition of a zeolite based catalyst to the 
oxidative cracking of VR was also considered. The catalyst synthesis procedure and the 
analytical techniques used to characterize it are explained in Section 4.2 
 
4.1. OXIDATIVE CRACKING EXPERIMENTS 
4.1.1. Batch experiments in the microbomb reactor 
A microbomb reactor described in Section 3.2.1 was used in experiments to determine the 
effect of process conditions such as pressure, temperature, O/Ostoich ratio, reaction time and 
catalyst addition in the process. For this purpose, Sigma-Aldrich phenanthrene 98% w/w as 
heavy oil model compound and Maya oil VR as heavy oil real feedstock were used. In 
addition, VWR H2O2 solution 30% w/v as oxygen source and deionized water were used. 
The helium used as inert gas to purge and leak test the system was supplied by BOC. 
 
4.1.1.1. Microbomb operating conditions 
Microbomb reaction set-ups have been previously used in hydrothermal oxidative processes 
with heavy oil model compounds in near-critical and supercritical conditions (172,173). At 
these conditions, the reactor structure is susceptible of damage due to the highly corrosive 
environment and stress of operation. After several experiments some degree of de-alloying 
and damage to the structure caused by corrosion were observed. In addition, the constant 
tightening and untightening of fittings during the loading and product recovery procedures, 
Chapter 4 Experimental 
84 
 
damage the fittings threads making them prone to failure and leakage. Drastic changes in 
temperature during immersion in the sand-bath and quenching in cold water also contribute 
to the quick degradation of the reactor components. In order to prevent a potential failure 
during operation, it was established that the reaction section exposed to the highly corrosive 
reaction environment and subject to constant stress had to be replaced for new fittings every 
six experiments where not considerable damage to the threads or reactor walls has yet been 
observed. 
 
4.1.1.1.1. Reaction temperature 
Experiments at different reaction temperatures between 360 °C and 450 °C were performed 
in order to study the process at near-critical and supercritical water conditions. Reaction 
temperature was controlled from a custom made control box and heating was provided by a 
fluidized bed sand-bath as detailed in Section 3.2.1.2. This heating medium provides with 
homogeneous heating of the system, which prevents the formation of hot spots or colder 
sections in the reactor.  
The system can operate at temperatures up to 500 °C and can fluctuate within a range of +/- 
3 °C. A temperature gradient of 5 °C between the sand-bath and the reactor was 
determined. This was considered when selecting the temperature controller set point in order 
to ensure that reaction temperature was reached. It should be noted that after the reactor is 
immersed in the sand-bath, there is a period between 3 and 3.5 min (heating time) until 
reaction temperature is reached. This was experimentally determined at all conditions 
studied and a temperature versus heating time curve was built as shown in Appendix 11.1.4. 
 
4.1.1.1.2. Reaction time 
Different reaction times ranging from 0 to 90 min were studied in experiments with 
phenanthrene and VR. The aim was to study the evolution of products with time and 
determine potential reaction pathways. Time zero is defined as the moment when the 
reaction system reaches a temperature within 5 °C from the set reaction temperature. At this 
moment, reaction time in every experiment started counting. The reaction time was stopped 
at the moment that the reactor was quenched in a cool water-bath when the reaction 
stopped. 
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4.1.1.1.3. Reaction pressure 
Pressure in the microbomb reactor is determined by the amount of water initially loaded into 
the system. As mentioned in Section 3.2.1.1, the reaction section has a fixed volume of 12 
mL. Therefore, pressure in the system increases with temperature until it reaches the 
desired pressure at the pre-established reaction temperature. It is then of great importance 
that an adequate temperature control is kept throughout the whole experiment as slight 
changes in temperature result in an important variation of the system’s pressure. This is 
particularly relevant in experiments aimed to study oxidative cracking in the vicinity of the 
critical pressure as small changes in temperature may result in a change between near-
critical and supercritical conditions. Experiments were performed in a range of pressures 
between 210 and 275 bar. In order to achieve these conditions, a fixed volume of 1.2 mL of 
H2O2 30% w/v was added into the reactor followed by different de-ionized (DI) water 
loadings depending on the reaction pressure desired. The amount of DI water to reach the 
required pressure was determined from a calibration curve that relates DI water loading with 
the set temperature and target pressure as shown in Appendix 11.1.5. 
 
4.1.1.1.4. O/Ostoich ratio  
Experiments in the microbomb reactor can be performed at different initial oxygen loading, 
which is represented by the O/Ostoich ratio. O/Ostoich ratio is defined as the relation between 
the amount of oxygen fed into the system and the required oxygen to achieve the complete 
oxidation of phenanthrene into H2O and CO2 according to the following reaction. 
C14H10     +     16.5 O2     →     14 CO2     +     5 H2O 
Oxygen for the reaction was obtained from the thermal decomposition of H2O2. A fixed 
volume of 1.2 mL of H2O2 30% w/v solution was initially loaded into the microbomb reactor 
for every experiment. In order to achieve the required O/Ostoich ratio, the initial phenanthrene 
loading was varied between experiments. Varying the initial phenanthrene loading while 
maintaining the volume of H2O2 solution constant, ensures that other variables like the 
pressure are not affected by changes in the O/Ostoich ratio. In this work O/Ostoich ratios 
between 0.1 and 0.75 were studied. 
 
4.1.1.1.5. Feed 
As has been mentioned previously, experiments with phenanthrene as heavy oil model 
compound and VR as real feedstock were performed. The rationale behind the choice of 
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phenanthrene lies in the nature of its structure that resembles the polycyclic aromatic chains 
that compose real asphaltene molecules. In this work, phenanthrene 98% supplied by 
Sigma-Aldrich was used. In addition, experiments with real heavy oil were performed with a 
sample of Maya oil VR supplied by the Mexican Institute of Petroleum. The composition and 
main properties of this fraction are reported in Table 4.1. 
Table 4.1 Maya crude VR properties and elemental composition 
Oil Properties Elemental Analysis 
Asphaltene content (%) 33 C (%w/w) 82.07 
Maltene content (%) 67 H (%w/w) 9.88 
Boiling point (°C) >540 N (%w/w) 0.66 
API gravity 0 S (%w/w) 6.74 
Conradson number (%) 25.5 Ni (ppm) 207 
Viscosity (cSt) 265,546 V (ppm) 211 
 
4.1.1.2. Microbomb reactor operation 
The general operation of the microbomb reactor regardless of the organic substrate used is 
schematically explained in Figure 4.1. It has to be noted that as it was mentioned in Chapter 
3.1, the reaction section of the experimental set up was replaced for new fittings every 6 
experiments. When a new reactor was used for the first time, it was treated in order to 
passivate its inner walls to prevent from any potential catalytic activity that may lead to 
deviations in the results obtained. The passivation process consists in exposing the reaction 
section to an oxygen rich environment at hydrothermal conditions to oxidize any potentially 
active metal site before any experiment is performed. In order to do this, the reactor was 
loaded with 2 mL of H2O2 30 % w/v and immersed in the fluidized sand-bath for two hours at 
300 °C. Once the system has been treated, it was rinsed with CHCl3 / CH3OH 4:1 v/v 
solution and left to dry in a hot cabinet at 40 °C. 
Figure 4.1 shows that at the start of every experiment, the mass of a clean and dry 1/2” tee 
with two ends plugged was measured in a Sartorius CPA3245 balance. Then, the tee was 
loaded with the required amount of organic substrate phenanthrene or VR. In experiments 
involving a catalyst, the tee was also loaded with the required amount of catalyst in its 
oxidized state at a 1:4 gcat/gorg ratio. Once the mass of substrate and catalyst was measured, 
the required volume of H2O2 30% w/v solution and DI water to reach the desired pressure 
and O/Ostoich ratios were added as explained in Sections 4.1.1.1.3 and 4.1.1.1.4.  
 




Figure 4.1 Microbomb reactor operating procedure flow chart. 
 
Once loaded, the 1/2“ tee was assembled to the main body of the reactor through a 1/2” to 
1/4" reducing port connector with a 1/2" nut that closes the system.  
The reactor was then connected to a helium cylinder with a line built of 1/8” SS tubing. The 
reactor was pressurized to 200 bar with helium and tested for any leaks. If a leak was found, 
pressure was released and the origin of the leak was investigated and suppressed. The 
procedure was repeated until no leaks were found in the system as described in Figure 4.1. 
Repeating the leak test is of great importance as regardless if a leak was found and 
suppressed, it could have masked other minor leaks in different sections of the reactor that 
need to be resolved as well. After no leaks were detected, the system was purged with 
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helium at low pressure (20-30 bar) to remove any air that could have remained inside the 
reactor. This procedure was repeated five times to ensure an oxygen free atmosphere at the 
start of the reaction. Finally, the high pressure - high temperature valve, which separates the 
reaction section from the gas recovery section, was closed. This leaves the reaction section 
loaded and filled with inert helium at room temperature and pressure. 
Then, the reactor was immersed into the sand-bath and attached to the shaking mechanism 
as indicated in Figure 4.1. Immediately after, the doors of the safety cabinet were secured 
firmly and the shaking mechanism was switched on. As mentioned in Section 4.1.1.1.2, 
reaction time started the moment the temperature inside the reactor reached a temperature 
5 °C below the reaction temperature. When reaction time was reached, the reactor was 
detached from the shacking mechanism and quenched in a chilled water-bath in order to 
stop the reaction. Once at room temperature, the gas sampling section was purged with 
helium to remove any air trapped in the gas recovery section of the reactor. Helium is used 
as purging gas as its presence does not interfere with the analysis through gas 
chromatography. After the system was purged, a 1/4" SS nut with a septum incorporated 
was placed in the gas sampling zone (c) in Figure 3.2. Then, the high pressure - high 
temperature valve was opened and the pressure of the gas produced recorded. Products of 
reaction were then recovered and analyzed following the procedures explained in detail in 
Sections 4.1.1.3 and 4.1.1.4. Finally the whole system was cleaned with CHCl3 / CH3OH 4:1 
v/v solution and left to dry in a hot cabinet at 40 °C. 
 
4.1.1.3. Product recovery 
Once the reactor has cooled down to room temperature and it has been purged with helium, 
the products of reaction were recovered for further analysis. Different product recovery 
procedures were followed depending on the nature of the feedstock (model compound or 
real feed) as explained below.  
 
4.1.1.3.1. Experiments with heavy oil model compounds 
A diagram of the detailed product recovery procedure for experiments performed with heavy 
oil model compound phenanthrene is presented in Figure 4.2. The gas product was 
analyzed through gas chromatography with thermal conductivity detector (GC-TCD) to 
determine its composition. After analysis, the remaining gas was vented in a fume hood and 
the reactor was opened. A solvent solution composed of CHCl3 / CH3OH 4:1 v/v was used to 
carefully rinse the interior of the 1/2" tee reactor as well as the plugs to recover the products 
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of reaction. Furthermore, the interior of the remaining parts that compose the reaction 
section were also rinsed with solvent solution pumped by means of a HPLC pump. 
The recovered products were then filtered in a Sartorius vacuum filtration kit using a 1 m 
pore size Whatman PTFE membrane filter. The solid retained in the filter was dried in an 
oven for three hours at 100 °C and its weight was recorded after it cooled down to room 
temperature. The solid recovered was then analyzed through thermogravimetric analysis 
(TGA) to determine the amount of coke produced in the reaction.  
 
 
Figure 4.2 Experiments with phenanthrene product recovery flow chart. 
 
The liquid fraction recovered was composed of two phases (organic and aqueous), which 
were separated through decantation in a separation funnel. An organic solvent extraction 
was performed to the aqueous phase using chloroform to recover any organic product 
remaining in the aqueous phase. The procedure was repeated five times to ensure that any 
organic product left was extracted. The organic extracts were combined with the original 
organic phase to form a single organic phase. Then, the volume of the organic phase was 
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adjusted in a Buchi rotatory evaporator with a set temperature of 75 °C. Finally, the organic 
phase was analyzed by gas chromatography with flame ionization detection (GC-FID) and 
gas chromatography with mass spectrometry (GC-MS). 
 
4.1.1.3.2. Experiments with heavy oil real feedstock 
The detailed product recovery procedure followed in experiments with VR is graphically 
explained in the flow chart shown in Figure 4.3. One of the main differences between 
working with model compounds and VR is that the gas product from the latter cannot be 
analyzed through GC due to the presence of sulfur in the gas product, which is detrimental 
to the equipment. 
 
 
Figure 4.3 Experiments with heavy oil real feedstock product recovery flow chart. 
 
Once the reactor has reached room temperature, the high temperature - high pressure valve 
was opened and the pressure of the gas product was registered in an omega pressure 
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gauge. Then, the gas was vented inside a fume hood prior to opening the reaction section of 
the system. The aqueous phase was decanted into a separate glass vial. Then, it was 
extracted using a 2mL disposable syringe and passed through a Whatman puradisc 13 
PTFE syringe filter with 1.0 m pore diameter to retain any organic or suspended solid. The 
recovered aqueous phase was then analyzed by induced coupled plasma (ICP) and 
elemental micro analysis (CHNS) to identify any aqueous soluble product and determine the 
presence of any heteroatom or metal (S, N, V, Ni) in solution.  
The 1/2" bored through tee, which represents most of the reactor body, was thoroughly 
rinsed with CHCl3 / CH3OH 4:1 v/v solution to recover the organic and solid products of 
reaction. The remaining components of the reaction section were rinsed by means of a 
HPLC pump that passed solvent mixture through them to ensure no product was left. In 
addition, the syringe previously used to filter the aqueous phase was filled with CHCl3 / 
CH3OH 4:1 v/v solution, which was then passed through the syringe filter to recover any 
organic soluble product retained within the filtrate. Then, the whole solvent mixture was 
vacuum filtered in a Sartorius filtration kit using a 1 m pore size Whatman PTFE membrane 
filter to retain the solids. Solids were then dried for three hours at 100 °C and left to cool 
down to room temperature before its weight was measured. The dry solid was then analyzed 
through TGA to determine the amount of coke present. Furthermore, ICP and CHNS 
analysis were performed to determine the amount of heteroatoms and metals present in the 
solid product. 
Separately, the solvent containing the organic soluble product recovered was evaporated in 
two steps. The first step was performed in a Buchi rotatory evaporator at 75 °C, where most 
of the solvent was removed. The product recovered was transferred into a 14 mL glass vial 
for further drying. The second step was performed in a purposely built N2 drying system 
shown in Appendix 11.2.1. The remaining solvent in the sample was dried under N2 flow until 
constant weight was observed. The weight was considered constant once its change within 
an hour was less than 1%, which indicates that the sample was completely dry. The organic 
soluble product was then analyzed through size exclusion chromatography (SEC), ICP and 
CHNS analysis. 
The organic soluble product recovered was further fractionated into maltene and asphaltene 
fractions following a procedure adapted from the ASTM D3279 standard (181). Initially, a 0.1 
+/- 0.02 g sample of organic product were placed in a 14 mL glass vial and 6-7 mL of n-
heptane were added. The glass vial with the sample was then placed in a Vortex Genie 2 T 
shaker from Scientific Industries for two hours for the extraction of the maltenes from the 
recovered oil. The vial was removed from the shaker and placed in a vial holder for 
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centrifugation in a MSE Centaur 2 centrifuge at 2000 rpm for 20 min. After centrifugation two 
clear phases were observed: a reddish solution (n-heptane soluble), which corresponds to 
the maltene fraction and a solid that settles at the bottom (n-heptane insoluble) 
corresponding to the asphaltene fraction. The maltene fraction was carefully extracted with a 
disposable syringe and passed through a Whatman puradisc 13 PTFE syringe filter with 1.0 
m pore diameter into another vial. The syringe used was then filled with toluene, which was 
passed through the filter into the vial containing the solid asphaltenes to recover any 
retained asphaltene from the filter. The whole process was repeated twice with the 
remaining solid fraction to ensure that all maltenes were extracted. The two fractions were 
dried to constant weight under N2 flow as previously explained. Similarly, the final mass of 
each fraction was recorded once the change in the weight within an hour was less than 1%. 
Finally, the maltene fraction was analyzed through SEC and simulated distillation in the GC-
FID and the asphaltene fraction through SEC. 
 
4.1.2. Continuous flow experiments in the oxidative cracking reactor 
Experiments to assess the oxidative cracking of heavy oil at early stages of reaction were 
performed in the oxidative cracking flow reactor using methyl naphthalene as model 
compound. The experimental set-up, design and commissioning of the reactor are 
extensively described in Section 3.2.2. In this work, Sigma Aldrich methyl naphthalene 97% 
w/w was used as heavy oil model compound, VWR H2O2 30% w/v was used as oxygen 
source and DI water as reaction medium. Helium used to purge and leak test the system 
during start-up and also to remove any air contained in the sampling vessel was supplied by 
BOC. 
4.1.2.1. Reaction conditions  
The oxidative cracking reactor was designed to operate in hydrothermal conditions in the 
presence of oxygen. As explained in Chapter 3.1, NCW or SCW with dissolved oxygen are 
highly corrosive reaction media that can damage the structure of the reactor if exposed for 
long operation periods. In order to prevent any damage to the structure of the reactor, the 
reaction section was replaced after 30 h of continuous operation. This aimed to ensure 
safety of operation and prevent from any de-alloying and changes in the reactors surface 
that may affect the repeatability of the experiments. 
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4.1.2.1.1. Reaction temperature 
Heating to the oxidative cracking reactor is provided by a Techne fluidized sand-bath. In this 
work experiments in the flow reactor were performed at supercritical temperatures in the 
range between 400 °C and 450 °C. A temperature gradient of 2 °C between the temperature 
in the sand-bath and the internal temperature of the reactor was determined. This 
temperature difference was considered when adjusting the set point in the systems control 
box. Maximum fluctuations in temperature of +/- 3 °C were registered throughout the 
experiments. Temperature was recorded in different sections of the reactor (reactant feed 
sections, reactor, product recovery section and sand bed) for control. 
 
4.1.2.1.2. Residence time 
Residence time in the reactor is determined by the reactor volume, process conditions and 
the volumetric flow range that the HPLC pumps can deliver as extensively explained in 
Section 3.2.2.2. The oxidative cracking flow reactor enabled operation at residence times 
ranging between 10 and 60 s. Moreover, before any experiment, it was ensured that the 
volumes of reactants loaded into the feed reservoirs at the start of each experiment were 
sufficient to maintain the required flows in the experiment for over 120 min of continuous 
operation. 
 
4.1.2.1.3. O/Ostoich ratio  
The reactor was designed to operate at O/Ostoich ratios ranging from 0.05 to 0.2. Similarly as 
in the microbomb reactor, O/Ostoich ratio was defined as the relation between the amount of 
oxygen fed into the system and the necessary one to achieve the complete oxidation of the 
methyl naphthalene into CO2 and H2O according to the following reaction: 
C11H10     +     13.5 O2     →     11 CO2     +     5 H2O 
The amount of oxygen fed into the system was controlled by adjusting the H2O-H2O2 feed 
stream composition fed by the HPLC pump.  
 
4.1.2.2. Reactor operation 
A schematic representation of the general operation procedure of the oxidative cracking 
reactor is shown in Figure 4.4. Similarly as in the microbomb system operation, when a 
reactor was replaced, it was pretreated in order to passivate the surface of its inner walls 
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that can have some degree of catalytic activity. The procedure to passivate the reactor 
consisted on passing a 2 mL/min flow of H2O2 10% w/v solution through the reactor at 300 
°C and 150 bar for two hours. After pretreatment time concluded, the flow of H2O2 solution 
was switched to 100% DI water and the volumetric flow was increased to 5 mL/min in order 
to flush the reactor and remove any oxide particles formed. Solids formed were retained in 




Figure 4.4 Oxidative cracking reactor operating procedure. 
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The reactor was leak tested and purged with helium prior to any experiment as shown in 
Figure 4.4. Each section of the reactor was individually leak tested using helium at 200 bar 
to facilitate the identification of leaks. The gas cylinder was connected separately into both 
the organic and the H2O-H2O2 feeds to leak test each section independently. Once both 
sections were tested, the rest of the reactor was filled with helium and the procedure was 
repeated. When no leaks were found, the gas contained in the system was released from 
the purge valve into the ventilation system.  
Both HPLC pumps were primed to ensure that any air trapped in the pump lines was 
removed. In order to do this, the purge valve in each pump was opened and solvent was 
pumped at maximum flow until there were no visible air bubbles in the tubing and constant 
flow through the purge was observed. Parallel to the priming of the pumps and in preparation 
for the reaction, the fluidized sand-bath started to be preheated to reaction temperature.  
The organic feed section was filled with methyl naphthalene; while the remaining sections of 
the reactor were filled with DI water. In a similar approach to the one of the leak test, the 
reactor was filled by sections in order to ensure that helium was entirely displaced from the 
reactor. Each section of the reactor has a purge valve connected to a pipe network that 
enables the removal of helium into the vent and directs the surplus of water or organic 
compound into a mixed waste drum. First the organic and H2O feed sections were filled with 
methyl naphthalene or DI water respectively. Once the organic section was filled, the purge 
valve was closed and the organic feed stopped until the beginning of the experiment. In the 
case of the H2O-H2O2 feed section, the purge valve was closed and the valve that connects 
it to the remaining sections was opened to allow the rest of the sections in the reactor to be 
entirely filled with DI water. As soon as all sections were filled, purge valves were closed and 
the pressure in the system was regulated with the back pressure regulator. Then, the flow 
required in both HPLC pumps were fixed to the required experimental conditions and the 
composition in the H2O-H2O2 solution pump was adjusted. 
Once the sand-bath reached reaction temperature, before the start of the experiment, a 
constant flow of water into the heat exchanger was set in order to cool the product stream to 
room temperature at the outlet of the reactor. Finally, the doors of the cabinet were secured 
and the reactor was immersed into the sand-bath by means of a mechanical lifting 
mechanism described in Section 3.2.2.4. In the first few minutes after immersion, 
fluctuations in temperature and pressure were registered in different sections of the reactor. 
The system was left to stabilize until variations in experimental conditions settled. At this 
time, the flow of the organic feed pump was started. The experiment began the moment the 
needle valve that separates the organic feed section and the rest of the reactor was opened 
allowing the flow of organic solution into the system. Once the organic reactant started to be 
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fed, variations in process conditions were monitored and registered throughout the 
experiment. Experiments had a minimum reaction time of 120 min in which 4 samples were 
taken at intervals of 15 to 20 min.  The first sample was taken 25 to 30 min after the start of 
the reaction in order to allow the system to reach steady state and the products of reaction to 
arrive at the product sampling section. The procedure followed for sampling and product 
recovery will be explained in great detail in Section 4.1.2.3.  
After reaction time reached completion, the reactor was removed from the sand-bath by 
means of the mechanical lifting system and the composition of the H2O/H2O2 flow changed 
to 100% H2O. Immediately after, the organic flow into the system was interrupted and the 
valve that separates the organic feed section with the rest of the reactor was closed. Then, 
the sand-bath set point was set to ambient temperature to allow the cooling of the 
equipment. The flow of water through the reactor was maintained until the system cooled 
down completely. This also allowed the remaining products to leave the reactor and all the 
solids to be retained in the solid recovery filters. Then the water pump was turned off and the 
flow of cooling water through the heat exchanger interrupted. Finally, the reactor was 
depressurized.  
 
4.1.2.3. Sampling and product recovery  
A flow chart of the procedure on how to take samples in the oxidative cracking reactor is 
shown in Figure 4.5. Before any sample was taken, a tedlar gas-bag and 8 glass vials with 
cap were prepared and labelled. Vacuum was applied into the tedlar gas-bag in order to 
ensure the removal of all air contained. In parallel, the glass vials were thoroughly rinsed 
with acetone and dried at 60 °C for 30 min to ensure they were completely clean. Both gas-
bag and glass vials were labelled with the experiment and sample number. 
The sampling vessel in the reactor was rinsed with chloroform and then acetone to ensure 
that the walls were clean before the collection of any sample. Then, it was left to dry for a 
few minutes before it was purged with helium to remove any air present prior to the 
collection of the sample.  
Sampling time started the moment the flow of product was diverted into the sampling vessel. 
Sampling time was fixed based on the initial volumetric flows set in the pumps and the 
volume of the collection vessel in order to prevent from over filling. The volumetric flow of 
gas was measured at the gas sampling point with an Agilent ADM1000 mass flow meter. 
When small variations in the mass flow readings were registered, the reading was recorded. 
Then, the flow meter was disconnected from the sampling point and the connection was 
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switched to the tedlar gas-bag for sample collection. Once the sampling time was completed, 
the product flow was switched back to the continuous operation vessel. At this time the 
tedlar gas-bag was closed and placed aside to be further used when the next sample was 
taken. Moreover, the organic and aqueous products were collected in one of the glass vials 
from the bottom of the sampling vessel. The sampling vessel was thoroughly rinsed with 
chloroform, which was then collected in a second glass vial. The whole procedure was 
repeated for all samples taken.  
 
 
Figure 4.5 Oxidative cracking reactor sampling procedure. 
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Once the samples were taken and the reactor was switched off, the products of reaction 
were recovered and analyzed following the procedure graphically described in Figure 4.6.  
 
 
Figure 4.6 Oxidative cracking reactor product recovery procedure. 
 
The gas recovered in the tedlar gas-bag was analyzed through GC-TCD to determine its 
composition.  
In addition, the organic and the aqueous fractions recovered were separated through 
decantation in a separation funnel. Similarly as performed with the aqueous phase 
recovered in batch experiments, an organic solvent extraction with chloroform was 
performed using an equal volume of chloroform and water to recover any organic product 
remaining. This procedure was repeated in five occasions in order to ensure that all the 
organic products present in the aqueous phase were extracted. The solvent with the extracts 
was combined with the organic product previously recovered and the solvent obtained from 
rinsing the sampling vessel to compose a single organic fraction. The volume of the organic 
fraction was then adjusted in a Buchi rotatory evaporator at 75 °C. The organic phase was 
then analyzed through GC-FID to quantify the products obtained and GC-MS to identify each 
individual product. 
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The tee filter was removed from the reactor and rinsed with CHCl3 / CH3OH 4:1 v/v solution 
to recover the solid products of reaction. In addition, the ceramic filter was cleaned in a 
sonicator bath for 30 min to remove any solid left. The solvent and solid suspension were 
then filtered in a Sartorius vacuum filtration kit with a Whatman PTFE 1 m pore size 
membrane filter. The retained solid was then dried in an oven at 100 °C for three hours. After 
the solid was dried, its mass was recorded and then it was analyzed using a TGA to 
determine the amount of coke produced. 
 
4.1.3. Product analysis 
Product analysis and characterization was mainly performed at Imperial College with the 
exception of the elemental analysis C, H, N and S and the inductively coupled plasma that 
were outsourced to Medac Ltd. 
 
4.1.3.1. Gas chromatography 
Gas chromatography was used to analyze the gas and organic soluble products recovered 
from experiments with both heavy oil model compounds and heavy oil real feedstock. The 
principle of operation is described in Section 2.5.2.  
The gas products recovered were analyzed in a Perkin Elmer Clarus 500 chromatograph 
equipped with a thermal conductivity detector (GC-TCD). As previously mentioned, gas 
products from experiments with VR were not analyzed due to the impossibility of the column 
to withstand the presence of H2S. The GC-TCD was equipped with a Carboxen 1010 plot 
capillary column (30 m long, ID 0.53 mm and 30 m thickness). The method and detailed 
analysis conditions are reported in Table 4.2. A calibration to obtain the response factors of 
the different gases analyzed was performed using a known composition standard gas 
mixture supplied by BOC. The composition of the standard as well as the response factors 
obtained can be consulted in Appendix 11.2.2. A volume of 100 l of gas sample was 
analyzed using helium as carrier gas. 
The organic fraction recovered from experiments with heavy oil model compounds and the 
maltene fractions of experiments with VR were analyzed in a Perkin Elmer Clarus 500 
equipped with a flame ionization detector (GC-FID). The GC-FID was fitted with a SGE HT5 
aluminum clad fused silica capillary column (25 m length, ID 0.32 mm and 0.1 m film 
thickness). Samples for analysis were prepared using CHCl3 / CH3OH 4:1 v/v as solvent and 
injection volumes were fixed to 1 l. The carrier gas used for the analysis was helium. 
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The analysis conditions for products from experiments with heavy oil model compounds are 
detailed in Table 4.2. In addition, the calibration curves of phenanthrene, naphthalene and 
the main products of reaction were built using standards from Sigma Aldrich and can be 
consulted in Appendix 11.2.3.  
Maltene products obtained from the fractionation of the liquid fraction from experiments with 
VR were analyzed through simulated distillation to determine its boiling point distribution 
through GC-FID. A standard gas oil was used, following the ASTM D2887 standard (182), to 
relate the retention times (oven temperature) in the chromatograph with the real boiling 
points of the product as shown in Appendix 11.2.4. In addition, a calibration using different 
concentrations of gas oil standard was built to relate the area obtained from the GC-FID with 
the concentration in the product sample. The analysis was done at the conditions reported in 
Table 4.2 as previously done in literature (183).  
Table 4.2 Gas chromatography analysis conditions. 
 
4.1.3.2. Gas chromatography with mass spectrometry 
The organic fraction recovered from experiments with heavy oil model compounds was 
analyzed through gas chromatography with mass spectrometry (GC-MS) to identify 
individual products of reaction. The analysis was performed in a Varian Star 3400 - Saturn 
2000 GC/MS fitted with a HT5 aluminum clad fused silica capillary column (25 m length, ID 
0.32 mm and 0.1 m film thickness). Analysis conditions are reported in Table 4.3 and 
helium was used as carrier gas. 
The GC-MS is equipped with a Varian 8200 auto sampler capable of delivering automatically 
10 l of sample per injection. Product identification was made by comparison of the 
spectrum obtained with the ones in the library of spectra of the National Institute of 
Standards and Technology (NIST) using the software provided by the supplier.  
 
 Analysis of Gas Analysis organic fraction 
from model compounds 
Analysis of  
Maltenes from VR 
Injector T (°C) 120 300 350 
Detector T (°C) 150 380 370 
Split 1:20 1:20 1:20 
Carrier (ml/min) 5 20 10 
Oven Initial T (°C) 30 °C hold for 5.5 min 50 °C 35 °C hold for 1 min 
Ramp 1 
20 °C/min to 90 °C hold 
for 2.5 min 
5 °C/min to 100 °C hold for 
1 min 
15 °C/min to 350 °C 
hold for 2 min 
Ramp 2 
20 °C/min to 100 °C 
hold for 3.5 min 
10 °C/min to 320 °C hold 
for 10 min 
25 °C/min to 380  °C 
hold for 10 min 
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Table 4.3 Gas chromatography with mass spectrometry analysis conditions. 
 GC-MS Analysis Conditions 
Transfer line temperature (°C) 300 
Manifold temperature (°C) 100 
Trap temperature (°C) 200 
Split 1:20 
Carrier (ml/min) 20 
Oven Initial T (°C) 50 
Ramp 1 5 °C/min to 100°C hold for 1 min 
Ramp 2 10 °C/min to 320°C hold for 10 min 
 
4.1.3.3. Thermogravimetric analysis 
The solid products from all reactions with heavy oil model compounds or real feedstock in 
the presence or absence of a catalyst were analyzed through thermogravimetric analysis 
(TGA) to determine the amount of coke produced.  This was performed in a Perkin Elmer 
Pyris 1 TGA equipped with a thermal analysis gas unit. Samples of 3 mg +/- 0.5 were loaded 
into the equipment under N2 atmosphere and left to stabilize until weight variations were 
negligible. At the start of the analysis, the gas fed was switched to air and the method 
described in detail in Table 4.4 was followed. 
Table 4.4 Thermogravimetric analysis conditions. 
 TGA Analysis Program  
Oven Initial T (°C) 50 
Step 1 Hold at 50 °C for 15 min in N2 
Step 2 Switch gas to 100% air at 40 ml/min 
Step 3 Heat from 50 °C to 900 °C at 10 °C/min 
Step 4 Hold at 900 °C for 30 min 
 
The amount of coke in the sample was determined by difference between the initial weight of 
the sample and the one after the analysis.  
 
4.1.3.4. Size exclusion chromatography 
Samples of the liquid fraction recovered from experiments with VR as well as the maltene 
and asphaltene fractions obtained from the fractionation procedure were analyzed through 
size exclusion chromatography (SEC), described in Section 2.5.1. Prior to the analysis, an 
aliquot of the recovered sample (liquid product, asphaltene fraction or maltene fraction) was 
dissolved in a mixture of n-methyl-pyrrolydone (NMP) and chloroform 6:1 v/v solution. The 
SEC system is equipped with a polystyrene / polydivinylbenzene Mixed-D packed column 
supplied by Polymer Laboratories UK and a Knauer 2600 UV detector. The column was 
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heated to 80 °C in a Jones chromatographic oven with the objective of reducing the viscosity 
of the mixture to enable adequate flow through the column. The solvent mixture is pumped 
through the column at a flow of 0.5 ml/min with a Knauer HPLC pump. 
A calibration curve was built with a series of standards such as PAHs, polystyrene 
compounds, nitrogen-containing compounds and oxygen-containing compounds, which 
provide a wide range of molecular weights. The elution time for each standard was 
registered in order to build two calibration curves as shown in Appendix 11.2.5. The first 
curve was built with the PAH, nitrogen and oxygenated compounds, which have a lower 
molecular weight in a range between 80 to 530 g/mol. The second, with standards of 
polystyrene of different molecular weights in a range between 600 to 52,000 g/mol.  
 
4.1.3.5. Inductively coupled plasma optical emission spectroscopy 
Analysis to determine metals (Ni and V) in the solid, aqueous and organic soluble product 
fractions from experiments with VR was outsourced to MEDAC ltd. The analysis was 
performed through inductively coupled plasma with optical emission spectroscopy (ICP-
OES), which detects vanadium and nickel at a wavelength of 292.4 nm and 231.6 nm 
respectively. The operation principle of the technique is detailed in Section 2.5.4. 
Samples for analysis were prepared through digestion in a HNO3/H2O2 to achieve a 
homogeneous solution. The concentration of the solution was then adjusted using milli-Q 
water. A calibration curve prepared from a standard solution of a fixed concentration of 1000 
ppm was built. The concentration of each metal was determined by comparison of the values 
obtained from the sample solution against the calibration curve. 
 
4.1.3.6. Elemental analysis 
Determination of sulfur and nitrogen content in solid, organic soluble and aqueous soluble 
product fractions obtained in experiments with heavy oil were outsourced to MEDAC Ltd. 
The analytical technique used was elemental analysis in a Thermo Scientific Flash EA 1112 
analyzer. C, H, N and S were determined in a single analysis through a flash dynamic 
combustion method. This method is based on the instantaneous and complete combustion 
of the sample into gases. These gases are then transported with helium as carrier through a 
reduction furnace and through a chromatography column connected to a TCD as described 
in Section 2.5.3. The signal produced in the TCD is related to the concentration of each 
component in the original sample. 
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4.1.4. Experimental error estimation 
A series of experiments to determine the experimental error and the repeatability of the 
results was performed for each reaction set-up. An individual error analysis in the 
microbomb was done for operation with phenanthrene and VR. A fixed experimental 
condition was repeated four times in experiments done in the microbomb and three times in 
the ones completed in the oxidative cracking reactor. From these experiments the mean 
value, standard deviation and standard error were calculated in order to determine the 
experimental error percent. The following equations where Xi stands for a single 
measurement, M for the mean value, S for the standard deviation, SE for the standard error, 
N for the number of experiments and E for the error percent were used. 
 
Mean Value (M),        𝑴 =
∑ 𝑿𝒊
𝑵





Standard Error (SE),        𝑺𝑬 = ±
𝑺𝑫
√𝑵





The error percent values for the operation in the microbomb and the oxidative cracking 
reactors are reported in Table 4.5. Details on the error calculation can be consulted in 
Appendix 11.2.6. 
Table 4.5 Experimental error for operations with the microbomb reactor (model compounds and heavy 
oil) and the oxidative cracking reactor (model compounds). 
























2.04 Coke yield 3.16 
Liquid organic  
products yield 
4.23 
Coke yield 1.92 Gas yield 3.71 Coke yield 3.18 
Gas yield 3.49 Maltene yield 2.12 Gas yield 3.05 
  Asphaltene yield 2.89   
  Sulfur removal 3.89   
  Nitrogen removal 4.24   
  Vanadium removal 2.08   
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4.2. CATALYST SYNTHESIS AND CHARACTERIZATION 
In this work, the use of an added catalyst in the oxidative cracking of heavy oil in SCW was 
considered. The aim was to promote further cracking of high molecular weight polyaromatic 
structures to reduce its molecular weight and facilitate the removal of metals and 
heteroatoms from its structure. It has been reported that heavy oil is effectively converted 
into lighter fractions through catalytic processes using zeolites as catalyst (184). Y-type 
zeolite “faujasite” is widely used in oil conversion processes due to its wider pore cavity, 
which aids in the conversion of oil reducing mass transfer limitations and hence increasing 
the yields to lighter oil fractions (185,186). Moreover, it was also reported that Mn ion 
exchanged zeolites are highly efficient catalysts for oxidation reactions of aromatic benzene 
rings (187), which are the building blocks of heavy oil molecules like asphaltenes. Based on 
the previous information, an ion exchanged Mn-Y-zeolyte was synthetized to be tested as 
catalyst in the oxidative cracking of Maya oil VR in SCW. 
4.2.1. Catalyst synthesis 
The experimental procedure for the synthesis of the Mn-Y-zeolite catalyst was adapted from 
literature and is graphically explained in Figure 4.7 (187–191). Sigma Aldrich Manganese (II) 
acetate tetrahydrate 99.99 %w/w, Sigma Aldrich Molecular Sieves (ammonium Y zeolite) 
and DI water were used as reactants for the synthesis of the catalyst.  
Two batches of catalyst were synthetized resulting in approximately 5 g of catalyst per batch. 
First, 250 ml of Mn (II) acetate solution 0.25 M were prepared. The solution was placed in a 
500 mL round flask and 5 g of NH4-Y-zeolite were added. The flask with the zeolite and the 
solution was placed in an IKA reaction block system that provides stirring to the mixture and 
maintain a constant temperature. The zeolite was ion exchanged at 80 °C for 4 h at constant 
stirring.  
After reaction time was completed, the product was filtered in a Sartorius vacuum filtration kit 
using 1 m pore size Whatman PTFE membrane filters. The filtration cake was left to dry 
overnight in an oven at 70 °C. Finally, the solid recovered was calcined in an air atmosphere 








Figure 4.7 Mn-Y-zeolite catalyst synthesis procedure. 
 
4.2.2. Catalyst characterization 
4.2.2.1. Nitrogen adsorption 
Textural properties such as surface area and porosity of the Mn-Y-zeolite catalyst were 
analyzed through N2 adsorption in a Micromeritics Tristar analyzer. A sample of 
approximately 200 mg +/- 20 mg of catalyst was degased at 120 °C under N2 atmosphere in 
a Micrometrics Flow Prep 060 degaser. The degased sample was then placed in the 
equipment where it was analyzed through a N2 adsorption standard test method at -196 °C. 
Results were obtained using the Brunauer, Emmett and Teller (BET) method to determine 
surface area for adsorption incorporating multilayer coverage and the Barrett, Joyner, and 
Halenda (BHJ) method to calculate the pore size distribution in the catalyst from the 
experimental isotherms. 
Chapter 4 Experimental 
106 
 
4.2.2.2. X-ray diffraction 
X-ray diffraction (XRD) patterns of the catalysts were obtained using a Bruker AXS D8 
advance diffractometer with a θ–θ configuration using Cu Kα radiation at a λ = 0.15406 nm. 
Scans were performed for 2θ values from 3° to 80°. Counts were accumulated every 0.05º at 
a step time of 3 s. The crystal size of the zeolite catalyst was calculated using Scherrer's 
equation. XRD analysis of the catalyst was performed in the Institute of Carbochemistry 
CSIC in Zaragoza (Spain). 
 
4.2.2.3. Scanning electron microscopy – X-ray spectroscopy 
The morphology and metal dispersion of the catalyst were studied in a JEOL JSM 6400 
scanning electron microscope (SEM) equipped with an Oxford Instruments energy 
dispersive X-ray spectroscopy system (EDX). Catalyst samples were placed in a SEM slab 
for imaging. A gold coating was applied to improve the quality of the image. A qualitative 
elemental analysis of a fraction of the sample was performed through EDX at 1.5k 
magnification. 
 
4.2.2.4. Elemental analysis inductively coupled plasma 
Metal loading in the catalyst was determined through inductively coupled plasma optical 
emission spectroscopy (ICP-OES) in the Institute of Carbochemistry CSIC in Zaragoza 
(Spain). The determination was made in a Jobin Ybon 2000 ICP-OES, which detected 
manganese, silica and aluminum at wavelengths of 257.6 nm, 251.6 nm and 396.2 nm 
respectively. 
Samples were prepared through digestion in H2O2/HNO3/HCl solution. The concentration of 
the solution was adjusted with milli-Q water. The concentrations of metal in the sample were 




Phenanthrene Oxidative Cracking in 
Near-critical and Supercritical Water 
5. Phenanthrene Oxidative Cracking in Near-Critical and Supercritical Water 
The work presented in this chapter focuses in the study of the hydrothermal oxidative 
cracking of heavy oil in near-critical and supercritical conditions in the microbomb reactor. 
For this purpose phenanthrene was used as model compound to represent model chemical 
structures found in asphaltenes. The aim of this work is twofold 1) the evaluation of the effect 
of process conditions such as pressure, initial oxygen loading (O/Ostoich ratio), temperature 
and reaction time on phenanthrene conversion and product distribution, 2) the study of the 
evolution of intermediate products to propose a potential reaction pathway. Section 5.3.1 
presents a detailed screening of process conditions, varying an individual condition while the 
rest were kept constant, to assess their effect on conversion, yield and product selectivity. In 
Section 5.3.2, optimum conditions found for which the yield and selectivity to organic soluble 
products were maximized. These conditions were used to study the reaction system at 
different reaction times and temperatures. The evolution of the main products of reaction 
was studied and a potential reaction pathway was proposed. 
 
5.1. INTRODUCTION 
Commercial upgrading of highly asphaltenic oil feedstocks is achieved through conventional 
hydrogen addition processes such as hydrotreating and hydrocracking (14,183). The main 
operation disadvantages found in these processes are the high temperatures and high 
hydrogen pressures required. Moreover, hydrogenation reactions of polyaromatic structures 
found in asphaltenes are known to start at aromatic rings located in the periphery of the 
molecule and then proceed further towards rings located at central positions. This results in 
low atom efficiencies and requires high amounts of hydrogen during the upgrading process. 
In contrast, it was reported that hydrothermal partial oxidation of PAHs preferentially 
proceeds starting at central ring positions and readily occur at lower temperatures around 
300 °C (192). The oxygen incorporated into the aromatic structure weakens its aromaticity, 
destabilizing the molecule and making it more reactive. As a result, weaker reactive sites 
located in central positions of the molecular structure are formed, which are prone to 
cracking and ring opening reactions. 
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Moreover, it has been observed that hydrothermal reactions are effective for the 
decomposition of PAHs and can be applied in processes like water treatment, soil 
remediation and waste destruction (193–195). Complete conversion of PAHs such as 
phenanthrene, naphthalene, fluorene, pyrene and biphenyl, has been reported in different 
SCWO studies available in literature (108,196). In addition, hydrothermal oxidation 
processes are regarded as environmentally friendly as they do not require the use of any 
chemicals apart from water and oxygen as reactants (195,197). Widespread interest has 
been developed in the study and application of the complete oxidation of organic substrates 
in NCW and SCW in laboratory and commercial scale. However, the oxidative cracking 
process studied in this work focuses on the assessment of the hydrothermal partial oxidation 
process to produce valuable intermediate products from the oxidation of polycyclic aromatic 
compounds. 
Two main objectives were pursued. First, to evaluate the effect that process conditions  
(pressure, O/Ostoich ratio, temperature and reaction time) have on phenanthrene conversion, 
yields and selectivity to product fractions as well as in the O/C molar ratio in the organic 
soluble fraction. Second objective was to study the evolution of reaction products in order to 
propose a potential reaction pathway in the process. 
 
5.2. EXPERIMENTAL  
Oxidative cracking experiments were performed in a SS microbomb reactor extensively 
described in Section 3.2.1 and Section 4.1.1. Briefly, the reactor was loaded with 1.2 mL of 
VWR H2O2 30% w/v and varying amounts of Sigma-Aldrich phenanthrene 98% according to 
the O/Ostoich ratio required. Then, different volumes of DI water were added to achieve the 
desired operating pressure according to a calibration curve presented in Appendix 11.1.5. 
Reaction products were recovered and analyzed following the procedures and specifications 
detailed in Section 4.1.1.3. and Section 4.1.3. 
 
5.3. RESULTS AND DISCUSSION 
5.3.1. Effect of reaction conditions 
In this section, a detailed discussion of the results obtained from experiments conducted to 
study the effect that changes in operating conditions have on the oxidative cracking reaction 
is presented. Experimental conditions for this study are reported in Table 5.1. Results were 
analyzed and reported as phenanthrene conversion, yield and selectivity to different product 
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fractions and O/C molar ratio in the organic soluble fraction. Total gas production was 
calculated by mass balance difference.      
Table 5.1 Experimental conditions to study the effect of process variables in the oxidative cracking of 





O/Ostoich ratio Temperature (°C) 
Time 
(min) 
Pressure 210 - 275  0.40 450 60 
O/Ostoich ratio 230 0.1 - 0.75 450 60 
Temperature 230 0.2 360 - 450 60 
 
Phenanthrene conversion was calculated with Equation 5.1, where Cmol0ph stands for the 
carbon moles in the initial phenanthrene and Cmolfph as carbon moles in the phenanthrene 
recovered post reaction. 
 





0                               (5.1) 
 
The yields obtained for the different product fractions and individual products were 
calculated with Equation 5.2 where Cmoli stands for the carbon moles present in each 
product fraction or individual product. 
 
                                             𝑌𝑖𝑒𝑙𝑑𝑝𝑟𝑜𝑑 =
𝐶𝑚𝑜𝑙𝑖
𝐶𝑚𝑜𝑙𝑝ℎ
0                                               (5.2) 
 
Equation 5.3 was used for the determination of selectivity towards a product fraction. 
 




𝑓                            (5.3) 
 
Experimental results showed that most of the organic soluble products obtained were 
oxygenated aromatic compounds such as quinones and furans with minor production of 
other PAHs. The GC-MS identification of reaction products is shown in Figure 5.1. Products 
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of similar nature have been reported in literature for the hydrothermal oxidation of PAHs in 
near-critical and supercritical conditions (105,173,196,198). 
 
 
Figure 5.1 Organic soluble products from the oxidative cracking of phenanthrene in NCW and SCW 
identified through GC-MS. 
 
5.3.1.1. Effect of pressure 
Experiments to assess the effect of pressure were performed at the reaction conditions 
shown in Table 5.1. Pressures considered for this work (210, 230, 250 and 275 bar) enabled 
the development of experiments below and above the critical pressure of water as 
schematically explained in Figure 5.2. A temperature of 450 °C above the critical 
temperature as well as a fixed reaction time of 60 min and an O/Ostoich ratio of 0.4 were 
selected for the study. 
 
 
Figure 5.2 Operating pressures studied within the near-critical – supercritical pressure conditions. 
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It was observed that changes in the system’s pressure had a minor impact in phenanthrene 
conversion regardless of whether the reaction was carried out at near-critical or supercritical 
water conditions. A small increase in conversion was observed when pressure increased 
from 210 to 230 bar surpassing the critical pressure of water. Once at supercritical 
conditions increments in pressure had no effect in conversion as shown in Figure 5.3. 
 
 
Figure 5.3 Effect of pressure on phenanthrene conversion and product yields at 450 °C, 0.4 O/Ostoich 
ratio and 60 min reaction time. 
 
Similar trends with changes in pressure have been reported in SCWO studies with model 
compounds such as acetic acid and 2,4 dichlorophenol (199). Although pressure changes 
had a marginal effect in phenanthrene conversion, it was observed that it had an important 
impact in the yields to products and the selectivities obtained. An increase in operating 
pressure from 210 to 230 bar, slightly above the critical pressure, resulted in higher yields to 
organic soluble fractions. From that point, it was observed that further increments in 
pressure had a negative effect mainly to produce gas, decreasing the yields to organic 
soluble products. 
High yields to gas were obtained at 210 bar, which then decreased with an increase in 
operating pressure to find a minimum gas yield at 230 bar. Further increments in pressure 
resulted in higher yields to gas as seen in Figure 5.3. These observations are in good 
agreement with the trends observed in the yields to organic soluble products and show that 
the selectivity towards organic soluble or gas products can be controlled with small changes 
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in the system’s pressure. Interestingly, a maximum in the yield to organic soluble products 
and a corresponding minimum in the yields to gas were obtained at 230 bar, which is in 
close proximity to the critical pressure of water.  
Marginal changes in the yield to coke were registered with changes in pressure. A slight 
increase was observed when pressure increased from 210 to 230 bar where the critical 
pressure was surpassed. Similar trends have been reported in literature regarding the effect 
of process conditions in the SCWO of quinoline (136).   
It was mentioned that one of the aims of this work is the identification of optimum reaction 
conditions at which yields and selectivities to organic soluble products are higher. Pressure 
has a great impact on selectivity to organic soluble products as shown in Figure 5.4. Higher 
selectivity to organic soluble products was obtained at 230 bar, which suggests that 
operating at pressures slightly above the critical prevents over cracking of intermediates 
favoring the production of organic soluble products over gas products. 
 
 
Figure 5.4 Effect of pressure on the selectivity to organic soluble products at 450 °C, 0.4 O/Ostoich ratio 
and 60 min reaction time. 
 
The trends observed can be explained based on the role of water as reaction medium and 
the big changes in its properties with small changes in pressure especially near or above the 
critical pressure. When pressure surpasses the critical point, the reaction medium turns into 
a pseudo-homogeneous phase that presents low mass transfer limitations, resulting in high 
rates of reaction. This may lead to increased conversions and to promote higher yields to 
organic soluble products derived from oxidation and cracking reactions. Moreover, it is 
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believed that products of reaction are well dispersed and effectively diffused throughout the 
reaction medium due to the high miscibility and favorable transport properties found in water 
at supercritical conditions. As a result, low yields to coke were obtained, as the reaction 
medium aids in the prevention of condensation and polymerization reactions (93).  
Further increments in reaction pressure can result in some additional effects that had an 
important impact in the selectivity to different product fractions. Higher pressures resulted in 
higher rates of reaction due to an increase in the collision frequency of small free radicals 
present in the system (93). This is highly relevant as the oxidation reaction rates with small 
free radicals can be accelerated leading to a potential increase in gas yields. The opposite 
effect occurs in reactions with organic radicals of greater size, which are slowed down as a 
result of the cage effect created by water molecules surrounding the active complex. 
Basically, the collision frequency between organic radicals and water molecules has a much 
higher frequency than the one between two organic molecules, which prevents the 
occurrence of bi-molecular reactions between heavy organic radicals (93,200). An increase 
in pressure increases the frequency of collisions between organic radicals and water 
molecules, which results in the radical de-activation. As a result, the organic radical is 
stabilized preventing it from continued recombination reactions, as suggested in literature 
(94). This gives an understanding of the reason why changes in the system pressure have 
negligible effects on the yields observed to coke. However, small oxidation radicals such as 
•OH and •HO2 can diffuse through the barrier of water molecules surrounding the organic 
radicals and react with them to form smaller molecules leading to the formation of gas. An 
important dependence was observed between the product distribution in the organic soluble 
fraction and reaction pressure as shown in Figure 5.5.  
 
 
Figure 5.5 Effect of pressure on the organic soluble product distributon at 450 °C, 0.4 O/Ostoich ratio 
and 60 min reaction time. 
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The largest product distribution occurred at 230 bar, slightly over the critical pressure. An 
increase or decrease in pressure resulted in a reduction in the number of species recovered 
as part of the organic soluble fraction. It is thought that this trend is also related to the 
properties of SCW as previously discussed. 
As it has been mentioned, one of the aims of the oxidative cracking reaction is to incorporate 
oxygen into the intermediate product fraction as part of the activation process. This is of 
great relevance as the presence of oxygen weakens the polyaromatic structure, which 
facilitates its cracking. It was found that the O/C molar ratio of the organic soluble product 
fraction was maximized at 230 bar when the process was in the vicinity of the critical 
pressure of water. Any further increase in the system’s pressure resulted in a decrease in 
the O/C molar ratio as shown in Figure 5.6. This shows that the performance of the process 
and the nature of the products are directly linked to the reaction pressure. Moreover, it was 
observed that the O/C molar ratio in the organic soluble product fraction is strongly related 
with the yields to gas produced. High yields to gas were obtained at conditions where low 
O/C molar ratio in the organic soluble fraction was registered. This is thought to happen due 
to an increase in carbon and oxygen rejection processes that result in higher concentrations 
of CO and CO2 in the gas fraction.  
 
 
Figure 5.6  Effect of pressure on the organic soluble product molar O/C ratio at 450 °C, 0.4 O/Ostoich 
ratio and 60 min reaction time. 
 
Chapter 5 Phenanthrene Oxidative Cracking in Near-critical and Supercritical Water 
115 
 
Analysis of the gas fraction showed that pressure variations in the system had an important 
impact in the gas composition obtained. The gas product fraction was mainly composed of 
H2 and CO2 as shown in Figure 5.7. It was observed that an increment in pressure resulted 
in a considerable decrease in H2 concentration. The opposite effect was observed with CO, 
which increased rapidly with pressure until it reached 250 bar and then levelled off with any 
further pressure increments. CO2 concentration slightly decreased when the system 
changed from near-critical to supercritical conditions, where a minimum was found at 230 
bar. Further increments in pressure within the supercritical range resulted in an important 
increase in CO2 concentration. Concentrations of CH4 below 10% v/v were registered at all 
pressures studied and a maximum was found at a pressure of 250 bar. 
Experimental evidence regarding the composition of the gas fraction suggests that an 
increase in pressure negatively impacts gasification and pyrolysis reactions while it 
enhances oxidation reactions. These results are in good agreement with what has been 
reported in literature (93). It is highly desirable to obtain a gas fraction mainly composed of 
H2 and CH4, by-products that have a high commercial value. Therefore, based on 
experimental results, 230 bar appears to be an optimum reaction pressure based on gas 
composition, as a H2 rich gas (around 50% v/v) with lower CO2 concentration was obtained. 
The gas product can be further treated or used in-situ in the hydrogenation and 
deoxygenation of hydrocarbons, increasing the overall performance of the process. 
 
 
Figure 5.7 Effect of pressure on the gas product composition at 450 °C, 0.4 O/Ostoich ratio and 60 min 
reaction time. 
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5.3.1.2. Effect of O/Ostoich ratio 
Experiments to assess the effect of O/Ostoich ratio were performed at a constant pressure of 
230 bar, temperature of 450 °C and 60 min reaction time. The rationale behind the selection 
of the system’s pressure was based on the higher yields and selectivity to organic soluble 
products obtained in experiments discussed in the previous section. Changes in the O/Ostoich 
ratio of the system were achieved with variations in the amount of phenanthrene loaded into 
the reactor while keeping a constant volume of 1.2 mL of H2O2 solution fed. O/Ostoich ratios of 
0.1, 0.2, 0.4 and 0.75 were considered.   
Experimental results in Figure 5.8 show that variations in the O/Ostoich ratio have an important 
influence in phenanthrene conversion as well as in the yields to different product fractions as 
seen in Figure 5.8. 
 
 
Figure 5.8 Effect of O/Ostoich ratio on phenanthrene conversion and product yields at 450 °C, 230 bar 
and 60 min reaction time. 
 
Phenanthrene conversion increased greatly when O/Ostoich ratio increased from 0.1 to 0.2. 
Further increments in the initial oxygen loading resulted in a less pronounced increase in 
conversion. It was observed that changes in the O/Ostoich ratio had an important impact in the 
yield to different product fractions. An important increase in the yield to organic soluble 
products took place when the O/Ostoich ratio increased from 0.1 to 0.2. Interestingly, the yield 
to organic soluble products levelled off with a further increase in the O/Ostoich ratio to 0.4, to 
then decrease with any further increments in the O/Ostoich ratio as shown in Figure 5.8. The 
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results suggest that a maximum yield to organic soluble products was reached at an O/Ostoich 
ratio between 0.2 and 0.4. 
Yields to coke followed a similar trend where a maximum was obtained at an O/Ostoich ratio of 
0.2. Experiments at higher O/Ostoich ratios resulted in an important decrease in the yields to 
coke. In addition, it was observed that any increase in the initial oxygen loading resulted in 
higher yields to gas. The decrease observed in the yields to organic soluble products and 
coke at high initial oxygen loadings is strongly related with an important increase observed in 
the yields to gas. This is thought to be due to the high concentrations of oxygen in the 
system that approaches the stoichiometric oxygen needed for the complete combustion of 
phenanthrene into CO2 and H2O. Therefore, it is highly relevant to determine the selectivity 
towards different product fractions in order to determine an optimum O/Ostoich ratio for the 
process.  
A higher selectivity to organic soluble products was obtained with an O/Ostoich ratio of 0.2, as 
shown in Figure 5.9.  This is mainly due to the difference between the yields to gas obtained 
at O/Ostoich ratios of 0.2 and 0.4, which was higher in the latter case. Nevertheless, the 
analysis of selectivity is not entirely conclusive to select an optimum O/Ostoich ratio as the 




Figure 5.9 Effect of O/Ostoich ratio on the selectivity to organic soluble products at 450 °C, 230 bar and 
60 min reaction time. 
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As in the study on the effect of pressure, the organic soluble fraction was analyzed to 
determine its product distribution and is illustrated in Figure 5.10 . It was observed that with 
an O/Ostoich ratio of 0.2 a broader product distribution was obtained. In addition, higher 
O/Ostoich ratios showed to narrow the product distribution, making the organic soluble product 
more selective to lighter oxygenated products such as benzophenone and fluorenone. These 
products are likely to continue to react into gas, which is in good agreement with the 
increase in gas yields observed. 
 
 
Figure 5.10 Effect of O/Ostoich ratio on the organic soluble product distributon at 450 °C, 230 bar and 
60 min reaction time. 
 
From these results it can be implied that when high oxygen concentrations are present, 
oxidation reactions predominate over any other reactions occurring. However, when reaction 
takes place at low O/Ostoich ratios, it is thought that oxidation reactions are dominant at early 
reaction stages until the amount of oxygen is entirely consumed. Once the oxygen in the 
system has depleted, the reactivity of the medium decreases, and only reactions between 
the organic intermediates and either water or hydrogen (formed in-situ) continue to take 
place. This could explain the high concentration of fluorene and benzophenone obtained at 
an O/Ostoich ratio of 0.1 as seen in Figure 5.10. 
An interesting trend was observed for the O/C molar ratio in the organic soluble product, 
which was found to be dependent of the O/Ostoich ratio in the system, as shown in Figure 
5.11. An increase in the O/Ostoich ratio from 0.1 to 0.2 had an important increase in the O/C 
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molar ratio where a maximum was found.  Further increments in the O/Ostoich ratio resulted in 
a decrease in O/C molar ratio in the organic soluble fraction. It is thought that this is mainly 
due to the higher yields to gas obtained at high initial oxygen loadings as previously shown 
in Figure 5.8.                                                                                                                                                   
 
 
Figure 5.11 Effect of O/Ostoich ratio on the organic soluble product molar O/C ratio at 450 °C, 230 bar 
and 60 min reaction time. 
 
Great dependence was observed between the composition of the gas product and the 
O/Ostoich ratio as seen in Figure 5.12. 
An increase in the O/Ostoich ratio resulted in an important decrease in the concentration of H2 
in the gas fraction. However, the opposite effect was observed with CO2, whose 
concentration increased greatly with O/Ostoich ratio.  Similarly to H2, the concentration of CH4 
decreased with increments in the O/Ostoich ratio. A different trend was observed with CO that 
initially increased with an increase in the O/Ostoich ratio to find a maximum at 0.4. However, a 
further increment in the O/Ostoich ratio to 0.75 resulted in an important decrease in CO 
concentration to negligible values as shown in Figure 5.12. 
It is believed this was mainly the result of the high initial oxygen loading, which approaches 
condition of complete combustion as was mentioned previously. Two competing reactions 
were identified from the analysis of the gas fraction, namely oxidation and gasification-
reforming. At lower initial oxygen loadings it was concluded from the higher H2 
concentrations that the second reaction becomes more relevant. At high oxygen loadings, it 
was concluded that mainly oxidation reactions take place, as seen from the higher CO2 
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concentration obtained. Similar trends in gas composition have been reported in literature 
(201). 
 
Figure 5.12 Effect of O/Ostoich ratio on the gas product composition at 450 °C, 230 bar and 60 min 
reaction time. 
 
In conclusion, based on the higher selectivity to organic soluble products obtained and the 
higher O/C molar ratio, it was decided that an optimum O/Ostoich ratio was found at 0.2, which 
was used in further studies. 
 
5.3.1.3. Effect of temperature 
Experiments to determine the effect of temperature in the process were performed at a fixed 
pressure of 230 bar and an O/Ostoich of 0.2 and 60 min reaction time based on results 
obtained in previous sections. Process temperatures of 360, 380, 400, 425 and 450 °C were 
selected to assess the process at both near-critical and supercritical conditions as 
graphically represented in Figure 5.13.  
 
 
Figure 5.13 Operating temperatures studied within the near-critical – supercritical temperature 
conditions. 
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It was observed that an increase in temperature resulted in higher phenanthrene 
conversions. Yields to different product fractions showed to increase with temperature. A 
greater effect with increments in temperature was observed for the yields to organic soluble 
products than for the rest as shown in Figure 5.14. 
 
 
Figure 5.14 Effect of temperature on phenanthrene conversion and product yields at 230 bar, 0.2 
O/Ostoich ratio and 60 min reaction time. 
 
Figure 5.14 shows that increments in temperature between 360 °C and 400 °C resulted in an 
almost linear increase in the yield to organic soluble products, keeping yields to coke and 
gas lower than 4%. However, at temperatures above 400 °C, yields to organic soluble 
products started to gradually level off while the yields to gas started to increase gradually. It 
was observed that yields to coke linearly increased with temperature and remained below 
10% at all temperatures studied. However, gas production showed to be unaffected by 
temperature increments until temperature reached 450 °C, where it increased considerably 
to values close to 10%. 
Selectivity to organic soluble products showed little changes with temperature compared to 
the ones observed in the previous sections analyzing pressure and O/Ostoich ratio changes. 
High selectivities over 60% were achieved at all reaction temperatures studied as shown in 
Figure 5.15. Higher selectivities to organic soluble products with values around 70% were 
obtained at temperatures between 400 and 425 °C. When temperature was further 
increased to 450 °C, a reduction in the selectivity to organic soluble products was registered. 
It is thought that this is mainly due to the increase observed in the yield to gas, as has been 
previously discussed.  
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Experiments at temperatures below 400 °C resulted in lower selectivities to organic soluble 
products mainly due to the considerably lower organic soluble product yields obtained.  
 
 
Figure 5.15 Effect of temperature on the selectivity to organic soluble products at 230 bar, 0.2 O/Ostoich 
ratio and 60 min reaction time. 
 
Figure 5.16 shows that an increase in reaction temperature resulted in a broader product 
distribution in the organic soluble fraction. This is thought to be the result of an increase in 
the rate of reactions such as oxygenation and cracking, which results in higher yields to 
organic soluble products and also in a broader product distribution. 
 
 
Figure 5.16 Effect of temperature on the organic soluble product distributon at 230 bar, 0.2 O/Ostoich 
ratio and 60 min reaction time. 




A relation between the O/C molar ratio in the organic soluble fraction and temperature was 
observed. Figure 5.17 illustrates that the amount of oxygen incorporated into the organic 
soluble fraction increases with an increase in temperature.  
 
 
Figure 5.17 Effect of temperature on the organic soluble product molar O/C ratio at 230 bar, 0.2 
O/Ostoich ratio and 60 min reaction time. 
 
In addition, considerably higher O/C molar ratios were obtained at temperatures above the 
critical temperature than the ones obtained at subcritical temperature. This may well be the 
result of the reduced mass transfer limitations encountered in SCW as well as the complete 
solubility of oxygen in the reaction medium, which facilitates the occurrence of oxidation 
reactions. 
Low yields to gas below 3% were registered at all reaction temperatures with the exception 
of 450 °C where a yield of 10% was obtained. Analysis of the gas fraction was not performed 
for experiments at 360 °C due to the low amount of gas recovered. A H2 rich gas product 
was obtained at all reaction temperatures studied as shown in Figure 5.18.  
The effect of temperature on the concentration of H2 and CO2 with respect to CH4 and CO 
differed greatly. An increase in temperature resulted in higher concentrations of H2 and CO2 
in the gas fraction. In contrast, CO and CH4 concentrations decreased with temperature as 
observed in Figure 5.18. It is thought that the increase in H2 concentration could be the 
result of higher rates of cracking and WGSR reactions at higher temperatures. This could 
also explain the decrease observed in the concentration of CH4 and CO with temperature. In 
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addition, rates of oxidation are also increased by the effect of temperature, which can 
potentially explain the increase observed in the concentration of CO2. Similar trends in gas 
composition with temperature were observed by Guo et al in their work on hydrothermal 
gasification in the presence of an oxidizer (202,203).  
 
 
Figure 5.18 Effect of temperature on the gas product composition at 230 bar, 0.2 O/Ostoich ratio and 60 
min reaction time. 
 
5.3.2. Effect of reaction time and determination of the reaction pathway 
Table 5.2 shows the experimental conditions used to study the effect of reaction time in the 
oxidative cracking of phenanthrene. A pressure of 230 bar and an O/Ostoich ratio of 0.2 were 
used as they were found to be optimum conditions for obtaining organic soluble products as 
discussed in previous sections. Experiments at different temperatures (400, 425 and 450 °C) 
and reaction times (0, 30, 60 and 90 min) were performed to assess the effect of reaction 
time in phenanthrene conversion, product yields and selectivities as well as to study the 
evolution of reaction products and propose a potential reaction pathway. 
Table 5.2 Experimental conditions to study oxidative cracking of phenanthrene in SCW at different 
reaction times and temperatures. 
Parameter Studied  Experimental Conditions 
Reaction Time (min) 0, 30, 60 and 90 
Temperature (°C) 400, 425 and 450 
Pressure (bar) 230 
O/Ostoich ratio 0.2 
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5.3.2.1. Effect of reaction time 
Figure 5.19 shows that phenanthrene conversion increased with reaction time to reach a 
plateau where no significant changes (within experimental error) were registered after 60 
min for all reaction temperatures. 
 
 
Figure 5.19 Effect of reaction time on phenanthrene conversion varying temperature (400, 425 and 
450 °C) at 230 bar and 0.2 O/Ostoich ratio.  
The trends observed suggest that phenanthrene reacts in the presence of reactive oxygen 
species (ROS) abundant at early stages of reaction and stops reacting once these are 
consumed.  In order to prove the unreactive nature of phenanthrene in SCW alone, 
experiments in the absence of an externally supplied oxidizer were performed at 450 °C and 
reaction times of 60 and 90 min. Conversion of phenanthrene during these experiments was 
negligible and the phenanthrene initially loaded into the reactor was recovered within 
experimental error. This could explain the reason for phenanthrene conversion to level off at 
longer reaction times (60 and 90 min) as most of the ROS in the medium have been 
consumed and phenanthrene stops reacting. 
Yields to organic soluble products at the three temperatures increased al short reaction 
times until they reached 60 min where a maximum was found to then decrease sharply at 90 
min, as shown in Figure 5.20. This is an indication that contrary to the trend observed with 
phenanthrene, intermediate oxygenated products continue to react in SCW alone to form 
lighter compounds leading eventually to gas. In addition, at 450 °C a sharper decrease in the 
yields to organic soluble products was registered between 60 and 90 min as seen in Figure 
5.20. This is thought to be the result of higher rates of cracking enhanced by the higher 
reaction temperature. 





Figure 5.20 Effect of reaction time on the yield to organic soluble products varying temperature (400, 
425 and 450 °C) at 230 bar and 0.2 O/Ostoich ratio. 
 
This interpretation is reinforced by the yields to gas obtained as shown in Figure 5.21.  
 
 
Figure 5.21 Effect of reaction time on the yield to gas varying temperature (400, 425 and 450 °C) at 
230 bar and 0.2 O/Ostoich ratio. 
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Yields to gas showed similar trends at the three reaction temperatures studied. At short 
reaction times (0 and 30 min) gas yields remained low and started to considerably increase 
after 60 min of reaction. This increment becomes highly relevant at 450 °C where a sharp 
increase in the yield to gas was registered between 60 and 90 min. The trends observed are 
in good agreement with the ones obtained for the yields to organic soluble products. The 
increase in the yield to gas observed after 60 min is thought to be the result of cracking 
reactions of intermediate products, which reduced the yields to organic soluble products as 
previously discussed. 
A constant increase in the yields to coke with reaction time was observed at all temperatures 
studied. Figure 5.22 shows that after 60 min, yields to coke start to gradually level off at 400 
and 425 °C. It is thought that this is the result of the decrease in the reactivity of the medium, 
which is linked with the reduced availability of ROS. This effect was less noticeable at 450 
°C, as at higher temperatures some degree of thermal cracking can be achieved, which may 
result in radical recombination reactions to form coke. Overall, higher temperatures resulted 
in higher yields to coke. 
 
 
Figure 5.22 Effect of reaction time on the yield to gas varying temperature (400, 425 and 450 °C) at 
230 bar and 0.2 O/Ostoich ratio. 
 
Analysis of the oxygen incorporation into the organic soluble products showed that at short 
reaction times, higher O/C molar ratios are achieved. An increase in reaction time at all 
temperatures resulted in a gradual decrease in the O/C molar ratio as shown in Figure 5.23.  
 




Figure 5.23 Effect of reaction time on the organic soluble product molar O/C varying temperature 
(400, 425 and 450 °C) at 230 bar and 0.2 O/Ostoich ratio. 
 
This suggests that at early reaction stages where high concentrations of ROS in the system 
are present, oxygen incorporation rates into the organic soluble product are also high. The 
oxygen rich organic soluble fraction was mainly composed of anthraquinone and xanthone. 
However, at higher reaction times, where ROS are consumed, oxygenated intermediate 
products continue to react to form lighter intermediates eventually leading into the formation 
of gas. At this stage, part of the oxygen initially incorporated is lost in cracking and reduction 
reactions, which result in a decrease in the O/C molar ratio of the organic soluble fraction. 
Table 5.3 shows the gas compositions obtained at all reaction conditions studied. It can be 
observed that similar compositions were obtained regardless of the process conditions. 
Similar trends in gas composition have been observed at similar reaction conditions as 
reported in literature (204). H2 concentration increased slightly with reaction time to reach a 
maximum between 30 and 60 min. However, an increase in reaction time to 90 min resulted 
in a decrease in H2 concentration, which is thought to be caused by its consumption in 
hydrogenation reactions of intermediate products at late stages of reaction. CH4 followed a 
similar trend by first increasing to find a maximum at the same interval to then decrease at 
longer reaction times. CO2 showed an opposite trend with a slight decrease at shorter 
reaction times to find a minimum between 30 and 60 min to then increase considerably at 
late reaction stages especially at 425 and 450 °C. This trend is in good agreement with the 
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which showed an important decrease at longer reaction times. This is thought to occur as a 
result of the release of oxygen, initially incorporated to the product intermediates into the gas 
fraction, in the form of CO2. 
Table 5.3  Effect of reaction time on the gas product composition by varying temperature (400, 425 
and 450 °C) at 230 bar and 0.2 O/Ostoich ratio. 
Temperature (°C) Time (min) Gas Fraction Composition (%v/v) 
    H2 CO CH4 CO2 
400 °C 
0 38 15 5 42 
30 46 13 7 34 
60 41 21 6 32 
90 40 18 4 38 
425 °C 
0 43 17 4 36 
30 43 20 7 30 
60 43 21 5 31 
90 39 18 1 42 
450 °C 
0 45 21 2 32 
30 47 15 4 34 
60 48 9 4 39 
90 39 12 1 48 
 
5.3.2.2. Reaction pathway 
The organic soluble product fraction recovered in each experiment, was analyzed through 
GC-MS to identify the intermediate products of reaction obtained. Then, products were 
organized by order of appearance according to the reaction temperature in order to follow 
their evolution with reaction time as shown in Table 5.4.  
Table 5.4 Products of the oxidative cracking of phenanthrene identified through GC-MS at 230 bar, 
0.2 O/Ostoich, reaction times of 0, 30, 60 and 90 min and temperatures of 400, 425 and 450 °C. 
Temperature (°C) 400 °C 425 °C 450 °C 
Reaction time (min) 0 30 60 90 0 30 60 90 0 30 60 90 
Anthraquinone X X X X X X X X X X X  
Xanthone   X X X X X X X X X X  
Fluorenone  X X X  X X X  X X  
Fluorene  X X X  X X X  X X X 
Phenanthrenequinone   X   X X   X X  
Naphthalic Anhydride   X X   X   X X  
Pyrene    X X   X   X X  
Heavier    X   X      
Benzophenone    X    X X   X  
Xanthene        X   X X 
Dibenzofuran    X   X X    X 
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According to results in Table 5.4, at zero min the only product found at all temperatures was 
anthraquinone. In addition, at 425 °C and 450 °C xanthone was also produced. This 
suggests that a fast oxidation of phenanthrene to produce anthraquinone that continues to 
react into xanthone occurs at early stages of reaction. 
Moreover, Table 5.4 also shows that product distribution varied greatly with temperature and 
reaction time. The broadest product distribution was registered at 425 °C and 60 min 
reaction time where all products, with the exception of xanthene, were recovered. Narrower 
product distributions were obtained at longer reaction times especially at 450 °C. Products 
with lower molecular weight and lower O/C molar ratio were obtained at these conditions.  
The evolution of each individual organic soluble product was followed by determining its 
yield at the different temperatures and reaction times in order to propose a potential reaction 
pathway. According to their order of appearance organic soluble products were categorized 
as products that appear at early or late stages of reaction as shown in Figure 5.24 and 
Figure 5.25 respectively.  
As previously discussed, the main intermediate product obtained at early reaction stages is 
anthraquinone. Figure 5.24 shows that high yields to anthraquinone were obtained at zero 
min, moment at which the reactor reaches reaction temperature. In addition, it was observed 
that an increase in reaction time to 30 min resulted in an increase in the yields to 
anthraquinone where it found a maximum at the three temperatures studied. Further 
increments in reaction time resulted in a decrease in the yield to anthraquinone, which 
suggests that it is a reaction intermediate and further reacts to form other products.  
Xanthone and fluorenone showed a similar behavior increasing their yield to find a maximum 
at 30 min followed by a decrease in yield at longer reaction times. Interestingly, yields to 
xanthone between 60 and 90 min showed a slight increase at 400 °C and 425 °C. This is 
thought to be the result of reversible reactions from other products occurring at longer 
reaction times. It was noted that fluorene was produced at reaction times over 30 min and its 
concentration remained almost constant with changes in time and temperature. This suggest 
that either fluorene was formed at the same rate as it further reacted or that once formed 
fluorene presents as a very stable intermediate unreactive at longer reaction times where 
most of the ROS have been consumed. 
 




Figure 5.24 Yield to early stage organic soluble products of phenanthrene oxidative cracking at 230 
bar, 0.2 O/Ostoich ratio, reaction time of 0, 30, 60 and 90 min and temperatures of 400, 425 and 450°C. 
 
The evolution of products obtained at late reaction stages is represented in Figure 5.25. 
Heavier products such as pyrene were obtained in reactions taking place over 60 min and 
temperatures of 400 °C and 425 °C. This indicates that at longer reaction times 
polymerization reactions into heavier products readily occur. Moreover, pyrene was 
recovered exclusively at 60 min when reaction took place at 450 °C, which suggests that at 
longer reaction times and higher temperature, pyrene may polymerize further leading to coke 
formation. 
 




Figure 5.25 Yield to late stage organic soluble products of phenanthrene oxidative cracking at 230 
bar, 0.2 O/Ostoich ratio, reaction time of 0, 30, 60 and 90 min and temperatures of 400, 425 and 450°C. 
 
Figure 5.25, shows that at 60 and 90 min (late stages of reaction), products like 
dibenzofuran, benzophenone, naphthalic anhydride and xanthene were obtained. It is 
thought that these products can potentially continue to react through cracking and ring 
opening to produce organic acids and other water soluble products that can further 
decompose into gas. In this work water soluble products were not identified and is believed 
that in supercritical water alone, these compounds react to produce gas especially at long 
reaction times studied reason why they were not recovered. 
Based on the yields and product distributions obtained, a reaction pathway shown in Figure 
5.26 was proposed. Potential reactions occurring in the process such as oxidation, 
isomerization, H2O reduction, elimination of CO and ring opening were identified. The 
occurrence of these reactions is in good agreement with other reaction pathways proposed 
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in literature for the hydrothermal oxidation of PAHs in near-critical and supercritical water 
conditions (106,108,109,196). The reactions proposed in Figure 5.26 are the result of 
comparison between the analysis of the evolution of each individual organic soluble product 
and information available in literature. 
It is thought that the hydrothermal oxidative cracking of phenanthrene starts through the 
oxidation of phenanthrene into phenanthrenequinone [1]. This step can occur through 
hydroxylation of the initial phenanthrene followed by a tautomerism reaction (196). Once 
formed, phenanthrenequinone reacts through isomerization to produce anthraquinone [2] 
(108). It is believed that these two steps occur at very high rates as the presence of 
phenanthrenequinone was not detected at early reaction stages (0 min) where the main 
product was anthraquinone as previously shown in Figure 5.24. However, small yields of 
phenanthrenequinone were observed in the product mix at longer reaction times (30 and 60 
min), which strongly suggests that the isomerization step [2] has some degree of 
reversibility. Moreover, it is thought that the reaction proceeds through the production of 
xanthone from anthraquinone via CO elimination followed by a hydroxylation and an 
epoxidation step [3] as suggested in literature (196). This reaction step also proceeds at high 
rates as xanthone was observed at early reaction stages (0 min) at 425 and 450 °C as 
shown in Figure 5.24.  It is proposed that xanthone further reacts through 3 main routes, 
which occur at different reaction stages to give fluorenone, dibenzofuran and xanthene as 
products. At reaction times between 30 and 60 min xanthone yields decreased while an 
increase in the yield to fluorenone was observed. As previously mentioned, at long reaction 
time (90 min) and temperatures of 400 and 425 °C, yields to xanthone increased. This is 
thought to be the result of a reversible reaction from fluorenone [4] that proceeds via three 
consecutive reactions, hydroxylation, epoxidation and H2O loss as suggested in literature 
(109). Moreover, the second potential reaction route is the reduction of xanthone with loss of 
water to produce xanthene [5] that occurs at later stages of reactions as it was only identified 
at longer reaction times (60 and 90 min) and higher temperatures (425 and 450 °C). 
Dibenzofuran was also identified at long reaction times (60 and 90 min) and is thought to be 
the product of the reaction of xanthone through CO elimination [6].  
Similarly, it is believed that fluorenone may react further through two main routes. First, 
fluorene can be formed through the reduction with loss of water of fluorenone [7], as has 
been suggested in literature (106). A second potential route is the reaction of fluorenone 
through hydroxylation and epoxidation [8] to form dibenzofuran (109). In addition, 
dibenzofuran could also be obtained through a decomposition, hydroxylation and 
epoxidation step [9] from fluorene (109). 
 




Figure 5.26 Proposed reaction pathway for the oxidative cracking of phenanthrene in SCW.  
 
Table 5.5 Summary of reactions proposed for the reaction pathway of the oxidative cracking of 
phenanthrene in SCW. 
Reaction Pathway 
[1] Oxidation of phenanthrene to phenanthrenequinone. 
[2] Isomerization reaction from phenanthrenequinone to anthraquinone. 
[3] Formation of xanthone through CO elimination + hydroxylation + epoxidation from 
anthraquinone. 
[4] Formation of fluorenone from xanthone through hydroxylation + epoxidation + H2O loss. 
[5] Formation of xanthene from xanthone through reduction + H2O loss. 
[6] Formation of dibenzofuran from xanthone through CO elimination. 
[7] Formation of fluorene from fluorenone through reduction + H2O loss. 
[8] Formation of dibenzofuran from fluorenone through hydroxylation + epoxidation. 
[9] Formation of dibenzofuran from fluorene through decomposition + hydroxylation + 
epoxidation. 
[10] Formation of pyrene from phenanthrene through polymerization. 
[11] Formation of naphthalic anhydride from phenanthrenequinone through isomerization + 
ring opening + hydroxylation + oxidation. 
[12] Formation of benzophenone from anthraquinone through ring opening + CO elimination. 
 
A series of secondary reactions were identified at late stages of reaction. The formation of 
pyrene at longer reaction times from 30 to 90 min, depending on temperature, was obtained 
as shown in Figure 5.25. This is thought to be the result of polymerization reactions between 
phenanthrene and other reaction intermediates [10] to produce larger polyaromatic 
structures (heavier compounds). Further polymerization reactions of these heavier 
compounds are thought to be the main route leading to coke formation. Formation of 
naphthalic anhydride was observed at long reaction times (30 to 90 min) depending on the 
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temperature of the system. It is thought that this may be the result of the reaction of 
phenanthrenequinone via isomerization, ring opening, hydroxylation and oxidation [11] to 
produce naphthalic anhydride as suggested in literature (196). Finally, benzophenone was 
also obtained at long reaction times (60 and 90 min) at all temperatures. It is thought that 
benzophenone is produced from the decomposition with ring opening of anthraquinone as a 
result of CO elimination as suggested in literature (106). In addition, it is believed that some 
of the oxygenated intermediate products obtained such as xanthone, xanthene, 
dibenzofuran and fluorenone, may react further to form water soluble products, which 
decompose fast into gas products. 
 
5.4. CONCLUSIONS 
The effect that process conditions pressure, O/Ostoich ratio and temperature have in the 
hydrothermal oxidative cracking of phenanthrene in NCW and SCW were investigated.  
Overall, pressure changes in the system did not have a perceptible impact in phenanthrene 
conversion but they did greatly influence the yields to organic soluble products and gas 
obtained. Yields to coke were not affected by changes in the system pressure.  An optimum 
operating pressure, where higher yields to organic soluble products as well as a higher O/C 
molar ratios within the organic soluble fraction were observed at 230 bar. Gas composition 
showed great dependence on the system pressure. A H2 rich gas was produced with the 
lowest CO2 concentration at a reaction pressure of 230 bar.  
Increments in the O/Ostoich ratio resulted in higher phenanthrene conversions whereas yields 
to product fractions showed a different behavior. A maximum yield to organic soluble 
products was obtained at O/Ostoich ratios between 0.2 and 0.4, which decreased with any 
further increment in O/Ostoich ratio. As a result, gas yields increased considerably at high 
O/Ostoich ratios. Yields to coke showed a similar trend to the organic soluble products by 
increasing to find a maximum at an O/Ostoich ratio of 0.2. The initial oxygen loading had an 
important impact on the composition of the gas fraction, which showed high concentrations 
of H2 at low O/Ostoich ratios. An optimum O/Ostoich ratio for the reaction was found at 0.2, 
where the selectivity to organic soluble products was higher as well as the O/C molar ratio.  
An increase in reaction temperature resulted in both an increase of phenanthrene 
conversion and an increase in the yields to all product fractions. A maximum selectivity to 
organic soluble products was obtained between 400 and 425 °C. Moreover, a constant 
increase in the O/C molar ratio with temperature was observed. In addition, it was concluded 
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that gas concentration depends on reaction temperature and that H2 and CO2 concentrations 
also increased with any increase in temperature. 
Phenanthrene conversion increased with reaction time to reach a plateau after 60 min at all 
conditions studied. This shows that at early reaction stages with high ROS concentrations, 
phenanthrene was highly reactive. In contrast, at longer reaction times (60 min), when ROS 
were consumed, phenanthrene showed to be stable and did not react further. Intermediate 
organic soluble product yields showed a maximum at 60 min to then decrease at longer 
reaction times, which shows that in the absence of ROS, intermediate products still react. 
Decomposition of oxygenated intermediates at long reaction times resulted in high yields to 
gas. These observations are in good agreement with the decrease in the O/C molar ratio in 
the organic soluble fraction observed, which is attributed to carbon and oxygen rejection into 
the gas fraction. At all conditions low yields to coke were obtained, which proves that water 
at near-critical and supercritical conditions can aid preventing polymerization reactions and 
hence coke formation. 
Based on the intermediate products evolution and supported on information from literature, it 
was concluded that the main potential reactions occurring in the oxidative cracking of 
phenanthrene in NCW and SCW are oxidation, isomerization, reduction, CO elimination, 
cracking and ring opening. It was determined that the organic soluble product fraction was 
mainly composed of oxygenated hydrocarbons such as oxygen-containing heterocycles, 
ketones, furans as well as some PAHs. A reaction pathway for the oxidative cracking of 
phenanthrene was also proposed. 
 
Chapter 6 
Continuous Oxidative Cracking of 
Methyl Naphthalene in Supercritical 
Water  
6. Continuous Oxidative Cracking of Methyl Naphthalene in Supercritical Water 
This work focuses in the study of the continuous oxidative cracking of heavy oil in SCW 
using methyl naphthalene as model compound. In order to do this, a continuous flow reactor 
was designed and built as extensively explained in Chapter 3 and Chapter 4. The main 
objective pursued was to gain an understanding of the process at early stages of reaction 
with the aim of identifying initial intermediate species and study the evolution of the reaction 
products. 
 
6.1. INTRODUCTION  
Due to the complex nature of heavy oils, getting a proper understanding of the reactions 
taking place at NCW and SCW conditions is not an easy task to accomplish. In order to 
achieve this, studies with specific model compounds that represent chemical structures 
commonly found in heavy oils have been performed. This has proven useful to gain some 
insight into the main reactions occurring in the system and also to understand the effect of 
process variables as reported in Chapter 5. Most of the literature available on the partial 
oxidation of PAHs in NCW and SCW, used batch reaction set ups (108,109,196). Some of 
the drawbacks of using a batch system are the heating time required to reach reaction 
temperature and the limitations in terms of the minimum reaction times at which the reactor 
can operate. This complicates the study of the process at early reaction stages and the 
determination of the reaction kinetics. In order to overcome this, a flow reaction system was 
designed and built. 
Supercritical water oxidation of organic compounds in SCW has been considered 
extensively as a process to totally convert hazardous organic substances present in waste 
water streams into CO2 and H2O. Studies with organic compounds commonly found in waste 
water streams such as phenol (67,205,206), organic acids (207,208), chlorinated organic 
compounds (209,210) and nitrogen containing organic compounds (136,137) were 
performed with high conversions in continuous reaction systems. However, few studies have 
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been performed on the continuous partial oxidation of organic compounds to valuable 
intermediates (211,212). 
The aim of this work is to study the oxidative cracking of heavy oil model compound methyl 
naphthalene in a continuous flow reactor at early reaction stages. Short residence times of 
up to one min and temperatures between 400 and 450 °C were studied with the aim of 
identifying initial reaction intermediate species and to follow the evolution of the different 
products obtained to determine a potential reaction pathway. 
 
6.2. EXPERIMENTAL 
Experiments on the oxidative cracking of heavy oil model compound methyl naphthalene in 
SCW were performed in a continuous flow reactor described in Section 3.2.2 and Section 
4.1.2. Briefly, an organic feed composed of Sigma-Aldrich Methyl Naphthalene 97% and an 
aqueous feed composed of DI water and VWR H2O2 solution 30% w/v as oxidant were fed 
into the system according to the process conditions needed by means of a Varian LC Star 
9002 and a Varian LC Star 9010 HPLC pumps respectively. Then the H2O2 solution passed 
through the H2O2 decomposition reactor where it was fully converted into H2O and O2. The 
organic and the H2O/O2 stream were mixed in a mixing section to then pass through the 
partial oxidation reactor at SCW conditions. Products of reaction were recovered following 
the procedure detailed in Section 4.1.2.3. Organic soluble products were analyzed through 
GC-FID and GC-MS, gas products through GC-TCD and coke was determined through 
TGA. Analytical procedures are extensively described in Section 4.1.3.     
 
6.3. RESULTS AND DISCUSSION 
6.3.1. Oxidative cracking experiments varying temperature and residence time 
In these experiments, reaction temperature and residence time were varied keeping 
pressure at 230 bar that is the optimum value found from the results previously discussed in 
Chapter 5. It was reported that the partial oxidation of PAHs begins in an initial attack of an 
OH radical to the aromatic ring in order to form an aromatic alcohol (196). In the results 
presented in Chapter 5 no aromatic alcohol species were observed among the product mix 
suggesting that formation and decomposition of these species are fast reactions. As one of 
the main objectives of this work is to gain a fundamental understanding of the process at 
early reaction stages and to analyze the initial intermediate products, it was considered that 
the reaction should be performed at lower residence times and also reducing the O/Ostoich 
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ratio. In order to do this, a theoretical estimation of the O/Ostoich ratio needed to convert 
methyl naphthalene into methyl naphthol showed that an O/Ostoich ratio of 0.05 should suffice.  
This was used to adjust the amount of oxygen fed into the system. The experimental 
conditions used in this study are detailed in Table 6.1. 
Table 6.1 Experimental conditions to study the continuous oxidative cracking of methyl naphthalene in 
SCW varying temperature and residence time. 
Parameter Value 
Temperature (°C) 400, 425 and 450 
Residence Time (s) 15, 30, 45 and 60 
Pressure (bar) 230 
O / Ostoich ratio 0.05 
Water / organic ratio 12 
 
Results obtained are presented in the form of methyl naphthalene conversion, yield and 
selectivity to different product fractions (organic soluble, gas and coke) and O/C ratio in the 
organic soluble products. These are calculated using Equations 6.1 to 6.4. Methyl 
naphthalene conversion was calculated with Equation 6.1 where Cmol0MN stands for the 
carbon moles in the initial methyl naphthalene fed and CmolfMN stands for the carbon moles 
of methyl naphthalene at the outlet of the. 
 





0                             (6.1) 
 
Yields to the different product fractions were calculated with Equation 6.2 where Cmoli 
stands for the carbon moles in the product fraction. 
 
                                            𝑌𝑖𝑒𝑙𝑑𝑝𝑟𝑜𝑑 =
𝐶𝑚𝑜𝑙𝑖
𝐶𝑚𝑜𝑙𝑀𝑁
0                                               (6.2) 
 
The selectivity to each product fraction was determined using Equation 6.3 
 




𝑓                            (6.3) 
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Analysis of the organic soluble fraction showed that as expected all the organic soluble 
products were oxygenated compounds such as alcohols, quinones and oxygen containing 
heterocycles, as shown in Figure 6.1. Products of similar nature have been reported for PAH 
oxidation when reactions were carried out in hydrothermal conditions (105,196). 
 
 
Figure 6.1 Organic soluble products from the continuous oxidative cracking of methyl naphthalene in 
SCW, identified through GC-MS 
 
6.3.1.1. Methyl naphthalene conversion 
 Methyl naphthalene conversion was calculated for experiments performed at different 
temperatures (400 °C, 425 °C and 450 °C) and residence times of 15, 30, 45 and 60 (at 
400 °C only) s. As observed in Figure 6.2, methyl naphthalene conversions over 30% were 
achieved at all reaction conditions studied. This suggests that during the oxidative cracking 
process, the partial oxidation of polycyclic aromatic structures occur at high reaction rates in 
very short residence times. Similar observations have been reported in literature where 
oxidation of organic compounds in hydrothermal conditions was achieved with high 
conversions in short times (65,205). 
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It was observed that both temperature and residence time have an impact in methyl 
naphthalene conversion. Figure 6.2 shows that an increase in temperature results in a slight 
increase in conversion. This is more evident at short residence times (15 and 30 seconds) 
where 10 % more conversion was achieved at 450 °C than at 400 °C. At longer residence 
times, the effect of temperature becomes less evident. It is believed that this is related to the 
amount of oxygen available to react in the medium. At initial reaction stages, the amount of 
oxygen available is high and therefore an increase in temperature impacts oxidation rates , 
which results in higher conversions. However, in experiments at longer residence times, 
oxygen becomes the limiting reactant. Therefore, the effect of temperature is diluted as 
PAHs were found to be unreactive in water alone as discussed in Chapter 5. 
 
 
Figure 6.2 Methyl naphthalene conversion varying temperature and residence time at 230 bar, 0.05 
O/Ostoich ratio and 12 water/org ratio. 
 
Methyl naphthalene conversion showed an important increase with an increase in residence 
time at early reaction stages until it reached a plateau as observed in experiments performed 
at 400 °C shown in Figure 6.3. This behaviour reinforces the explanation presented above 
as it makes evident that at shorter residence times, when the concentration of reactive 
oxygen species (ROS) in the system is high, conversion will show an important increase as 
occurred between 15 and 45 s. However, when most of the ROS have been consumed at 
longer residence time, conversion reaches a plateau as observed between 45 and 60 s. 
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6.3.1.2. Yields to reaction products 
Figure 6.3 shows the evolution of methyl naphthalene conversion and the product yields as a 
function of residence time when reaction took place at 400 °C. At this temperature, a clear 
trend with two reaction regimes (reactions in SCW+O2 and in SCW alone) in the oxidative 
cracking process can clearly be observed. In the first regime, where concentration of ROS in 
the medium is high, an increase in conversion results in an increase in the yield to organic 
soluble products, until a maximum is reached between 30 and 45 s. This is believed to be 
the result of the oxidation of methyl naphthalene to produce oxygenated intermediates, 
which is the main reaction taking place. Moreover, an increase in the yields to gas was also 
seen within the initial 30 s. This may be due to further oxidation or to thermal decomposition 
of oxygenated intermediates. At the reaction conditions studied negligible yields to coke 
were obtained.    
 
Figure 6.3 Methyl naphthalene conversion and yield to products varying residence time at 400 °C, 
230 bar, 0.05 O/Ostoich and 12 water/org ratio. 
 
At residence times over 30 s, the low concentration of ROS in the medium produces a 
change in reaction regime in which reactions take place in SCW alone. Interestingly it was 
observed that while conversion of methyl naphthalene reached a plateau, yields to organic 
soluble compounds decreased further with increments in residence time. From this 
observation it can be inferred that methyl naphthalene is unreactive in SCW alone. In order 
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to prove this, a series of experiments at the same reaction conditions but in the absence of 
oxygen were performed. It was observed that in the absence of oxygen negligible 
conversions of methyl naphthalene were obtained proving its unreactive nature in SCW 
alone. However, oxygenated intermediates generated from methyl naphthalene oxidation 
continue to react in the absence of ROS to form lighter products and gas resulting in a 
decrease in its yield. This is in good agreement with the increase in gas yield with residence 
time as seen in Figure 6.3. However, coke yields seem not to be affected by a change in 
reaction regime and are kept at low values (below 4%) at the different residence times 
studied. 
The effect of reaction temperature in the yields to organic soluble products at different 
residence times is shown in Figure 6.4. As previously discussed, when reaction took place at 
400 °C a clear trend with a maximum between 30 and 45 s was obtained. However, at 
higher temperatures (425 °C and 450 °C) a steady decrease in the yields to organic soluble 
products was observed with any increments in residence time. It is believed that temperature 
has an important influence on the oxidation rates, which are especially high at early stages 
of reaction. This can explain the decreasing trend observed at 425 °C and 450 °C as yields 
to organic products could have reached a maximum at residence times below 15 s. This 
cannot be proved as with the current reaction set up it is not possible to work at shorter 
residence times.  
 
 
Figure 6.4 Yield to organic soluble products varying residence time and temperature at 230 bar, 
0.05 O/Ostoich ratio and 12 water/org ratio. 
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Figure 6.5 shows that yields to gas increase with an increase in residence time. This is in 
good agreement with the trends previously described for organic soluble products as gas 
production is thought to be the result of the decomposition of oxygenated intermediates, 
which can proceed in SCW alone leading to the formation of lighter products and eventually 
gas.  
Moreover, an important dependence between gas yield and reaction temperature was 
identified. An increase in temperature results in an increase in the rate of gas formation as 
seen in Figure 6.5. This is evident when comparing the trends for gas production, as at 
higher reaction temperatures a steeper increase in the yield to gas was obtained with 
increasing residence time. At short residence times, when less gas was produced, 




Figure 6.5 Yield to gas varying residence time and temperature at 230 bar, 0.05 O/Ostoich ratio and 12 
water/org ratio. 
 
Similarly, a direct relation was observed between the yield to coke and both reaction 
temperature and residence time. Figure 6.6 shows that an increase in residence time 
resulted in an increase in coke formation. At 450 °C the increase in the yields to coke was 
more pronounced than the ones obtained at 425 °C and 400 °C. This suggests that higher 
temperatures may promote polymerization reactions that were not favored at lower reaction 
temperatures, which is in good agreement with the results obtained with phenanthrene 
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reported in Chapter 5. Overall, coke yields obtained were low, below 6%, at all reaction 
conditions studied.  
 
 
Figure 6.6 Yield to coke varying residence time and temperature at 230 bar, 0.05 O/Ostoich ratio and 12 
water/org ratio. 
 
6.3.1.3. Selectivity to organic soluble products 
 
Figure 6.7 shows the selectivity to organic soluble products as a function of residence time 
at 400 °C. It can be observed that selectivities to organic soluble products near 60% were 
obtained when reaction took place at short residence times.  
However, a gradual decrease in the selectivity to organic soluble products was observed 
when increasing residence time. This is the result of the important increments in the yield to 
gas registered at longer residence times. Decomposition of oxygenated intermediates 
leading to gas and the lack of reactivity of methyl naphthalene in the absence of ROS are 
thought to be the reasons for the decrease in the selectivity to organic soluble products. 
Values of selectivity to organic soluble products and Coke+Gas at different reaction 
temperatures and residence times are reported in Table 6.2. It can be observed that the 
decreasing trend in the selectivity to organic soluble products was obbtained at all reaction 
temperatures studied.  




Figure 6.7 Selectivity to organic soluble products varying residence time at 400 °C, 230 bar, 0.05 
O/Ostoich and 12 water/org ratio. 
 
Table 6.2 Selectivity to organic soluble products varying residence time and temperature at 230 bar, 
0.05 O/Ostoich and 12 water/org ratio. 
 400°C 425°C 450°C 
 Org Soluble Gas+Coke Org Soluble Gas+Coke Org Soluble Gas+Coke 
15s 0.60 0.40 0.66 0.34 0.61 0.39 
30s 0.57 0.43 0.48 0.52 0.32 0.68 
45s 0.42 0.58 0.32 0.68 0.19 0.81 
60s 0.27 0.73 - - - - 
 
6.3.1.4. O/C ratio in the organic soluble fraction 
One of the main objectives of this process is the incorporation of oxygen to the aromatic 
structure of the PAH with the aim to weaken it and enable its further cracking. In order to 
evaluate the incorporation of oxygen into the organic soluble fraction, a ratio between the 
moles of oxygen and the moles of carbon has been calculated and reported in Figure 6.8. It 
can be observed that early in the reaction an increase in the O/C ratio reflects the initial 
incorporation of the available ROS into the organic soluble fraction. At longer residence 
times, the trends observed suggest that the O/C ratio reaches a maximum and then 
decrease as a result of cracking and oxygen rejection reactions that form gas products. It 
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has to be noted that at these conditions small changes in the O/C ratio were registered (in 
some cases within experimental error). 
In addition, it was observed that reaction temperature had an impact on the O/C ratio of the 
organic soluble fraction. At 400 °C, the O/C ratio increased between 15 and 45 s to then 
remain almost unchanged at 60 s residence time. However, at 450 °C a clear maximum in 
O/C ratio was observed at 30 s. Interestingly, conversion of methyl naphthalene continues to 
increase at 30 s residence time, which strongly suggests that the decrease in the O/C ratio 
at higher residence times may be caused by greater oxygen removal rates into the gas 
phase mainly in the form of CO and CO2. This was not observed in reactions at 400 °C in 
which slower reaction rates are expected. 
The trends observed confirm a pathway involving an initial oxidation of the PAH followed by 
the decomposition of the oxygenated intermediates and the partial de-oxygenation in SCW 
in the absence of oxygen.  
 
 
Figure 6.8 O/C ratio in the organic soluble product fraction varying temperature and residence time at 
230 bar, 0.05 O/Ostoich ratio and 12 water/org ratio. 
 
6.3.1.5. Analysis of the gas products 
Changes in temperature and residence time have an important impact on the yields to gas 
produced and the composition of the gas obtained.  Table 6.3 shows that at early stages of 
reaction the gas product is mainly composed of CO and CO2 as a result of the initial 
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oxidation reactions. Interestingly, negligible concentrations of methane were obtained at all 
reaction conditions studied. It is believed that methane is mainly formed as a result of 
cracking and hydrogenation reactions of intermediate species that occur at later stages of 
reaction. Moreover, the large excess of water in the system would promote methane 
reforming reaction shifting its equilibrium towards CO and H2. It was also reported in 
literature that at short residence time and in the presence of ROS in the medium, CH4 
concentrations near zero were obtained (136). 
An important relation between H2 concentration in the gas, reaction temperature and 
residence time was observed. An increase in residence time resulted in an important 
increase in the concentration of H2 in the gas product. The increase in concentration of H2 
with residence time was more pronounced at higher temperatures.   
Table 6.3 Gas product composition varying temperature and residence time at 230 bar, 0.05 O/Ostoich 
ratio and 12 water/org ratio. 
 400  °C 425 °C 450 °C 
Residence 
Time (s) 
H2 CO CH4 CO2 H2 CO CH4 CO2 H2 CO CH4 CO2 
15 2.6 23.1 0 74.3 2.6 17.7 0 79.7 5.2 21.3 0 73.5 
30 4.0 33.2 0 62.8 3.9 21.6 0.1 74.4 7.2 22.3 0.1 70.4 
45 5.4 32.5 0.1 62.0 6.8 16.3 0.1 76.8 13.8 16.8 0 69.4 
60 12.1 26.8 0 61.1 - - - - - - - - 
 
Figure 6.9 presents a relation between the volume of H2 produced per gram of methyl 
naphthalene fed and residence time. At short residence times, low H2 production was 
achieved at all reaction temperatures. However, increments in residence time resulted in an 
important increase in the production of H2. It is believed that H2 is mainly produced as a 
result of a non-catalytic WGSR in SCW.  
CO   +   H2O   ↔   CO2   +   H2 
Following Le Chatelier’s principle, the great excess of water in the system will shift the 
equilibrium position favoring the production of H2. In addition, it has been reported that at the 
reaction temperatures studied, equilibrium is also favorable to the forward WGSR (213). The 
important increase in the rate of H2 production with an increase in temperature suggests that 
kinetics of WGSR also play an important role. An increase in the non-catalytic WGSR rates 
with temperature was reported in literature at similar temperature intervals (61). This shows 
that at the reaction conditions studied, the balance between kinetics and thermodynamics is 
optimum to maximize H2 production. 




Figure 6.9 Volume of H2 produced per gram of methyl naphthalene fed varying temperature and 
residence time at 230 bar, 0.05 O/Ostoich and 12 water/org ratio 
 
6.3.2. Reaction pathway 
Organic soluble products obtained at different reaction conditions were analyzed in a GC-MS 
to identify individual products of reaction. A total of six organic soluble products of reaction 
(methyl naphthol, methyl naphthoquinone, phthalic anhydride, diethyl phthalate, dimetoxy 
naphthalene and dimethyl phenol) were identified. Yields to individual products were 
calculated at different temperatures and residence times in order to study their evolution as 
shown in Figure 6.10 and Figure 6.11. The main products obtained were methyl naphthol 
and methyl naphthoquinone. 
Experimental results suggest that the initial stage of reaction is the oxidation of methyl 
naphthalene to form methyl naphthol. As can be seen in Figure 6.10, high yields to this 
product were observed at 15 s residence time, and then decreased sharply with an increase 
in residence time to become negligible at residence times of 45 s and longer. This shows 
that the initial oxidation reaction is a very fast process and that methyl naphthol is not a very 
stable intermediate. Moreover, at 30 s and 45 s residence time it can be observed that while 
the yield to methyl naphthol decreased an important increase in the yield to methyl 
naphthoquinone was registered. This shows that methyl naphthol is further oxidized to form 
methyl naphthoquinone. High concentrations of methyl naphthoquinone were obtained at all 
reaction conditions making it the main product of reaction. It was observed that at 400 °C 
and 425 °C yields to methyl naphthoquinone increased to find a maximum at a residence 
time around 45 s. At longer residence time methyl naphthoquinone decreased due to further 
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decomposition to form other products. At 450 °C, the highest yield to methyl naphthoquinone 
was obtained at 15 s and then it decreased gradually when residence time increased.  
 
 
Figure 6.10 Yields to methyl naphthol and methyl naphthoquinone at 230 bar, 0.05 O/Ostoich ratio, 
water/org ratio of 12, residence times of 15, 30, 45 and 60 s and temperatures of 400, 425 and 450 °C 
 
The remaining products of reaction were obtained in lower concentrations, which 
represented yields below 2% of the initial methyl naphthalene input as seen in Figure 6.11. 
This is thought to be the result of a fast decomposition leading to gas products. Phthalic 
anhydride showed a similar trend to that of methyl naphthoquinone. It was observed that at 
400 °C, yields of phthalic anhydride increased with residence time to find a maximum at 
around 30 s and then decreased with further increments in residence time. At higher 
temperature the highest yield was obtained at 15 s and a gradual decrease with residence 
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time was observed. Dialkyl phthalate showed higher yields at short residence times and then 
gradually decreased at longer residence times. The reduction in the yields to intermediate 
products with time is thought to be due to further thermal decomposition of the intermediate 
products leading to gas. 
 
 
Figure 6.11 Yields to organic soluble products at 230 bar, 0.05 O/Ostoich ratio, water/org ratio of 12, 
residence times of 15, 30, 45 and 60 s and temperatures of 400, 425 and 450 °C. 
 
Low yields of dimethyl phenol and dimethoxy naphthalene were obtained. The trend 
observed with dimethyl phenol was greatly dependent on the reaction temperature. At 
400 °C it was only detected at 30 s residence time. When reaction temperature increased to 
425 °C an increase in the yield to dimethyl phenol was observed between 15 and 30 s, while 
further increases in temperature inverted the trend with higher yields to phenol at 15 s than 
30 s. This behavior suggests that dimethyl phenol is not too stable and it may have 
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decomposed or further reacted to form gas rapidly. Dimethoxy naphthalene proved to be a 
minor product as very low yields, under 0.5%, were obtained at all conditions studied.  
Based on the trends observed for the yields and product distribution at different residence 
times and reaction temperatures, a reaction pathway has been proposed in Figure 6.12. The 
potential reactions identified in the process are oxidation, tautomerism, H2O reduction, loss 
of CO, alcohol addition and ring opening. Similar reactions have been reported in literature 
for systems involving the oxidation of polycyclic aromatic compounds in NCW and SCW 
(107–109,196,214). 
The initial step of reaction is the oxidation of methyl naphthalene to produce methyl naphthol 
[1], which involves the hydroxylation of an aromatic ring in the molecule (196). Identifying 
methyl naphthol as product is of great relevance as in results previously discussed for the 
batch system, it was suggested that hydroxylation to form an alcohol was the initial reaction 
step but no experimental proof was obtained. Moreover, the high yields to naphthol obtained 
at 15 s residence time and the important decrease in its concentration with time suggest that 
this reaction step proceeds fast. Once methyl naphthol has been formed, it continues to 
react to form methyl naphthoquinone through further hydroxylation and tautomerism [2]. High 
yields obtained for this product at all residence times studied give an indication that it is the 
main reaction intermediate. Methyl naphthoquinone could further react to produce phthalic 
anhydride [3]. It is thought that this reaction step consists of a series of fast reactions in 
which methyl naphthoquinone reacts through decarboxylation to form phthalic acid (196). 
Then phthalic acid would further react to form phthalic anhydride (215), which is thought to 
be a very fast reaction as phthalic acid was not observed during the product analysis. 
Further reaction of the phthalic anhydride to produce dialkyl phthalate has been considered 
[4]. Similarly, it is believed that this occurs through a series of fast reactions in which the 
addition of alcohol molecules and ring opening occur to achieve the esterification of the 
molecule (215). The ester formed will continue to react through cracking of aliphatic chains 
and ring opening to form gas products. Dimethyl phenol is thought to be produced by two 
potential routes, the decomposition of methyl naphthoquinone or phthalic anhydride [5, 6]. 
The first route is believed to follow a series of fast reactions including ring opening, oxidation 
and loss of CO as reported in literature (196). Similarly, the second route is thought to 
proceed through a series of reactions as epoxidation, condensation and ring opening with 
loss of water (196). Finally, the formation of dimetoxy naphthalene is thought to be the result 
of the reaction between methyl naphthalene and metoxy radicals formed from the cracking of 
other intermediate products [7] (210). This reaction is thought to be reversible based on the 
trend observed for the yields in Figure 6.11, where dimetoxy naphthalene was identified at 
15 s and at longer residence times of 45 s and 60 s. 





Figure 6.12 Proposed reaction pathway for the oxidative cracking of methyl naphthalene in SCW. 
 
Table 6.4 Summary of reactions proposed for the reaction pathway of the oxidative cracking of methyl 
naphthalene in SCW. 
Reaction Pathway 
[1] Formation of methyl naphthol from methyl naphthalene through oxidation. 
[2] Formation of methyl naphthoquinone from methyl naphthol through hydroxylation + 
tautomerism 
[3] Formation of phthalic anhydride from methyl naphthoquinone through 
decarboxylation forming phthalic acid. 
[4] Formation of dialkyl phthalate from phthalic anhydride through alcohol addition + ring 
opening + esterification. 
[5] Formation of dimethyl phenol from methyl naphthoquinone through ring opening + 
oxidation + loss of CO. 
[6] Formation of dimethyl phenol from phthalic anhydride through epoxidation + 
condensation + ring opening + H2O loss. 
[7] Formation of dimetoxy naphthalene from methyl naphthalene from metoxy radicals 
originated in cracking reactions. 
 
6.4. CONCLUSIONS 
Experiments to study the oxidative cracking of heavy oil model compound methyl 
naphthalene at early reaction stages in a flow reactor were performed. The continuous flow 
reactor designed and built for this study enabled operation at short residence times below 1 
min and facilitated the recovery and separation of the reaction products for analysis. 
Experimental results showed that at the reaction conditions studied, methyl naphthalene 
conversions over 30% were achieved, which shows that the oxidation of the polycyclic 
aromatic structure is a relatively fast reaction. It was observed that the oxidative cracking 
process have two reaction regimes: the first at very short residence times in which an 
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important concentration of ROS are present and a second one where these species have 
been mostly consumed and the reaction medium is SCW alone. In the first regime, high 
conversions of methyl naphthalene are achieved and an increase in the yield to organic 
soluble products is observed. In SCW water alone methyl naphthalene does not react 
showing that PAHs are unreactive. On the contrary, oxygenated intermediate products 
continue to react in SCW alone to form lighter products and gas. As expected, yields to coke 
were low at all reaction conditions studied. Selectivity to organic soluble products was found 
to be high, over 60%, at short residence times (15 s) and to greatly decrease with 
increments in temperature and residence time. This is due to a combination of two factors, 
the lack of reactivity of methyl naphthalene in SCW alone and the decomposition of 
oxygenated intermediates mainly to produce gas. 
It was observed from the molar O/C ratio in the organic soluble fraction that the incorporation 
of oxygen in the PAH structure effectively occurred.  In addition it was concluded that the 
molar O/C ratio initially increases with an increase in residence time as a result of the 
oxidation reaction to reach a maximum and then decrease gradually at longer residence 
times due to the cracking and decomposition reactions of intermediate products to produce 
CO and CO2.  
Analysis of the gas product obtained showed that at early stages of the oxidative cracking 
reaction the gas produced is mainly composed of CO and CO2. However, an important 
relation between H2 concentration, residence time and temperature was observed. An 
increase in residence time and/or temperature resulted in an important increase in the 
amount of H2 produced. It was concluded that H2 produced was the result of the non-
catalytic WGSR of CO produced and water available in the system. 
Finally, methyl naphthol and methyl naphthoquinone were found to be the main organic 
soluble products of reaction. The formation of methyl naphthol was identified as the initial 
reaction step in the oxidative cracking of methyl naphthalene. A potential reaction pathway 
for the process based on experimental trends of each organic soluble product and 
information found in literature was proposed. 
Chapter 7 
Oxidative Cracking of Vacuum 
Residue in Supercritical Water 
7. Oxidative Cracking of Vacuum Residue in Supercritical Water 
This work focuses in the study of the oxidative cracking of heavy oil in SCW using Maya oil 
vacuum residue as real feedstock. The main objective was to assess the potential of the 
process to upgrade the VR into light oil fractions with a bp < 450 °C. In addition, removal of 
sulfur, nitrogen and vanadium from the liquid product fraction were assessed. The work is a 
twofold 1) the evaluation of the oxidative cracking of VR in the absence of a catalyst at 
different reaction temperatures and 2) the comparison between the catalytic and non-
catalytic oxidative cracking of VR using Y-zeolite and Mn-Y-zeolite as catalysts. Experiments 
on the non-catalytic oxidative cracking of VR were performed at 400, 425 and 450 °C in 
order to assess the effect of temperature on VR conversion, asphaltene conversion, yield to 
products, heteroatom removal, metal removal and molecular weight distribution of the liquid 
product. Results obtained at 425 °C in the absence of a catalyst were compared with the 
ones obtained in the presence of Y-Zeolite and Mn-Y-Zeolite as catalysts in order to 
evaluate its performance.  
 
7.1. INTRODUCTION 
A high percentage of the oil produced worldwide is obtained through catalytic cracking 
processes using zeolites (185). Zeolites are porous crystalline structures made out of 
alumino-silicates arranged in tetrahedral structures with Si and Al ions in the center and four 
oxygen atoms at the corners (216). Figure 7.1 shows a schematic representation of the 
basic structure of a zeolite previously described. Y-zeolite (faujasite) is the most widely used 
due to its high thermal stability and high concentration of acid sites, which are favorable for 
oil refining applications. Zeolites consist of sodalite cages joined together to form a large 
pore structure (super cage) with large cavities that are connected through 4 large windows 
as shown in Figure 7.2. 
 




Figure 7.1 Schematic representation of the basic tetrahedral structure of a zeolite  
 
The internal cavities that conform the pore structure are approximately 12 Å in diameter and 
the windows that link them  of approximately 8 Å (217).  
 
 
Figure 7.2 Y-zeolite (faujasite) structure adapted with permission from (218). Copyright 1994 
American Chemical Society. 
 
Metal oxide catalysts with zeolite as support were effectively used in the complete oxidation 
of chlorophenol in SCW. It was reported that the presence of this catalyst increased activity 
and reduced the formation of large molecular weight by-products (219,220). 
Furthermore, transition metal oxides have been extensively considered for heterogeneously 
catalyzed oxidation reactions in SCW. It was observed that the performance of these 
catalysts greatly depends on the reaction conditions as the stability of the catalyst in 
occasions was insufficient and problems due to chemical modification and leaching were 
reported (144). However, manganese oxide has shown to be hydrothermally stable, highly 
active and resistant to metal leaching during oxidation reactions in SCW. It was reported that 
Chapter 7 Oxidative Cracking of Vacuum Residue in Supercritical Water 
157 
 
the role of manganese oxide is mainly to increase the rate of formation of reaction 
intermediates, which results in a significant acceleration of the oxidation rates in SCW (221). 
Moreover, MnO2 has proven to be effective in the oxidation of phenol (222), acetic acid (223) 
and pyridine (224) used as model compounds.  
In this work, upgrading of heavy oil through oxidative cracking in SCW was studied using VR 
as real heavy oil feedstock. Yields to light liquid products with boiling point below 450 °C, 
gas and coke were determined. Changes in the molecular weight distribution of the liquid 
product fraction as well as in the fractionated maltene and asphaltene fractions were 
analyzed. Moreover, heteroatom (N and S) and metal removal (V) were also determined. Ni 
concentrations were not reported as the results were not conclusive due to the presence of 
Ni from the degradation of the reactor walls especially at high temperatures. Thermal runs 
were compared with the ones performed with the addition of Y-zeolite and in-house 
synthesized Mn-Y-zeolite catalysts. The performance of the catalyst was evaluated in terms 
of the yields to different products, heteroatom and metal removal.  
 
7.2. EXPERIMENTAL 
Experiments on the oxidative cracking of VR were performed in a SS microbomb reactor 
extensively described in Section 3.2.1 and Section 4.1.1. Briefly, the reactor was filled with 
0.5 g of Maya oil VR and the required amount of DI water, H2O2 solution and catalyst to 
achieve reactions in SCW conditions at 230 bar, 60 min, O/VR ratio of 0.15 gO2/gVR and a 
cat/VR ratio of 0.25 gcat/gVR. Products of reaction were recovered and analyzed following the 
procedures detailed in Section 4.1.1.3.2 and Section 4.1.3 respectively. The Mn-Y-zeolite 
catalyst used was synthesized following a traditional ion exchange method as detailed in 
Section 4.2.1. The catalyst characterization was performed as described in Section 4.2.2. 
Different temperatures of 400 °C, 425 °C and 450 °C were implemented to assess the 
thermal effect on the reaction. 
 
7.3. RESULTS AND DISCUSSION 
7.3.1. Catalyst characterization 
Textural properties of the catalysts were determined through N2 adsorption technique and 
are reported in Table 7.1. It was observed that after incorporating manganese to the zeolite 
structure through ion exchange, the surface area of the catalyst increased 18% with respect 
to the original zeolite. It was observed that the introduction of Mn into the structure of the 
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zeolite resulted in a decrease in the pore diameter with respect to the original zeolite. 
However, both the Y-zeolite and the Mn-Y-zeolite remained within the microporous material 
range. The adsorption isotherms of the Y-zeolite and Mn-Y-zeolite can be found in Appendix 
11.2.11.1. 
Table 7.1 Textural properties of the catalysts determined through N2 adsorption. 
 Y-zeolite Mn-Y-zeolite 
BET Surface area (m
2
/g) 430 510 
Total pore volume (cm
3
/g) 0.22 0.30 
Pore diameter (Å) 7.69 4.73 
   
 
Chemical composition and metal loading of the catalyst determined through ICP are 
presented in Table 7.2. It was observed that during ion exchange procedure Mn was 
successfully incorporated into the zeolite structure to produce a catalyst with 6.2 wt% of the 
metal. It was also noted that after the ion exchange, the Si/Al ratio of the catalyst had small 
changes and remained high, which is important as it determines the activity and stability of 
the catalyst (216). 
Table 7.2 Catalyst composition determined through ICP. 
 Y-zeolite Mn-Y-zeolite 
Si (%w/w) 25.1 22.6 
Al (%w/w) 8.9 8.2 
Na (%w/w) 1.1 1.3 
Mn (%w/w) 0 6.2 
Si/Al ratio 2.8 2.8 
 
The presence of the metal in the catalyst was corroborated through EDX analysis of a 
sample of fresh calcined catalyst from a spot analyzed by SEM-EDX as shown in Figure 7.3. 
SEM analysis of the catalyst showed an irregular pseudo-spherical morphology. SEM 
images can be found in Appendix 11.2.11.2. 
 
 
Figure 7.3 EDX analysis of a SEM micrograph at 1.5k magnification for Mn-Y-Zeolite catalyst. 
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The XRD diffraction patterns of the Y-zeolite and the Mn-Y-zeolite are shown in Figure 7.4. 
The diffraction analysis shows reflections at low intensity values of 2Ɵ around 6.2°, 15.6° 
and 31° for both catalysts, which are indicative of the faujasite structure of the zeolite (225). 
Determination of the crystal size of both catalysts showed that Y-zeolite and Mn-Y-zeolite 
have an average crystal size of 112.1 nm and 120.7 nm respectively. Moreover, Mn-Y-
zeolite difractogram does not show any reflection specific of Mn, which suggests that the 
metal is completely dispersed throughout the structure and there are no perceptible metal 
accumulations in the material that can be detected through XRD. 
 
Figure 7.4 XRD patterns of the calcined Y-zeolite and Mn-Y-zeolite catalysts. 
 
7.3.2. Experimental results 
Maya oil VR as a heavy oil feedstock was upgraded through oxidative cracking in SCW. 
Results obtained were presented and analyzed as VR conversion, VR conversion to 
products with bp < 450 °C, yields to products (asphaltene, heavy maltene, liquid products 
with bp < 450 °C, gas and coke), heteroatom conversion (sulfur and nitrogen) and metal 
conversion (vanadium). These were calculated using Equations 7.1 – 7.7. In this work two 
different definitions of conversion were used. The first is denominated total conversion, 
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which considers gas, liquid product with bp < 450 °C and coke as reaction products. It was 
calculated using Equation 7.1 where m0VR stands for the initial mass of VR, mA for the mass 
of asphaltenes recovered and mHM for the mass of heavy maltenes (bp > 450 °C). 
 




0                                 (7.1) 
 
The second is a conversion to light products boiling below 450 °C and considers coke as 
unconverted material, which means that an increase in coke formation will impact the value 
negatively giving a good indication of the performance of the system. It was calculated using 
Equation 7.2 where mcoke stands for the mass of coke recovered as product. 
 




0                  (7.2) 
 
Asphaltene conversion was determined with Equation 7.3 where m0A stands for the mass of 
asphaltenes in the VR originally loaded. 
 




0                             (7.3) 
 
Heteroatom and metal removal from the liquid product was determined using Equations 7.4, 




V stand for initial mass of sulfur, nitrogen and vanadium 
respectively and mS, mN and mV for the mass in the liquid product recovered.  
 




0                                    (7.4) 
 
 




0                                 (7.5) 
Chapter 7 Oxidative Cracking of Vacuum Residue in Supercritical Water 
161 
 




0                                    (7.6) 
 
Finally the yields to the different products obtained were calculated with Equation 7.7 where 
mn stand for the mass of the product analyzed. 
 
                                              𝑌𝑖𝑒𝑙𝑑 𝑛 =
𝑚𝑛
𝑚𝑉𝑅
0                                           (7.7) 
 
Products of reaction were classified first as gas, coke and liquid products. The latter was 
subdivided according to boiling point in liquid products bp < 450 °C (light maltenes) and 
heavy maltenes and asphaltenes, also considered as unconverted VR. Furthermore, the 
liquid products bp < 450 °C were classified in boiling point cuts through simulated distillation 
as clearly in Figure 7.5. 
 
 
Figure 7.5 Oxidative cracking of VR product classification according to boiling point. 
 
7.3.2.1. Thermal oxidative cracking of vacuum residue in supercritical water 
Experiments to study the upgrading of VR through thermal oxidative cracking in SCW were 
performed at a pressure of 230 bar, a ratio of O/VR of 0.15 w/w and 60 min reaction time. 
Temperatures considered for these experiments were 400, 425 and 450 °C and no catalyst 
was used. 
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7.3.2.1.1. Conversion and product yields 
Figure 7.6, shows that high VR conversions above 30% were achieved at all reaction 
temperatures studied. As expected, an increase in temperature resulted in higher VR 
conversions. This behavior is well in line with the one observed for asphaltene conversion, 
which also increased linearly with temperature. However, an interesting trend can be 
observed in the conversion to liquid products with bp < 450 °C, which initially increased to 
find a maximum at 425 °C and then decreased with a further increase in temperature. At 400 
°C it was observed that the values of both conversions are similar, which indicates that VR is 
mainly being converted into liquid products with bp < 450 °C and gas. This seems to be the 
result of a relatively low production of coke at these conditions, which is also related to the 
low asphaltene conversions obtained. On the contrary, at 450 °C it was observed that an 
important conversion difference (almost 45%) was obtained, which is mainly due to a high 
production of coke as product. It is thought that this can be related to the important increase 
in asphaltene conversion registered, which suggests that an important amount of 
asphaltenes polymerized to produce coke.  This is supported by the high yield to coke 
obtained at 450 °C as shown in Figure 7.7. 
 
 
Figure 7.6 Conversion, conversion to products with bp< 450 °C and asphaltene conversion for the 
thermal oxidative cracking of VR in SCW at 230 bar, 60 min and O/VR ratio of 0.15. 
 
Figure 7.7, shows the yields to different products at the three temperatures studied. It was 
observed that product distribution was greatly dependent on the process temperature. At 
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400 °C the heavy maltene fraction reacted to produce mainly light maltenes and some gas 
while the asphaltene fraction remained almost unreactive. Moreover, low yields to coke were 
obtained at these conditions. Overall, as expected, an increase in temperature resulted in a 
decrease in the yields to liquid products with bp < 450 °C and an increase in the yields to 
gas and coke. At 425 °C yields to light maltenes remained high, near 17%, while yields to 
gas and coke increased from 10% to 23% and 4% to 16% respectively. A further increase in 
temperature to 450 °C showed that almost all heavy maltenes and more than half of the 
asphaltenes were converted. However, most of the products obtained were gas and coke 
with a low yield to light maltenes below 5%. From these results it can be concluded that at 
lower temperatures closer to the critical point mainly cracking reactions of the heavy 
maltenes to produce liquid products with bp < 450 °C take place. However, at high 
temperatures gas formation and polymerization reactions leading to coke play an important 
role. These results are in good agreement with the trends presented in Chapter 5, where it 
was observed that an increase in temperature after it surpassed the critical temperature of 
water resulted in an increase in the yields to gas and coke.  
 
 
Figure 7.7 Yields to products from the thermal oxidative cracking of VR in SCW at 230 bar, 60 min 
and O/VR ratio of 0.15 compared to the composition of the original VR. 
 
Changes in the boiling point distribution of the liquid products with bp < 450 °C fraction were 
observed at the different temperatures studied, as shown in Figure 7.8. At 400 °C, despite 
the higher yields to light maltenes obtained at this temperature, the average boiling point 
remained high as 40% of it was composed of residue fraction. However, an increase in 
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temperature produced a decrease in the yields to residue fraction, which is thought to be the 
result of an increase in rates of thermal cracking of heavier components.  
Yields to kerosene and heavy naphtha remained low at all temperatures studied. 
Nevertheless, they showed a similar trend to the one observed in the residue fraction, 
decreasing with temperature to negligible yields at 450 °C. Similarly, it is believed that this 
decrease is due to an increase in the cracking rates, in this case to produce gas. This is in 
good agreement with the increase observed in the yields to gas.  Interestingly, a completely 
different trend was observed in the yields to diesel and gas oil, which initially increased to 
find a maximum at 425 °C and decreased when temperature was further increased to 450 
°C. This is a very important finding as the variation in the yields to light maltene obtained 
between 400 °C and 425 °C is very low as shown in Figure 7.7, but an important increase in 
the yield to diesel and an increase in the yield to gas oil were observed. From these 
observations, it can be established that 425 °C appears to be the optimum temperature to 
perform the oxidative cracking of VR due to the high yields to liquid products with bp < 450 
°C and the higher selectivity to diesel and gas oil. 
 
 
Figure 7.8 Boiling point distribution of the light maltene fraction from the thermal oxidative cracking of 
VR in SCW at 230 bar, 60 min and O/VR ratio of 0.15 at different reaction temperatures. 
 
7.3.2.1.2. Molecular weight distribution 
SEC studies to determine the molecular weight distribution of the liquid product as well as 
the maltene and asphaltene fractions were performed. These were compared with the SEC 
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values obtained for the original VR. Figure 7.9 shows that the chromatogram of the VR 
presents a bimodal distribution in which the early eluting peak is denominated the excluded 
peak and the second peak is named the retained peak. 
 
 
Figure 7.9 SEC of the original VR, maltene fraction and asphaltene fraction. 
 
The excluded peak represents material with a high molecular mass that is unable to 
penetrate the column porosity and therefore present lower retention times. The retained 
peak corresponds to lighter products that can penetrate the pores of the column and are 
separated in fractions with different molecular mass, as explained in detail elsewhere (226). 
The retained peak of the VR showed a maximum at 19.5 min, which corresponds to an 
average of 520u according to the calibration shown in Appendix 11.2.5. A similar bimodal 
distribution was observed for the fractionated maltenes and asphaltenes, which showed a 
maximum in the eluted peaks corresponding to an approximate molecular weight of 280 u 
and 713 u respectively. In addition, it was observed that in both fractions the molecular mass 
range extended from a few hundred to a few thousand atomic mass units as reported in 
Appendix 11.2.6.  
Figure 7.10A, shows the SEC analysis of liquid product obtained at the three temperatures 
studied compared with the original VR. It was observed that a positive shift towards longer 
elution times was obtained with an increase in the severity of the reaction conditions, which 
indicates a reduction in the molecular size. 
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Analysis of the maltene and asphaltene fractions shown in Figure 7.10B and Figure 7.10C 
present a shift to lower molecular mass observed with an increase in reaction temperature, 
which is consistent with the one observed for the liquid product. Values of molecular mass 
ranges and maximum retained peak for each of the fractions and conditions studied can be 
found in Appendix 11.2.7. Interestingly the analysis of asphaltenes shown in Figure 7.10C 
presents a shift in molecular mass with respect to the original VR asphaltenes, which 
corresponds to a reduction in molecular mass over 50% at all temperatures studied. This 
result is particularly important for reactions performed at 400 °C where low asphaltene 
conversions were registered, as it proves that even at low reaction temperatures cracking of 




Figure 7.10 SEC analysis of A) the liquid product, B) maltene fraction and C) asphaltene fraction from 
the thermal oxidative cracking of VR in SCW at 230 bar, 60 min and O/VR ratio of 0.15. 
 
7.3.2.1.3. Heteroatom and metal removal 
Sulfur and nitrogen contents in the liquid product recovered were determined through 
elemental analysis while vanadium concentration was determined through ICP-OES. Figure 
7.11 shows an increasing trend in sulfur, nitrogen and vanadium removal from the liquid 
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product with an increase in temperature. It was observed that at low temperatures nitrogen 
and vanadium were practically unreactive, while near 20% of the sulfur was successfully 
removed. However, an increase in temperature showed to have a great impact especially in 
nitrogen and vanadium, which reached removal percentages around 80% at 450 °C. Sulfur 
removal also showed an increasing trend with temperature but this was less pronounced 
than the one observed for nitrogen and vanadium. It is thought that at the reaction conditions 
studied, heteroatom and metal removal is strongly linked to the yield to coke and follow a 
similar increasing trend with temperature. 
 
 
Figure 7.11 Sulfur, nitrogen and vanadium removal for the thermal oxidative cracking of VR in SCW at 
230 bar, 60 min and O/VR ratio of 0.15. 
 
In order to gain a better understanding on the desulfurization, denitrogenation and 
demetallization processes that occur during the oxidative cracking of VR a complete mass 
balance for S, N and V was performed. Samples of liquid product, coke and aqueous 
fractions were analyzed. Sulfur and nitrogen concentrations in the gas fraction were 
calculated by difference to close the mass balance. Results obtained for each of the 
components are shown in Figure 7.12. 
Figure 7.12A shows the sulfur distribution in the product fractions obtained. It was observed 
that at all temperatures the amount of sulfur removed in the gas phase remained constant in 
a range between 12 and 14 % w/w. However, opposing trends were observed in the weight 
percent of sulfur found in the liquid and coke fractions, which decreased and increased, 
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respectively, with an increase in reaction temperature. It is believed that the reactivity and 
distribution of sulfur in the different products is strongly related with the chemical form in 
which sulfur is found in the original VR. It was reported that sulfur in the form of alkyl sulfides 
and aromatic sulfides is considerably more reactive than sulfur in the form of thiophenes 
when treated in SCW (125,126). Based on this, it is believed that at low temperature, highly 
reactive sulfur found in the original VR was removed to the gas fraction while more stable 
forms of sulfur remained in the liquid product. Moreover, as the severity of the process 
increased, highly reactive sulfur was also removed into the gas fraction as suggested by the 
almost constant sulfur weight percent obtained at all reaction temperatures studied as shown 
in Figure 7.12A. Furthermore, the decrease in the percentage of sulfur in the liquid fraction 
together with the increase observed in the sulfur content in coke with increasing temperature 
suggests that more stable sulfur structures remained in the asphaltenes and took part in 
polymerization reactions to form coke. 
 
 
Figure 7.12 A) Sulfur, B) nitrogen and C) vanadium mass balance for the thermal oxidative cracking of 
VR in SCW at 230 bar, 60 min and O/VR ratio of 0.15. 
 
A similar trend to that of sulfur was observed for the nitrogen distribution within the reaction 
products, shown in Figure 7.12B. It was observed that a low percentage of nitrogen was 
removed into the gas fraction and it remained constant at the different reaction 
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temperatures. On the other hand, nitrogen presented a pronounced decrease in the 
percentage found in the liquid fraction and a sharp increase in the percentage found in coke. 
Interestingly at 400 °C no nitrogen was found in the coke fraction. This, added to the low 
percentage of nitrogen obtained in the gas fraction and the low nitrogen conversion at low 
temperature, suggests that reactivity of nitrogen found is VR was very low and most of the 
nitrogen present is removed through polymerization into coke. Reports in literature show that 
heterocyclic nitrogen and sulfur are structures with high thermal stability in SCW (110). 
Moreover, it was reported that sulfur containing structures tend to be more reactive than 
nitrogen bearing ones. This is in good agreement with the results observed, especially at 
400 °C, where low yields to coke were obtained and very low nitrogen removal was achieved 
compared to sulfur (110). 
Figure 7.12C shows that vanadium product distribution presents a similar trend as the one 
observed for N and S. Experimental results suggest that V is found in a very stable chemical 
structure in VR. This becomes evident in the low reactivity observed in reactions at low 
temperature where 95% of the original vanadium remained in the liquid fraction. This is in 
good agreement with results from Vogelaar et al, who found that Ni and V porphyrins in gas 
oil samples remain almost unreactive in SCW at 400 °C (125). Moreover, it was observed 
that an increase in temperature resulted in an important increase in the percentage of 
vanadium found in the coke fraction. This suggests that stable metal porphyrins remain in 
the asphaltene structure that polymerizes into coke. A small percentage of 4.5% and 6.5% of 
vanadium was removed into the aqueous phase at 425 °C and 450 °C respectively, which 
suggests that reactivity has a slight increase with an increase in the severity of the process. 
Overall, it was concluded that heteroatom and metal bearing structures found in the original 
VR showed great stability during oxidative cracking in SCW. Results suggest that oxidative 
cracking alone was not reactive enough to break the heteroatom and metal bonds within the 
asphaltene molecule. It was noted that high heteroatom and metal removal, especially with 
increasing temperature, was mainly the result of polymerization reactions of asphaltene 
molecules to produce coke rather than the upgrading of the heavy liquid fraction. However, it 
was observed that 14 % of the sulfur in the oil was reactive at the conditions studied and 
was removed from the oil in the form of gas. Interestingly, this percentage remained 
unchanged with increments in temperature, which suggests that sulfur is found in different 
chemical forms and that just a fraction is reactive and the rest is stable at all conditions 
studied. A small percentage of nitrogen (about. 5%) showed the same behavior as sulfur and 
was removed into the gas phase while the rest remained mostly unreactive. Vanadium 
showed to be unreactive at low temperature and a marginal fraction was removed into the 
aqueous phase at higher temperature, which suggests a slight increase in reactivity. In 
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conclusion, the reactivity trend observed is as follows sulfur species > nitrogen species > 
vanadium species.  
 
7.3.2.2. Comparison between thermal and catalytic oxidative cracking 
Experiments to study the effect that the presence of a Y-zeolite or Mn-Y-zeolite catalysts 
have on the upgrading of VR as compared with the thermal oxidative cracking in SCW were 
performed.  Reaction conditions chosen for this study were 230 bar, an O/VR ratio of 0.15 
w/w, 60 min and 425 °C, which was the optimum temperature found in previous experiments. 
 
7.3.2.2.1. Conversion and product yields 
Results on the conversion of VR and the conversion to products with boiling point below 450 
°C for the thermal and catalytic oxidative cracking of VR are shown in Figure 7.13. It was 
observed that in the presence of both catalysts, a slight increase of 5 % in total conversion 
was obtained compared to thermal oxidative cracking. However, an interesting result was 
observed when comparing the values of conversion to products with bp < 450 °C, which 
showed to increase when Mn-Y-zeolite catalyst was used but showed no change in the 
presence of Y-zeolite. This suggests that despite of the similar value of total conversion, the 
use of one or the other catalyst impacts the selectivity to the products of reaction obtained. 
 
 
Figure 7.13 Total conversion and conversion to products with bp < 450 °C for the thermal (NC) and 
catalytic oxidative cracking of VR in SCW at 230 bar, 60 min, O/VR ratio of 0.15 and 425 °C. 
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The higher conversion to products with bp < 450 °C in the presence of Mn-Y-zeolite 
indicates that the catalyst promotes cracking reactions of VR to form lighter products. 
However, results in the presence of Y-zeolite catalyst show that polymerization reactions to 
form coke are favored. 
Figure 7.14 shows the yields to the different product fractions in the presence and absence 
of a catalyst compared to the original VR composition. A decrease in the yield of heavy 
maltenes was observed in the catalytic process when compared to the one obtained in the 
thermal process. Interestingly, lower yields to asphaltene were obtained when reaction took 
place in the absence of a catalyst. Asphaltene conversion decreased 13% and 39% in 
reactions with Y-zeolite and Mn-Y-zeolite, respectively, compared to the one obtained 
through the thermal only process. It is believed that the important decrease in asphaltene 
conversion in the presence of a catalyst, especially for the Mn-Y-zeolite catalyst, is related to 
the influence that the catalyst exerts in the way asphaltenes react. The catalyst aids in the 
cracking of asphaltenes but also in the formation of small radicals (227) and ROS that react 
with large organic radicals formed preventing polymerization reactions. This can result in a 
reduction in the size of asphaltenes but not in the complete conversion into other products, 
which would explain why the yield to asphaltenes decreases in a lower proportion. 
 
 
Figure 7.14 Yields to products from the thermal (NC) and catalytic oxidative cracking of VR in SCW at 
230 bar, 60 min, O/VR ratio of 0.15 and 425 °C compared to the composition of the original VR. 
 
Moreover, it was observed that higher yield to liquid products with bp < 450 °C around 20% 
was obtained when Mn-Y-zeolite catalyst was used. This represents an increment of 18% if 
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compared to the non-catalytic process. The opposite effect was observed when the Y-zeolite 
was used as it showed a decrease in the yield to liquid products with bp < 450 °C recovered 
of 12 % as compared to the thermal process. Yields to gas showed minor changes between 
catalytic and thermal processes. Only a slight increase in the yield to gas was observed 
when the Y-zeolite was used and this is thought to be caused by an increase in the cracking 
of light maltenes that can be enhanced by the acidity of the zeolite. This can explain the 
decrease in the yields to light maltenes observed. Similarly a slight increase in coke yield as 
compared to the Mn-Y-zeolite and the thermal processes was observed. This is thought to 
be due to the fast formation of high molecular weight organic radicals on the acid surface of 
the zeolite that can polymerize into coke before being stabilized. 
Changes in the boiling point distribution of the light maltene fraction with the addition of both 
catalysts were observed, as shown in Figure 7.15. Higher yields to products with a boiling 
point range between 260 °C and 450 °C were obtained with the Mn-Y-zeolite catalyst, which 
seems to be related with the higher conversion of heavy maltenes obtained. The presence of 
the catalyst favored cracking reactions of heavy maltenes to lighter products, which accounts 
for the increase in the yields to diesel, gas-oil and residue. Negligible yields to heavy 
naphtha and kerosene were obtained, which suggests that at these reaction conditions in 
the presence or absence of a catalyst, they continue to crack mainly to form gas products. 
 
 
Figure 7.15 Boiling point distribution of the light maltene fraction from the thermal (NC) and catalytic 
oxidative cracking of VR in SCW at 230 bar, 60 min, O/VR ratio of 0.15 and 425 °C. 
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In particular, it can be said that the addition of Mn-Y-zeolite as catalyst seems to have a 
positive effect as it increases the yields to light maltene (residue, gas-oil and diesel) with a 
high commercial value mainly from an increase in the conversion of heavy maltenes. On the 
contrary, Y-zeolite seems to promote the cracking of light liquids to gas, which results in 
lower yields to light maltenes. Moreover, the higher yields to coke obtained with Y-zeolite 
suggest that polymerization reactions rather than cracking of heavy molecules occurs. This 
can be related to the role that manganese oxide plays in the reaction enhancing oxidation, 
which weakens heavy molecules making them prone to cracking into lighter products. This is 
in good agreement with reports from literature that suggest that manganese oxide play an 
important role as oxidizer in SCW oxidation reactions and that provides oxygen into the 
process (228). 
 
7.3.2.2.2. Molecular weight distribution 
Figure 7.16 shows the results of the SEC studies on the liquid product (A), maltene fraction 
(B) and asphaltene fraction (C) to determine the molecular weight distribution obtained 
compared to the values of the original VR. Retention times in the chromatograms were 
converted into molecular weight with a calibration curve in Appendix 11.2.5. 
 
Figure 7.16 SEC analysis of the A) liquid product,  B) maltene fraction and C)  asphaltene fraction 
from the thermal (NC) and catalytic oxidative cracking of VR in SCW at 230 bar, 60 min, O/VR ratio of 
0.15 and 425 °C. 
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Results of the analysis of the liquid product in Figure 7.16A, show a shift to longer retention 
times after reaction without a catalyst and with Mn-Y-zeolite as catalyst. The greatest shift 
was obtained with Mn-Y-zeolite, which represents an important reduction on the average 
molecular weight if compared to the original VR. Interestingly, the liquid product obtained 
after reaction with Y-zeolite did not show a shift to longer retention times when compared to 
the original vacuum residue. The previous result was unexpected as the presence of the 
zeolite was expected to promote cracking of heavy fractions. On the contrary, it appears that 
the presence of Y-zeolite promotes polymerization reactions that increase the molecular 
weight of the sample. This is in good agreement with the higher yields to coke obtained with 
Y-zeolite compared to other experiments.  
SEC plots of the maltene and asphaltene fractions of the product from the catalytic and non-
catalytic reactions as well as the fractions of the original VR are shown in Figure 7.16B and 
Figure 7.16C.  
Results from the maltene fraction show that after reaction, a shift to longer retention times 
was obtained in the presence or absence of a catalyst. The magnitude of the shift observed 
for the maximum in the retained peak was as follows: Mn-Y-zeolite > No catalyst > Y-zeolite. 
Interestingly, the SEC plot obtained for the maltene fraction after reaction with Mn-Y-zeolite; 
show the formation of a shoulder at a lower molecular weight range apart from the maximum 
in the retained peak. The existence of this shoulder and the important shift in the retained 
peak maximum gives evidence that the Mn-Y-zeolite catalyst plays an important role in 
cracking reactions that result in maltenes with a lower average molecular weight.  
A similar trend to the one observed for the maltene fraction was obtained for the asphaltene 
fraction where the magnitude of the shift in the retained peak also presents a shift in the 
following order: Mn-Y-zeolite > No catalyst > Y-zeolite. Similarly, it was observed that when 
Mn-Y-zeolite was used a shoulder at a lower molecular weight range was formed indicating 
that an important amount of lighter asphaltenes was formed, which suggests that cracking 
reactions are being promoted by the catalyst presence. 
Overall, SEC results show that a reduction in molecular weight of the liquid product is 
achieved through oxidative cracking in SCW in the presence or absence of a catalyst at the 
reaction conditions studied. It was also concluded that the presence of Mn-Y-zeolite has a 
positive effect and produces a greater shift to a liquid product with a lower molecular weight. 
On the contrary, the presence of the Y-zeolite alone seems to have a negative effect if 
compared to the thermal only process. Analysis of the maltene and asphaltene fractions 
suggest that this is mainly due to the lower shift achieved in the maltene fraction as the 
reduction in asphaltene size was similar in all cases. This may be due to the fact that Y-
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zeolite promotes cracking but also re-polymerization reactions. In contrast, Mn-Y-zeolite, 
apart from promoting cracking reactions, seems to prevent re-polymerization reactions which 
may be attributed to the role manganese oxide plays in the oxidation reaction (228). The 
addition of the Mn-Y-zeolite enhances oxidation reactions, which weakens the structure of 
heavy molecules making them prone to cracking reducing the average molecular weight of 
the liquid product and each of the fractions. 
 
7.3.2.2.3. Heteroatom and metal removal 
Based on the results previously discussed, it was decided to study the effect that the 
addition of Mn-Y-zeolite catalyst has on the removal of metals and heteroatoms as 
compared to the thermal process in the absence of a catalyst. Figure 7.17 shows the overall 
sulfur, nitrogen and vanadium removal from the liquid product in reactions with and without 
Mn-Y-zeolite. It was observed that an increase of 11%, 8% and 20% in the removal of sulfur, 
nitrogen and vanadium, respectively, were achieved in the presence of the catalyst. This 
combined with the small change in coke yields observed suggest that a higher percentage of 
heteroatoms and metals were removed from the asphaltene fraction. 
 
 
Figure 7.17 Sulfur, nitrogen and vanadium removal for the catalytic and thermal oxidative cracking of 
VR in SCW at 230 bar, 60 min, O/VR ratio of 0.15 and 425 °C. 
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In order to determine the effect the catalyst has on the way heteroatoms and metals are 
removed from VR, a complete mass balance of S, N and V was performed, as shown in 
Figure 7.18. 
Figure 7.18A, shows the percent in weight of sulfur in the different product fractions obtained 
in reactions with and without Mn-Y-zeolite as catalyst. It was observed that when the catalyst 
was used, sulfur content in the liquid fraction obtained was 5% lower.  Interestingly, analysis 
of the coke fraction showed that the percentage of the total sulfur removed that was found in 
the coke was reduced from 69% to 51% in the presence of the catalyst. No sulfur was 
obtained in the aqueous phase, which means that an increment in the percentage of the 
sulfur removed in the gas increased from 31% to 49%. This suggests that the presence of 
the catalyst aids in the decomposition of some stable sulfur species found in VR that are not 
reactive in SCW alone, causing an increase in sulfur removal into the gas product fraction. 
Similar conclusions were reached by Timko et al, who observed that SCW alone can 
promote decomposition of some sulfur bearing compounds present in heavy oil but 
thiophenic species remain unreactive. However, when a desulfurization catalyst was added 
decomposition of thiophenes species was achieved (124). 
 
Figure 7.18 A) Sulfur, B) nitrogen and C) vanadium mass balance for the catalytic and thermal 
oxidative cracking of VR in SCW at 230 bar, 60 min, O/VR ratio of 0.15 and 425 °C. 
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Nitrogen removal showed a similar trend as the one previously discussed for sulfur, as 
observed in Figure 7.18B.  A decrease of 4% in the amount of nitrogen found in the liquid 
product was obtained when catalyst was used. This shows that the presence of the catalyst 
aids in the removal process of nitrogen from the original VR. Moreover, the percentage of 
nitrogen removed found in the coke fraction showed a decrease from 83% in the thermal 
process to 71% in the catalytic process. Analysis of the aqueous phase showed that no 
nitrogen was transferred into the aqueous phase in both the thermal and catalytic processes. 
These results in an increase on the percentage of the total nitrogen removed that goes into 
the gas phase from 17% in the thermal process to 29% in the catalytic process. This 
suggests that in a similar case as sulfur removal, the presence of the catalyst aids in the 
decomposition of highly stable nitrogen species present in VR, which results in an increase 
in the percentage of nitrogen in the gas phase. However, the smaller changes registered in 
the distribution of nitrogen within the different product fractions compared with 
sulfur,suggests that nitrogen species are more stable than sulfur bearing compounds, which 
is in good agreement with trends previously reported in literature (110). 
As previously mentioned, the presence of Mn-Y-zeolite has a greater effect on the removal 
of vanadium than it does on S and N. This is clearly observed in Figure 7.18C where a 10% 
reduction in the amount of vanadium found in the liquid product was obtained in the 
presence of Mn-Y-zeolite as catalyst. Despite the overall increase in vanadium removal from 
the liquid product, the total mass of vanadium removed into the coke remained constant. 
This accounts for a significant decrease in the percentage of the total vanadium removed 
that goes into the coke fraction from 91% to 76% in the catalytic process. On the other hand, 
the amount of vanadium found after analysis of the aqueous phase shows an increase from 
9% to 24% of the total vanadium removed from the liquid fraction. This suggests that the 
presence of the catalyst aids in the cleavage of N-C bonds in the porphyrin, which enables 
the removal of vanadium from porphyrin structures found in asphaltenes. Similar trends were 
reported in literature (125). 
 
7.4. CONCLUSIONS 
Experiments on the upgrading of vacuum residue through oxidative cracking in SCW with 
and without a catalyst were performed.  
Results of the thermal oxidative cracking at different temperatures (400, 425 and 450 °C) 
showed that as expected, an increase in temperature resulted in an increase of VR 
conversion and asphaltene conversion. Interestingly, a maximum at 425 °C was observed 
for the conversion to products with bp < 450 °C, which decreased at higher temperature. 
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This is mainly caused by an important increase in the yields to coke observed when reaction 
took place at 450 °C. An optimum process temperature was found at 425 °C based on the 
high conversion and the high yields to gas and light maltene products obtained. Moreover, a 
maximum production of diesel and gas-oil within the light maltene fraction was also 
achieved. SEC studies on the liquid product showed a shift to lower molecular weight 
products with an increase in reaction temperature. Similar behavior was observed when the 
maltene and asphaltene fractions were analyzed separately from which was concluded that 
both maltene and asphaltene fractions in oil can be upgraded to lower molecular weight 
compounds through oxidative cracking in SCW. 
Furthermore, it was concluded that heteroatom and metal species found in VR are highly 
stable in oxidative cracking in SCW conditions. In addition, their removal from the liquid 
product proceeds mainly due to polymerization reactions of asphaltenes to end up in the 
coke fraction rather than decomposition of large heteroatom and metal bearing compounds. 
Based on the percentage of S, N or V removed into the gas or aqueous phase, respectively, 
the following reactivity trend was observed; sulfur species > nitrogen species > vanadium 
species. 
Catalytic oxidative cracking experiments in SCW using Y-zeolite and Mn-Y-zeolite as 
catalysts were conducted at 425 °C. The presence of any of the catalysts increased the 
overall conversion of VR. However, conversion to products with bp < 450 °C only increased 
over non-catalytic runs with Mn-Y-zeolite and remained unchanged with Y-zeolite. It was 
concluded that the presence of Y-zeolite promotes thermal cracking of heavy molecules but 
does not prevent recombination and polymerization reactions to occur, which is supported by 
the higher yields to coke obtained. On the contrary, the presence of Mn-Y-zeolite as catalyst 
resulted beneficial as it also has the cracking function of the Y-zeolite but the presence of 
manganese oxide promotes oxidation reactions through the formation of ROS with the heavy 
organic species. 
SEC plots of the liquid product, the maltene fraction and the asphaltene fraction showed that 
Mn-Y-zeolite produced an important shift to lighter products compared to the thermal only 
process, while the Y-zeolite had a negative effect. Moreover, analysis of the maltene and 
asphaltene fractions showed an important molecular weight decrease compared to the VR 
fractions of 40% and 60% respectively after reaction with Mn-Y-zeolite as catalyst. The 
shape of the plot also presents the formation of a shoulder at longer elution times in the 
maltene and asphaltene fractions that show that the catalyst promotes cracking reactions to 
form lower molecular weight hydrocarbons.  
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Finally, the presence of Mn-Y-zeolite increased the removal of metals and heteroatoms from 
the liquid product. The mass balance of S, N and V showed an important increase in the 
percentage of S and N removed that goes into the gas fraction and in the case of V an 
increase in the one that is removed into the aqueous phase.  This shows that the catalyst 
promotes the decomposition of large S, N and V bearing compounds, which enables the 
upgrading of the liquid fraction through size reduction and metal – heteroatom removal.  
 
Chapter 8 
Catalytic Oxidative Cracking of 
Vacuum Residue in Supercritical 
Water 
8. Catalytic Oxidative Cracking of Vacuum Residue in Supercritical Water 
The work presented in this chapter focuses on the effect of reaction time and temperature in 
the catalytic oxidative cracking of VR in SCW using Mn-Y-zeolite as catalyst. This work 
represents the direct continuation of the studies performed on the catalytic and non-catalytic 
upgrading of VR presented in Chapter 7. The main objective pursued was to determine the 
optimum process conditions (reaction time and temperature) at which yields to liquid 
products with boiling point below 450 °C (light maltene) were maximized and low yields to 
gas and coke were obtained. In addition, the effect of these two process variables on the 
conversion of VR, product distribution, average molecular weight of maltene and asphaltene 
fractions as well as in the removal of S, N and V from the liquid fraction are discussed. 
 
8.1. INTRODUCTION 
In order to fully understand the process of upgrading heavy oil through oxidative cracking in 
SCW, it is necessary to study the evolution of products at different stages of reaction. 
Recent studies on the kinetics of the pyrolysis of heavy oil in SCW (229,230), showed that 
the overall process kinetics aligns well with a pseudo first order of reaction. It was also 
reported that variations in temperature have a dominant role in the final product distribution 
obtained. Moreover, it was reported that the maltene fraction of heavy oils is more reactive 
than the asphaltene fraction, which was completely stable at temperatures below 400 °C. 
The authors observed that an increase in temperature to 430 °C had a large impact on both 
the conversion of maltenes and asphaltenes at the expense of higher yields to coke and gas 
products. 
The aim of this work is to elucidate the effect that changes in temperature and reaction time 
have in the catalytic oxidative cracking of VR in SCW. In these experiments, Mn-Y-zeolite 
was used as catalyst, as it enhanced the upgrading process as discussed in Chapter 7. The 
upgrading of the VR and the evolution of the different product fractions was assessed based 
on the yields to different products, the capacity to remove heteroatoms (S and N) and metals 
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(V) from the liquid phase as well as the reduction in the average molecular weight of the 
asphaltene and maltene fractions. Optimum reaction conditions were determined where the 
highest yields to liquid products with boiling point below 450 °C are obtained.  
 
8.2. EXPERIMENTAL 
The experimental procedure used for this work is the same as the one for experiments 
discussed in Chapter 7.  Briefly, experiments were performed in a SS microbomb reactor 
extensively described in Section 3.2.1 and Section 4.1.1. Experiments at reaction 
temperatures of 400, 425 and 450 °C and reaction times of 10, 30, 60 and 90 min were 
performed. Pressure, O/VR ratio and catalyst/VR ratio were kept constant at 230 bar, 60 
min, 0.15 gO2/gVR and a 0.25 gcat/gVR respectively. Reaction products were recovered and 
analyzed following the procedures detailed in Section 4.1.1.3.2 and Section 4.1.3 
respectively. 
 
8.3. RESULTS AND DISCUSSION 
8.3.1. Experimental results 
In this section, experimental findings on the upgrading of VR through oxidative cracking in 
SCW are discussed. Experiments varying reaction temperature and time were performed at 
the experimental conditions reported in Table 8.1.   
Table 8.1 Experimental conditions to study the effect of reaction time and reaction temperature in the 
catalytic oxidative cracking of vacuum residue in SCW. 
Parameter Value 
Temperature (°C) 400, 425 and 450 
Residence Time (min) 10*, 30*, 60 and 90* 
Pressure (bar) 230 
O / VR ratio (gO2/gVR) 0.15 
Cat / VR ratio (gcat/gVR) 0.25 
*Experiments at 10, 30 and 90 min for the three temperatures studied were performed in collaboration with a MSc student 
project (231). 
 
Analysis of results was made following the same approach as the one extensively explained 
in Chapter 7. Especial emphasis was placed on the influence that changes in reaction time 
and temperature have in VR conversion, yields to products, heteroatom removal, metal 
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removal and changes in the average molecular weight of the maltene and asphaltene 
fractions. These were calculated with Equations 7.1 – 7.7. Similarly, two different definitions 
of conversion were considered. The first (Equation 7.1) defines the total conversion 
considering gas, liquid product with bp < 450 °C and coke as reaction products. The second 
(Equation 7.2) is for conversion to light products with boiling point below 450 °C including 
gas but considering coke as unconverted material. Reaction products were divided and 
classified as gas, coke and liquid products. Liquid products were further divided into 
asphaltenes and maltenes which were also classified depending on boiling point range as 
previously shown in Figure 7.5. 
 
8.3.1.1. Conversion 
Figure 8.1 shows that process variables temperature and reaction time have an important 
impact in the conversion of VR. As expected an increase in conversion was registered with 
increments in reaction time at the different temperatures studied. 
 
 
Figure 8.1 VR conversion through catalytic oxidative cracking in SCW varying reaction temperature 
and reaction time at 230 bar, 60 min, cat/VR ratio of 0.25 and O/VR ratio of 0.15. 
 
At 400 °C, it was observed that conversion increased fast between 10 and 60 min and 
gradually started to level off with further increments in reaction time. This is thought to be 
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related with the concentration of ROS that are completely consumed at longer reaction times 
decreasing greatly the reactivity of the system. When reactions were carried out at longer 
reaction times, the availability of ROS in the medium was limited decreasing its reactivity. 
These observations are in good agreement with the trends observed in Chapters 5 and 6, 
where it was concluded that PAH structures have no reactivity in the absence ROS. 
However, at 425 °C and especially at 450 °C, the trend observed showed that conversion 
had a constant increase with an increase in reaction time. This suggests that at higher 
reaction temperatures, other reactions like thermal cracking and polymerization become 
more relevant than at lower temperatures, contributing to the increase in conversion even at 
longer reaction times. This is further addressed when analyzing the product distribution as it 
was observed that conversion is closely related to the product distribution obtained. 
Figure 8.2 shows the values of conversion to products with bp < 450 °C. At all reaction 
temperatures, conversion to products with bp < 450 °C increased between 10 and 60 min. 
Interestingly, further increase in reaction time had a different effect depending on the 
temperature at which the experiment was carried out. 
 
 
Figure 8.2 VR conversion to products with bp < 450 °C through catalytic oxidative cracking in SCW 
varying reaction temperature and time at 230 bar, 60 min, cat/VR ratio of 0.25 and O/VR ratio of 0.15. 
 
At 400 °C, it was observed that conversion to products with bp < 450 °C started to level off 
after 60 min. The trend observed is similar to the one followed by total conversion (Figure 
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8.1) mainly due to the low production of coke at this temperature. However, at 425 °C and 
450 °C conversion to products with bp < 450 °C reached a maximum after 60 min to 
decrease afterwards. This trend was more pronounced at 450 °C where a sharp decrease of 
more than 20% in conversion to products with bp < 450 °C was registered. Therefore, 
dependence between the conversion to products with bp < 450 °C and temperature was 
observed. It was concluded that the decrease in conversion to products with bp < 450 °C 
was due to the increase in the amount of coke produced with increasing temperature  
 
8.3.2. Product yields 
Figure 8.3 shows the evolution with time of the different product fractions (asphaltenes, 
heavy maltenes, light maltenes, gas and coke) obtained at different temperatures compared 
to the composition of the original VR. The original feedstock is composed of a mixture of 
asphaltenes and heavy maltenes with a boiling point of 540 °C or higher. Overall, it was 
observed that the trends in the yields to the different products are strongly related to the 
reaction temperature. 
At 400 °C the yield to heavy maltenes decreased with an increase in reaction time, while the 
yield to asphaltenes remained almost unchanged as shown in Figure 8.3A. An increase in 
the yield to liquid products with bp < 450 °C with time was observed until it reached a plateau 
after 60 min. A further increase in reaction time from 60 to 90 min produced no change in the 
yields to liquid with bp < 450 °C. This is believed to be strongly related with the concentration 
of ROS in the system that was high at early stages of reaction and decreased with time. It is 
thought that initially heavy maltenes are cracked into lighter fractions aided by the 
incorporation of oxygen into the structure. At longer reaction times cracking of heavy 
molecules slow down and occur mainly as a result of thermal cracking. Moreover, light 
fractions may continue to thermally crack to form gas. The constant yield to liquid with bp < 
450 °C observed at long reaction times is thought to be the result of a balance between the 
production of light maltenes by cracking and their decomposition into gas. Yields to coke 
remained low below 6 % at all conditions studied. 
Figure 8.3B shows that an increase in reaction temperature to 425 °C resulted in a faster 
decrease in the yield to heavy maltenes, which was lower than 20% after just 10 min of 
reaction. Interestingly, at short times an increase in the yield to asphaltenes was registered 
to then decrease with further increase in reaction time. This may be due to the effect of 
polymerization reactions that occur at early reaction stages. 
 




Figure 8.3 Yield to products from the catalytic oxidative cracking of VR in SCW at 230 bar, cat/VR 
ratio 0.25, O/VR ratio of 0.15 varying reaction time at temperatures of A) 400 °C, B) 425 °C and C) 
450 °C. 
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At longer reaction times the yields to asphaltene decreased, which is thought to be the result 
of two potential processes, the condensation of asphaltenes to form coke and the cracking of 
asphaltenes into lighter fractions. It was also observed that the yields to light maltenes 
remained unchanged with an increase in reaction time. Similarly as at 400 °C, it is thought 
that this is the result of a balance between the formation of light maltenes from cracking of 
heavier compounds and their further decomposition into gas. This is in good agreement with 
the increase in gas yields with reaction time. Yields to coke showed an increasing trend with 
reaction time, which matches the decrease in the yields to asphaltenes suggesting that 
asphaltene polymerization is responsible for coke formation as was reported in literature 
(100). 
Further increments in reaction temperature to 450 °C boosted the trends observed at 425 °C 
as shown in Figure 8.3C. It was observed that heavy maltenes reacted fast and had yields 
lower than 12 % at all reaction times studied. Moreover, an important increase in the yield to 
asphaltenes was registered in the initial 10 min of reaction. As previously mentioned, this is 
thought to be caused by an increase in the polymerization rates at initial reaction stages and 
during the initial heating of the reactor. At longer reaction times, yields to asphaltenes 
decreased to almost achieve complete conversion. This is directly linked with the important 
increase registered in the yields to coke at reaction times over 30 min. Yields to light 
maltenes decreased progressively as reaction time increased. On the contrary, an increase 
in reaction time resulted in an increase in the yields to gas mainly as a result of the 
decomposition of light maltenes.  
Based on trends observed for the yields to different products, a general reaction pathway for 
the upgrading of VR through oxidative cracking in SCW was proposed, as shown in Figure 
8.4. The reaction pathway considers as unconverted VR any liquid product (heavy maltene 
and asphaltene) with a boiling point over 450 °C.  
Asphaltene molecules are thought to react through two main processes: through cracking to 
form heavy maltenes and through polymerization to form coke. The second was proven to 
be strongly dependent on reaction temperature as yields to coke remained low below 6% 
when reaction took place at 400 °C. On the contrary, high yields to coke of up to 58% were 
obtained when temperature increased to 450 °C. Similarly, two processes are thought to 
occur with the heavy maltene fraction. These are the polymerization to form asphaltenes and 
the cracking to form light maltene products with a boiling point lower than 450 °C. Finally, 
light maltenes are thought to further crack to form gas products. It was observed that this 
reaction is strongly dependent on reaction time as low gas yields were obtained at early 
reaction stages. Temperature also had influence on the yield to gas especially at 450 °C, 
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where gas yields over 20% were obtained at reaction times of 30 min or longer. The reaction 
pathway and product trends observed are in good agreement with similar works published in 
literature (100,229,230).  
 
 
Figure 8.4 Proposed reaction pathway for the upgrading of VR through catalytic oxidative 
cracking in SCW. 
 
As previously mentioned, one of the main objectives of this work was the optimization of 
reaction conditions to produce liquid products with bp < 450 °C. In order to gain a further 
insight into the effect of temperature and reaction time, the maltene fraction was further 
analyzed through simulated distillation and classified according to boiling point range into 
residue (425 – 450 °C), gas oil (340 – 425 °C), diesel (260 – 340 °C), kerosene (205 – 260 
°C), heavy naphtha (< 205 °C). Figure 8.5 shows the yields to different boiling point fractions 
obtained at the different reaction temperatures. It was observed that in all cases light 
maltenes were mainly composed of diesel, gas oil and residue fractions with a boiling point 
between 260 °C and 450 °C. Negligible yields to heavy naphtha and kerosene were 
obtained. Figure 8.5A shows that at 400 °C, yields to residue, diesel and gas oil increased 
between 10 and 60 min. When reaction time was further increased to 90 min the three 
fractions showed a different behavior: the yield to residue fraction decreased while the yield 
to diesel kept increasing and the yield to gas oil remained steady. This suggests that at long 
reaction times, cracking within the light maltene fraction takes place, reducing the average 
boiling point of the fraction.   




Figure 8.5 Yield to light maltene fractions for the catalytic oxidative cracking of vacuum residue in 
SCW at 230 bar, cat/VR ratio 0.25, O/VR ratio of 0.15 varying reaction time at temperatures of A) 400 
°C, B) 425 °C and C) 450 °C. 
 
Figure 8.5B and Figure 8.5C show that an increment in reaction temperature increased 
cracking reactions within the light maltene fraction. At 425 °C, the yield to residue fraction 
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decreased with an increase in reaction time, which is thought to be the result of cracking 
reactions mainly to produce gas oil and diesel. Interestingly, at these conditions an initial 
increase with time was observed in the yield to gas oil between 10 and 30 min, which then 
levelled off at values of 7%. It is believed that at these conditions, the decomposition of 
maltenes within the residue fraction to form gas oil and its subsequent cracking to form 
diesel reached a balance. On the other hand, yields to maltenes with boiling point within the 
diesel fraction increased with reaction time as consequence of the thermal cracking of the 
previous two fractions.  
It was observed that at 450 °C, any increment in reaction time resulted in a decrease in the 
yields to the different light maltene fractions. This shows that at high reaction temperature, 
the main reaction pathways in the process change and reactions like the thermal cracking of 
light maltenes to form gas become more relevant. 
Overall, it was concluded that the optimum process conditions to carry out the oxidative 
cracking of VR in SCW, where high yields to liquid products with bp < 450 °C were obtained 
keeping low yields to gas and coke, were 425 °C and 30 min. Moreover, high yields to 
valuable fractions as diesel and gas-oil were obtained at these conditions. 
 
8.3.3. Molecular weight distribution 
The maltene and asphaltene fractions recovered were analyzed through size exclusion 
chromatography in order to determine the molecular weight distribution of the fractions 
compared to the values obtained in the original VR. Values of the molecular weight ranges 
and the average molecular weight for the whole liquid product as well as the asphaltene and 
maltene fractions independently were obtained using the calibration curve in Appendix 
11.2.5 and are reported in Appendix 11.2.7. 
Overall it was observed that both, reaction time and temperature have an important influence 
on the average molecular size of the maltene and asphaltene fractions as seen in Figure 8.6.  
Results on the analysis of the maltene fractions for experiments at 400 °C, 425 °C and 450 
°C are shown in Figure 8.6A, Figure 8.6C and Figure 8.6E respectively. An increase in 
reaction time resulted in a shift to longer elution times at the three temperatures studied, 
which represents a decrease in the average molecular weight of the maltene fraction. 
Moreover, it was observed that increasing reaction temperature had an important impact 
reducing the average molecular weight of the final maltene product compared to the one of 
the original VR. Figure 8.6A shows that at 400 °C a shoulder was formed at longer elution 
times, which indicates that maltenes with a lower molecular weight were obtained. The 
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intensity of the shoulder increased at longer reaction times showing an evolution with time 
towards lighter maltene products. This provided with further evidence of the existence of 
cracking reactions of heavy maltenes into lighter products.  
 
Figure 8.6 SEC analysis of the maltene (A,C,E) and asphaltene (B,D,F) fractions from the catalytic 
oxidative cracking of VR in SCW at 230 bar, O/VR ratio of 0.15 and cat/VR ratio of 0.25 at 400 °C 
(A,B), 425 °C (C,D) and 450 °C (E,F) at reaction times of 10, 30, 60 and 90 min. 
 
At 425 °C, a clear trend of the evolution towards lighter maltenes with time was obtained, as 
shown in Figure 8.6C. It can be observed that after 10 min a slight shift to longer elution 
times was observed with the formation of a shoulder at longer elution times. However, when 
reaction time increased to 30 min, the peaks were shifted showing that an important 
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reduction in the average molecular weight of the maltene fraction occurred. The presence of 
a shoulder at shorter elution times shows clearly the transition from heavy to lighter 
maltenes. Further increase in reaction time to 60 and 90 min resulted in an important 
reduction of the shoulder at shorter elution time, which showed the occurrence of further 
thermal cracking to lighter maltenes. The average molecular weight obtained for the maltene 
fraction at 60 and 90 min was approximately 60% lighter than the one of the maltenes in the 
original VR. 
At 450 °C, thermal cracking of heavy maltenes occurred at higher rates since early stages of 
reaction, as shown in Figure 8.6E. It was observed that from 10 min reaction time an 
important shift towards longer elution times was observed. This corresponds to a reduction 
of more than half of the molecular weight of the maltenes in the original VR. At this 
temperature, increments in reaction time had lesser effect than at other temperatures only 
narrowing slightly the molecular weight range of the fraction. This is thought to be the result 
of further cracking of heavy maltenes and the loss of light maltenes that continue to crack 
into gas. 
SEC analysis of the asphaltene fraction for experiments at 400 °C, 425 °C and 450 °C are 
presented in Figure 8.6B, Figure 8.6D and Figure 8.6F respectively. It was observed that 
reaction temperature had an important effect on the molecular weight distribution of the 
asphaltene fraction. Moreover, at all temperatures a reduction in the molecular weight range 
with reaction time was registered. Figure 8.6B shows that in experiments at 400 °C, a slight 
shift towards longer elution times was observed with longer reaction times, which indicates a 
reduction in the average molecular weight. However, important evidence of asphaltene 
cracking and size reduction was obtained at 425 °C and 450 °C where a shoulder at longer 
retention times was observed. At 425 °C, an increase in reaction time resulted in a greater 
intensity of the shoulder showing that the proportion of lighter asphaltenes within the fraction 
increased, as shown in Figure 8.6D. An increase in temperature to 450 °C resulted in an 
important reduction in the average molecular weight of the asphaltene fraction. In addition it 
was also observed that the intensity of the shoulder at longer elution time increased at 
higher reaction times, which shows that cracking of asphaltene molecules occurred, as seen 
in Figure 8.6F. The important reduction in the average molecular weight of asphaltenes at 
450 °C is thought to be the result of two main phenomena; first the thermal cracking of the 
molecule to produce lighter asphaltenes and second the potential polymerization of the 
heaviest asphaltenes to produce coke leaving the liquid product fraction. 
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8.3.4. Heteroatom and metal removal 
The effect of temperature and reaction time in the removal of sulfur, nitrogen and vanadium 
from the liquid product obtained was studied. Overall it was observed that both exert an 
important influence on the total removal of heteroatoms and metals from the original VR.  
Figure 8.7 shows the fraction of the original sulfur removed from the original VR at different 
temperatures and reaction times. 
 
 
Figure 8.7 Sulfur removal for the catalytic oxidative cracking of vacuum residue in SCW at 230 bar, 
cat/VR ratio 0.25, O/VR ratio of 0.15 at temperatures of 400 °C, 425 °C and 450 °C and reaction times 
of 10, 30, 60 and 90 min. 
 
At 400 °C, it was observed that sulfur removal was almost negligible at early reaction stages 
achieving 6% after 10 min. However, at longer reaction times sulfur removal reached values 
over 30% at 90 min. At intermediate reaction times of 30 min and 60 min, a removal of sulfur 
of 10% and 22% was achieved, which is in good agreement with results reported in literature 
for SCW desulfurization of Arabian heavy oil in a similar reaction set up (89). The low 
desulfurization achieved at this condition suggests that sulfur present in the original VR is 
part of aromatic structures commonly found in asphaltenes. These type of molecules were 
studied independently and were reported to be highly stable in SCW at similar reaction 
conditions (125,126). Interestingly, it was noted that an increase in reaction time, results in a 
proportional increase in the removal of sulfur at the three reaction temperatures studied. It 
was evident that an increase in temperature had an important impact, achieving sulfur 
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removal from the liquid product of up to 90% at 450 °C and 90 min. This is believed to be 
related to the increase in the yields to coke obtained at higher temperatures and reaction 
times, as most of the sulfur was removed into the coke fraction due to polymerization of 
heavy asphaltenes as concluded in Chapter 7.  
Results on nitrogen removal at different conditions studied are reported in Figure 8.8. It was 
observed that temperature exerts an important influence in the removal of nitrogen from the 
liquid fraction of the oil. At 400 °C, nitrogen removal was below 16% at all reaction times 
studied. However, an increase in temperature resulted in a significant increase in nitrogen 
removal. Large extents of de-nitrogenation over 70 % were achieved at 450 °C and reaction 
times over 30 min. As in the case of sulfur, this result is thought to be directly related with the 
important increase observed in the yields to coke. This suggests that the mechanism of 
nitrogen removal is strongly related to polymerization reactions of asphaltenes to coke that 
are promoted at higher reaction temperatures. At short reaction times and lower 
temperatures the extent of de-nitrogenation was lower than that of de-sulfurization. The latter 
is believed to be directly linked with the higher stable nature presented by nitrogen 
containing organic compounds over sulfur-containing ones, as was suggested in literature 
(110).   
 
 
Figure 8.8 Nitrogen removal for the catalytic oxidative cracking of vacuum residue in SCW at 230 bar, 
cat/VR ratio 0.25, O/VR ratio of 0.15 at temperatures of 400 °C, 425 °C and 450 °C and reaction times 
of 10, 30, 60 and 90 min. 
 
A similar trend as the one of sulfur and nitrogen was observed in the removal of vanadium 
from the liquid fraction as shown in Figure 8.9. It was noted that an increase in temperature 
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had a greater impact on the de-metallization process than the one observed in the 
heteroatom removal. This was particularly evident in reactions at 425 °C and 450 °C where 
more than 40% of the vanadium found in the original VR was removed from the liquid 
fraction at reaction times of 30 min or longer. These results are well in line with observations 
in literature reporting that metal complexes as porphyrins commonly found in asphaltene 
molecules undergo chemical reactions in the presence of SCW and a catalyst. In addition, it 
was reported that metal porphyrins are normally more reactive than S and N containing 
organic molecules (125). Nevertheless, as concluded in Chapter 7, most of the vanadium 
present in the original oil was removed from the liquid fraction in the form of coke or was 
deposited in the surface of the catalyst. This explains the high extent of de-metallization 
above 70% achieved at 450 °C and reaction times over 30 min where high yields to coke 
over 40% were obtained. 
 
 
Figure 8.9 Vanadium removal for the catalytic oxidative cracking of vacuum residue in SCW at 230 
bar, cat/VR ratio 0.25, O/VR ratio of 0.15 at temperatures of 400 °C, 425 °C and 450 °C and reaction 
times of 10, 30, 60 and 90 min. 
 
8.4. CONCLUSIONS 
Experiments on the upgrading of VR through oxidative cracking in SCW with Mn-Y-zeolite at 
different reaction times and temperatures were performed.  
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Experimental results showed that both variables studied exert an important influence in the 
conversion of VR and the product distribution obtained. Increments in reaction time and 
temperature resulted in an important increase in the total conversion of VR. However, 
conversion to products with bp < 450 °C increased until it reached a maximum at 60 min to 
then level off or decrease at 450 °C due to the formation of coke. In addition the asphaltene 
fraction of the VR showed to be stable at 400 °C and required higher reaction temperatures 
to decrease its yield. It was concluded that the sharp decrease in the yield to asphaltenes is 
related to an increase in the yield to coke, which shows that an important fraction of the 
asphaltenes that reacted were converted into coke through polymerization. Trends in the 
yields to liquid with bp < 450 °C showed to depend greatly on the reaction temperature. It 
was observed that higher reaction temperature resulted in an increase in the rate of 
formation of liquid products with bp < 450 °C but also increased their decomposition into gas 
products. As a result a gradual increase in the yield to liquid with bp < 450 °C with reaction 
time was observed at 400 °C, a relatively constant yield at 425 °C and a gradual decrease at 
450 °C. Yields to gas and coke showed to increase with any increment in reaction time and 
temperature and became especially relevant at 450 °C. Results on the simulated distillation 
of the light maltene fraction showed that it was mainly composed of diesel, gas oil and 
residue, which represent a liquid product with a bp range between 260 °C and 450 °C. 
Based on conversion and product distribution, it was concluded that the process conditions, 
where a favorable balance between high yields to light maltenes (over 20%) keeping yields 
to coke and gas low, were 425 °C and 30 min. In addition, selectivity to diesel and gas oil 
within the light maltene fraction was high at these conditions. 
Size exclusion chromatography analysis of the maltene and asphaltene fractions recovered 
showed that increasing reaction time or temperature resulted in a reduction in the average 
molecular weight of the fraction. The analysis of the maltene fraction at all temperatures 
showed the formation of a shoulder at longer elution times that increased in area for 
experiments at longer reaction times proving that cracking reactions take place to produce 
an important amount of lighter maltenes. Similar conclusions were made for the analysis of 
the asphaltene fraction, which also showed a displacement to longer elution times with an 
increase in reaction time as well as the formation of a shoulder when the reaction took place 
at 425 °C and 450 °C. Thus an increase in temperature or reaction time resulted in a 
decrease in the average molecular weight of the asphaltene fraction. The increase in the 
intensity of the shoulder with time is proof that cracking of asphaltene molecules into lighter 
ones took place. 
Finally, an increase in reaction time or temperature resulted in an increased heteroatom and 
metal removal capacity of the process. Overall temperature showed to play the most 
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important role in the removal of heteroatoms and metals as it is directly related to the 
production of coke. The trends observed at low temperature suggest that sulfur containing 
compounds had a slightly higher reactivity than nitrogen and vanadium compounds. 




Conclusions and Future Work 
Recommendations 
9. Conclusions and Future Work Recommendations 
The research developed in this thesis was set to explore the potential of a process that takes 
advantage of the solvent properties of supercritical water to perform the upgrading of heavy 
oil feedstocks. The process principle is founded in the partial oxidation of heavy molecules 
such as polycyclic aromatic molecules commonly found in heavy oil feedstocks to weaken 
their structure and facilitate their cracking into lighter and more valuable compounds. A 
twofold approach was followed during the project: First, polycyclic aromatic hydrocarbons 
were used as heavy oil model compounds in order to proof concept, gain deeper 
understanding of the process and optimize reaction conditions. Second, the process was 
tested using Maya oil VR as real heavy oil feedstock. For this, a continuous flow reactor was 
designed, built and tested and also an existing microbomb batch reactor was improved. 
 
9.1. GENERAL CONCLUSIONS 
Upgrading of heavy oil feedstocks through oxidative cracking in hydrothermal conditions, 
namely near-critical and supercritical water, is a promising process that gives rise to 
important yields to lighter and more valuable liquid fractions. It is thought that it can be 
implemented as an alternative to traditional heavy oil refining processes or as an addition 
into the actual refining scheme, aiming to upgrade residue and heavy oil fractions before 
being fed into the hydrotreating processes. 
Water near or above its critical point is a good reaction medium for heavy oil upgrading 
reactions as it prevents coke formation and simplifies product separation stages after 
reaction. Changes in process conditions exert an important influence in the process 
performance, especially in the final product distribution. This is of great relevance as it 
shows that the system can be finely tuned to fulfill process needs with slight changes in 
operating conditions. When reaction takes place near the critical point of water high yields to 
liquid fractions and low yields to coke are obtained regardless of reaction time. However, if 
the temperature increases, condensation and polymerization reactions become more 
relevant, which results in an increment in the yields to coke. Moreover, it was observed that 
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depending on reaction conditions high yields to gas are obtained. Analysis of the gas fraction 
showed that it was rich in H2, making it a high value by-product of the process.  
Furthermore, results obtained with heavy oil model compounds showed that the upgrading 
through oxidative cracking in SCW consists of two main reaction stages. First, a partial 
oxidation step that occurs at early reaction stages when the concentration of reactive oxygen 
species in the system is high. This step is followed by the thermal cracking of the 
oxygenated compounds with carbon and oxygen rejection to produce a lighter organic 
fraction and gas as main products. Based on the experimental evidence obtained from this 
work, it is believed that water mainly plays the role of solvent in the process and that oxygen 
reacts with the heavy organic compounds present in heavy oils weakening its structure and 
enabling its cracking into lighter fractions and gas. 
 
9.1.1. Conclusions obtained from the work performed with model compounds 
As shown in Chapters 5 and 6, the work performed with heavy oil model compounds 
enabled a deep understanding of the effect of operating conditions in the overall 
performance of the process. It also provided valuable information to gain insight on the 
potential reaction pathways that will enable further improvement of the process.  
Analysis of reaction products showed that they are the result of a partial oxidation of the 
polycyclic aromatic compounds and that the reaction proceeds preferentially through the 
central ring. This presents a great advantage as it weakens the polycyclic aromatic 
structures in central positions, breaking its aromaticity and enabling its cracking into lighter 
compounds. It is believed that this makes the process more efficient than other processes 
that preferentially proceed through the periphery of the molecule incurring in further loss of 
carbon. 
In addition, it was observed that polycyclic aromatic compounds are not reactive in water 
alone at near-critical or supercritical conditions. However, in the presence of reactive oxygen 
species, fast reaction occurs and high conversions are observed at residence times as short 
as 15 s. Interestingly, experimental evidence shows that oxygen-containing products from 
the partial oxidation of polycyclic aromatic hydrocarbons continue to react in NCW or SCW 
alone. It was observed that at longer reaction times, the O/C ratio in the liquid product 
fraction decreases, which shows that some degree of de-oxygenation of the final product 
can be achieved within the same process. 
Reaction conditions have an important impact in the overall performance of the oxidative 
cracking process. The effect with changes in pressure, initial oxygen loading (O/Ostoich ratio), 
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temperature and time have in conversion and product distribution was extensively studied. It 
was concluded that changes in pressure have a small influence in conversion showing a 
slight increase in the transition between near-critical and supercritical conditions and 
remaining almost unchanged at pressures above the critical pressure of water. However, 
pressure affects directly the product distribution obtained showing that the higher selectivity 
to organic soluble products is obtained at pressures slightly above the critical point. It was 
observed that the initial amount of oxygen loaded into the system has an important impact in 
conversion and product distribution. High O/Ostoich ratios result in high conversion and also 
high yields to gas product, which decreases the selectivity to organic soluble products. In 
this work, it was concluded that operation at an O/Ostoich ratio between 0.2 and 0.4 results in 
high selectivities to organic soluble products. As expected, an increase in temperature 
resulted in an increase in conversion and in the different product yields. However, a higher 
selectivity to organic soluble products was obtained at temperatures between 400 °C and 
425 °C.  
In both reaction set ups (batch and continuous) two main reaction regimes were observed. 
At early reaction stages, where the concentration of reactive oxygen species in the system is 
high, conversion of polycyclic aromatic hydrocarbons increases with time, same as the yield 
to organic soluble products. At later stages of reaction, where most of the reactive oxygen 
species in the medium have reacted, conversion of polycyclic aromatic hydrocarbons levels 
off and remains constant while the yields to organic soluble products decrease mainly due to 
the decomposition of oxygen containing intermediate products. From this it can be 
concluded that the oxidative cracking process occur at two regimes depending on the 
availability of reactive oxygen species and that reaction and residence time (depending on 
the reaction system used) have an important impact on conversion and especially on the 
selectivity to different products. 
 
9.1.2. Conclusions from the work performed with vacuum residue 
Results from the work discussed in Chapters 7 and 8 showed that the oxidative cracking 
process in SCW can be implemented in the upgrading of real heavy oil feedstocks achieving 
important yields to light oil fractions. It was observed that the heavy maltene fraction in the 
vacuum residue is reactive at all conditions mainly to produce lighter liquid fractions or gas. 
On the contrary, asphaltenes were less reactive especially at lower temperatures. An 
increase in temperature results in a considerable decrease in the yields to asphaltenes at 
the expense of an increase in coke yields. The light maltene fractions obtained from the 
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upgrading of vacuum residue had a boiling point range between 260 °C and 450 °C and 
were composed of fractions of gas oil, diesel and residue. 
Moreover, it was resolved that the average molecular weight of both maltene and asphaltene 
fractions decreases after reaction if compared to the ones in the original vacuum residue. 
This shows that even though yields to asphaltenes remain almost unchanged at low 
temperatures, size reduction within the fraction is achieved.  
Overall, it was observed that heteroatoms and metals found in vacuum residue show high 
stability especially at lower temperatures and reaction times.  However, an increase in 
reaction time or temperature resulted in an increased capacity of the system to remove 
heteroatoms and metals. This is directly related to the parallel increase in the yields to coke 
where most of the metals and heteroatoms removed were found.  Thus, it was concluded 
that the removal of heteroatoms and metals from the liquid phase is mainly due to 
polymerization reactions of asphaltenes to form coke rather than the decomposition of the 
heteroatom or metal bearing compound. Moreover, the percentage of S, N and V determined 
in the gas and aqueous phases showed that sulphur species have a slightly higher reactivity 
than nitrogen and vanadium bearing compounds. 
Furthermore, the addition of a zeolite based catalyst (Mn-Y-zeolite or Y-zeolite) increased 
vacuum residue conversion compared to the non-catalytic process. However, each catalyst 
presented a different effect on the product distribution obtained. It was concluded that the 
Mn-Y-zeolite improved the upgrading process as it increased the yields to products with bp < 
450 °C without increasing the yields to coke. On the contrary, the addition of Y-zeolite had a 
negative effect increasing the yields to coke and gas and decreasing the yield to liquid 
products with bp < 450 °C compared to the non-catalytic process. From this it was 
concluded that the addition of Mn-Y-zeolite had a positive effect in the system increasing the 
selectivity to products with bp < 450 °C and was decided to be studied further. 
The addition of Mn-Y-zeolite produced a further decrease in the average molecular weight of 
both maltene and asphaltene fractions compared to the ones obtained in the absence of a 
catalyst as the presence of the catalyst enhanced the cracking of both asphaltene and 
maltene fractions. Increments in temperature and reaction time resulted in further reduction 
of the average molecular weight of both fractions. However, despite of the evident upgrading 
of the asphaltene fraction, it is believed that the presence of the catalyst and the severity of 
the process are not enough to fully convert asphaltenes into lighter and more valuable liquid 
fractions. Finally, it was resolved that the presence of Mn-Y-zeolite catalyst increases the 
removal of heteroatom and metals from the liquid phase into the gas or aqueous phases. 
This provides evidence that the catalyst aids in the decomposition of large heteroatom and 
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metal bearing organic compounds enabling the upgrading of the liquid fraction through size 
reduction and the removal of metals and heteroatoms. 
 
9.2. RECOMMENDATIONS FOR FUTURE WORK 
This section focuses on the description of future work that can be performed in order to 
further improve the oxidative cracking process. During the development of this work some 
great challenges such as the design, commissioning and testing of a flow reaction system to 
carry out reactions in supercritical water as well as the development of catalyst to further 
improve the oxidative cracking process were tackled. Moreover, the development of 
standard operating procedures and methodologies to recover and analyze products of 
experiments with model compounds and vacuum residue required an important effort and 
time input. In addition, some intrinsic limitations encountered during the development of this 
project such as time constraints, equipment and material availability and other situations out 
of the author control left room for further work and process improvement. 
 
9.2.1. Improvement of reaction set-ups 
Some potential improvements to the current reaction systems used were identified. These 
are aimed to facilitate operation, increase safety when operating and increase the reliability 
of the results obtained. 
 
9.2.1.1. Microbomb reactor  
During operation it was observed that the spring and seal of the relief valve was worn out 
after 4 to 5 experiments and needed to be replaced. In order to improve the system and 
avoid having to replace these fittings in a regular basis the installation of a rupture disc 
instead of the relief valve is being proposed as shown in Figure 9.1. 
The installation of a rupture disc will ensure that leaks do not occur during operation due to 
worn out fittings in the relief valve section. Moreover, they increase the safety of operation 
against a sudden increase in the system pressure, as the rupture disc will break protecting 
the rest of the set-up. Rupture discs made out of Inconel are corrosion resistant and retain 
90% of the room temperature rating at temperatures as high as 450 °C (232). This is of great 
importance as the system requires that the rupture disc operate at reaction temperatures of 
up to 450 °C and to bare the corrosive nature of the sand used in the bath. 




Figure 9.1 Scheme of the proposed modification to the microbomb reaction system that consists of a) 
inlet purge valve, b) pressure gauge, c) gas sampling port, d) outlet purge valve, e) high P and high T 
valve, f) thermocouple, g) reactor main body, h) rupture disc. 
 
9.2.1.2. Oxidative cracking reactor  
It would be desirable in order to perform stability tests of the catalysts in the process, to 
modify the configuration of the oxidative cracking reactor in order to fit a catalytic packed 
bed. A design of a prototype on how to attach a packed bed into the reactor is shown in 
Figure 9.2. It is thought that the catalyst fixed bed should be placed in a vertical orientation 
after the mixer, taking care that the bed is located in a position where it is well immersed in 
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The prototype for the packed bed is built out of two ½” to ¼” stainless steel Swagelok 
reducing unions. The catalyst would be contained in a ½” stainless steel tube with a 
stainless steel disc with holes covered with wire mesh to avoid any loss of catalyst. The 
vertical orientation of the reactor with the feed of reactants flowing from the bottom is 




Figure 9.2 Design of a catalyst packed bed incorporated into the oxidative cracking flow reactor. 
 
9.2.2. Catalyst development and testing 
In this work, the Mn-Y-zeolite catalyst tested with vacuum residue showed to improve the 
upgrading capacity of the process facilitating the cracking of heavy maltene and asphaltene 
molecules as well as increasing the metal and heteroatom removal capacity of the process. 
However, some work is still needed in order to fully understand the role of the catalyst in the 
process and also the resistance of the catalyst to the harsh reaction environment.  
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In order to do this, further analysis of the catalyst post reaction should be done in order to 
study the stability of the material. This will provide with information to relate the experimental 
findings with the catalyst and the state of the catalyst at different conditions. Information from 
the catalyst analysis post-reaction may prove useful to modify the catalyst with the aim of 
improving its performance in the process. 
Apart from the Mn-Y-zeolite catalyst, it would be interesting to test different catalysts varying 
the nature of the support and the metal used. For this purpose a series of catalysts have 
already been prepared but due to time constraints they were not tested as part of this work. 
Different supports, including Y-zeolite, mesoporous Al2O3, carbon nanofibres and TiOx were 
used to synthetize the catalysts. Likewise, manganese, iron and vanadium were selected as 
metals due to their good properties as oxidation catalysts. Zeolite-based catalysts were 
synthesized through ion exchange and the rest of the catalysts through wet impregnation. It 
would be of great interest to evaluate the effect that changes in the support or metal have in 
conversion, product selectivity, metal and heteroatom removal. Moreover, depending on the 
differences observed between the catalysts, it would be of great interest to carry out a series 
of experiments using model compounds to gain an insight on how the catalyst affects the 
reaction pathways and impacts the product selectivity. 
Finally, after selection of the catalyst with the best performance, a series of tests in the flow 
reaction system to evaluate the long operation performance of the catalyst would be 
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11.1. REACTION SYSTEMS  
11.1.1. Microbomb reactor part inventory 
 Part Description Supplier Supplier Code Number 
1 1/2” Union tee bored through Swagelok SS-810-3-BT 1 
2 1/2” Plug Swagelok SS-810-P 2 
3 1/2” to 1/4” Reducing port connector Swagelok SS-811-PC4 1 
4 1/4” Union tee Swagelok SS-400-3 3 
5 1/16” to 1/4" OD, Bored through reducer Swagelok SS-100-R4-BT 1 
6 1/8” to 1/4" OD, Reducer Swagelok SS-200-R4 2 
7 1/4" High pressure needle valve, grafoil 
packing 
Swagelok SS-3HNRS4-G 1 
8 1/4" Relief valve Swagelok SS-4R3A-NE 1 
9 Red spring kit 4000 – 5000 psig Swagelok 177-R3A-K1-G 1 
10 1/4" Union cross Swagelok SS-400-4 1 
11 1/4" Ball valve, 0.6 Cv Swagelok SS-42GS4 3 
12 1/4" Tube OD to 1/4" female connector Swagelok SS-400-7-4 1 
13 1/4" Port connector Swagelok SS-401-PC 5 
14 1/4” Tube 0.065” wall Swagelok SS-T4-S-065-6ME-Z 0.5 m 
15 1/4" NPT digital pressure gauge 0-9999 psig Omega DPG8000-DK 1 













11.1.2. Oxidative cracking reactor part inventory 
 Part Description Supplier Supplier Code Number 
1 1/4” to 1/8” Reducing union Swagelok SS-400-6-2 4 
2 1/4" to 3/8” Reducing union Swagelok SS-400-6-4 1 
3 1/4” Union elbow Swagelok SS-400-9 18 
4 1/4” Union cross Swagelok SS-400-4 1 
5 1/4” Union tee Swagelok SS-400-3 20 
6 1/2" Union tee Swagelok SS-810-3 3 
7 3/8” Union tee Swagelok SS-600-3 1 
8 1/4" Straight union Swagelok SS-400-6 1 
9 1/4" to 1/2" OD, Reducer Swagelok SS-400-R-8 3 
10 1/8” to 1/4" OD, Reducer Swagelok SS-200-R-4 4 
11 1/16” to 1/4" OD, Bored through reducer Swagelok SS-100-R4-BT 4 
12 1/4" Port connector Swagelok SS-401-PC 30 
13 3/8” Port connector Swagelok SS-601-PC 1 
14 1/4" Tube OD to 1/4" female connector Swagelok SS-400-7-4 3 
15 1/4" to 1/4" Male connector Swagelok SS-400-1-4RS 4 
16 3/8” to 1/4" Male connector Swagelok SS-600-1-4RS 1 
17 1/2" to 1/4" Male connector Swagelok SS-810-1-4RS 1 
16 1/4" Plug Swagelok SS-400-P 2 
17 1/4" Relief valve Swagelok SS-4R3A-NE 3 
18 Red spring kit 4000 – 5000 psig Swagelok 177-R3A-K1-G 3 
19 1/4" Check valve 6000 psig Swagelok SS-CHS4-25 4 
20 1/4" Tee type 7 micron filter Swagelok SS-4TF-7 2 
21 1/4" Needle valve with grafoil packing Swagelok SS-3NBS4-G 15 
22 SPL Med/High Back Pressure Regulator Swagelok KPB1S0A422P20000 1 
23 1/4" 3-way valve 0.35 cv Swagelok SS-42GXS4 1 
24 1/4" Sample vessel, 50 cm
3
, 1800 psig Swagelok 304L-HDF4-50 1 
25 1/4" Sample vessel, 150 cm3, 1800 psig Swagelok 304L-HDF4-150 1 
26 1/2” Tube 0.065” wall Swagelok SS-T8-S-065-6ME 0.5 m 
27 3/8” Tube 0.065” wall Swagelok SS-T6-S-065-6ME 0.5 m 
28 1/4” Tube 0.065” wall Swagelok SS-T4-S-065-6ME 4.0 m 
29 1/8” Tube 0.028” wall Swagelok SS-T2-S-028-6ME 3.0 m 
30 1/4" NPT digital pressure gauge 0-9999 psig Omega DPG8000-DK 3 
31 1.5mm x 150mm type K thermocouple TC 405-001 1 





11.1.3. H2O2 concentration analysis through UV-VIS spectrophotometry 
using Ti(SO4)2/H2SO4 solution calibration curve 
% w/w Absorbance (AU) 
% 1 2 3 4 5 AVE 
1.50 3.35 3.35 3.65 3.66 3.66 3.53 
1.25 2.75 2.95 2.87 2.96 2.96 2.90 
1.00 2.36 2.40 2.40 2.38 2.40 2.39 
0.80 1.95 1.96 1.96 1.95 1.97 1.96 
0.60 1.43 1.43 1.44 1.44 1.44 1.44 
0.40 0.91 0.91 0.91 0.91 0.91 0.91 
0.20 0.47 0.47 0.47 0.48 0.47 0.47 
 





11.1.5. Microbomb system pressure calibration curves 
In order to determine the volume of DI water required to reach the desired reaction pressure, 
calibration curves at different reaction temperatures were built from experimental data. In 
order to do this, 1.2 mL of H2O2 30% w/v were added to the reactor as well as different DI 
water loadings. Temperature in the reactor was varied and the pressure obtained was 
registered. A calibration curve of DI water volume added to Pressure obtained was built for 
the reaction temperatures studied. 
 
 
The equations to determine the amount of water required in order to reach a desired 
operation pressure at a fixed temperature in the microbomb reaction are reported in the 
following table. 
 
Reaction Temperature  Equation  R
2
 coefficient 
380°C 𝑉𝐻2𝑂 = 0.0219 𝑃380 − 1.44 0.98 
400°C 𝑉𝐻2𝑂 = 0.0166 𝑃400 − 0.7358 0.96 
425°C 𝑉𝐻2𝑂 = 0.0142 𝑃425 − 0.6072 0.97 








11.2. PRODUCT RECOVERY AND ANALYSIS 
11.2.1. Nitrogen drying system 
The custom made nitrogen drying system was designed in order to concentrate or dry liquid 
samples under an inert gas flow (N2 oxygen free) at room temperature and pressure. The 
system has the capacity to process eight samples at the same time, each with a valve to 
control the gas flow and an individual lifting mechanism that enables the adequate 




11.2.2. Calibration gas composition and response factors 
The following table shows the standard gas mixture composition supplied by BOC and 
balanced with helium. In addition the response factors obtained for each gas from the 
are reported. 
 Calibration Gas Concentration Response Factors 
Hydrogen 20% 1.54E-04 
Carbon Monoxide 20% 2.29E-06 
Methane 10% 2.58E-06 
Carbon Dioxide 20% 1.73E-06 

























T-1 T-2 T-3 T-4
N2
N2 N2 N2 N2
N2 N2 N2 N2




11.2.3. Liquid organic products calibration curves 
Calibration curves for the main reactants and products obtained in reactions with model 
compounds are presented in the following table. 




Phenanthrene Cph = 2E-09 Aph + 0.001 0.002 – 0.012 g/ml 0.997 
Methyl Naphthalene Cmn = 2E-09 Amn + 0.0001 0.002 – 0.012 g/ml 0.995 
Naphthalene Cnph = 2E-09 Anph – 1E-05 0.002 – 0.012 g/ml 0.985 
Anthraquinone Cant = 4E-09 Aant - 2E-05 0.002 – 0.012 g/ml 0.999 
Phenanthrenequinone Cphq = 5E-09 Aphq +0.0004 0.002 – 0.012 g/ml 0.993 
Fluorenone Cfln = 4E-09 Afln – 0.0001 0.002 – 0.012 g/ml 0.999 
Fluorene Cflu = 3E-09 Aflu – 0.0009 0.002 – 0.012 g/ml 0.990 
Dibenzofuran Cdib = 5E-09 Adib – 8E-05 0.002 – 0.012 g/ml 0.999 
Xanthone Cxan = 4E-09 Axan + 7E-05 0.002 – 0.012 g/ml 0.991 
Xanthene Cxnt = 5E-09 Axnt – 0.0003  0.002 – 0.012 g/ml 0.996 
Naphthalyc anhydride Cnan = 5E-09 Anan – 0.0002 0.002 – 0.012 g/ml 0.988 
pyrene Cpyr = 2E-09 Apyr – 4E-05 0.002 – 0.012 g/ml 0.994 
naphtoquinone Cnpq = 3E-09 Anpq + 0.0004 0.002 – 0.012 g/ml 0.999 
Methyl naphthol Cmnp = 4E-09 Amnp + 0.0001 0.002 – 0.012 g/ml 0.993 
 
 










11.2.6. Experimental error estimation and repeatability 
Experiments with model compounds in the microbomb reactor (T=450 °C, P=230 bar, 
O/Ostoich=0.4 and 60 min). 
N = 4 
experiments 
Mean Std Deviation Std Error Error % 
Phenanthrene 
recovery 
0.5122 0.0203 0.0102 1.98 
Liquid organic 
products yield 
0.2604 0.0106 0.0053 2.04 
Coke yield 0.1058 0.0041 0.002 1.92 










Experiments with heavy oil in the microbomb reactor (T=425 °C, P=230 bar, O/VR=0.15 and 
60 min) 
N = 4 
experiments 




0.5661 0.0242 0.0121 2.14 
Coke yield 0.1768 0.0112 0.0056 3.16 
Gas yield 0.2606 0.0194 0.0097 3.71 
Maltene yield 0.3221 0.0136 0.0068 2.12 
Asphaltene yield 0.2440 0.0141 0.0071 2.89 
Sulfur removal 0.5310 0.0358 0.0206 3.89 
Nitrogen removal 0.4347 0.0310 0.0185 4.24 
Vanadium removal 0.6671 0.0240 0.0139 2.08 
 
Experiments with model compounds in the oxidative cracking flow reactor (T=425 °C, P=230 
bar, O/Ostoich=0.03 and 0.75 min residence time) 
N = 3 
experiments 
Mean Std Deviation Std Error Error % 
Met Naphthalene  
recovery  
0.4326 0.0320 0.0185 4.27 
Liquid organic 
products yield 
0.1831 0.0134 0.0077 4.23 
Coke yield 0.0304 0.0017 0.0010 3.18 


















11.2.7. Molecular weight distribution obtained in experiments on 





11.2.8. Conversion, yield to products, heteroatom removal and metal 
removal on the oxidative cracking of VR in the absence of catalyst at 230 bar 
 
 400 °C 425 °C 450 °C 
Conversion 0.34 0.58 0.80 
Conversion to product bp < 450 °C 0.30 0.41 0.34 
Yield to maltenes 0.56 0.40 0.12 
Yield to asphaltenes 0.29 0.21 0.14 
Yield to liquid with bp < 450 °C 0.20 0.18 0.06 
Yield to gas 0.10 0.24 0.28 
Yield to coke 0.04 0.16 0.45 
Yield to heavy naphtha (bp < 205 °C) 0.01 0.01 0.00 
Yield to kerosene (205 °C < bp < 260 °C) 0.01 0.01 0.00 
Yield to diesel (260 °C < bp <  340 °C) 0.05 0.06 0.02 
Yield to gas-oil (340 °C < bp < 425 °C) 0.06 0.06 0.03 
Yield to residue ( 425 °C < bp < 450 °C) 0.07 0.04 0.02 
Sulfur removal 0.19 0.45 0.63 
Nitrogen removal 0.06 0.37 0.76 
Vanadium removal 0.06 0.53 0.84 
 
 
11.2.9. Comparison between results with no catalyst, Y-Zeolite and Mn-Y-
Zeolite as catalysts at 425 °C and 230 bar in the oxidative cracking of VR 
 
 No catalyst Y-Zeolite Mn-Y-Zeolite 
Conversion 0.58 0.62 0.63 
Conversion to product bp < 450 °C 0.41 0.42 0.45 
Yield to maltenes 0.40 0.31 0.31 
Yield to asphaltenes 0.21 0.22 0.26 
Yield to liquid with bp < 450 °C 0.18 0.16 0.20 
Yield to gas 0.24 0.26 0.25 
Yield to coke 0.16 0.20 0.17 
Yield to heavy naphtha (bp < 205 °C) 0.01 0.00 0.00 
Yield to kerosene (205 °C < bp < 260 °C) 0.01 0.00 0.00 
Yield to diesel (260 °C < bp <  340 °C) 0.06 0.04 0.06 
Yield to gas-oil (340 °C < bp < 425 °C) 0.06 0.05 0.07 
Yield to residue ( 425 °C < bp < 450 °C) 0.04 0.06 0.06 
Sulfur removal 0.45 0.49 0.50 
Nitrogen removal 0.37 0.38 0.40 







11.2.10. Conversion, yield to products, heteroatom removal and metal 
removal on the oxidative cracking of VR with Mn-Y-Zeolite as catalyst at 230 
bar 
11.2.10.1. Experiments at 400 °C 
 10 min 30 min 60 min 90 min 
Conversion 0.13 0.22 0.42 0.47 
Conversion to product bp < 450 °C 0.09 0.19 0.37 0.41 
Yield to maltenes 0.59 0.56 0.51 0.45 
Yield to asphaltenes 0.39 0.39 0.32 0.33 
Yield to liquid with bp < 450 °C 0.11 0.17 0.25 0.25 
Yield to gas 0.00 0.02 0.11 0.16 
Yield to coke 0.03 0.04 0.06 0.05 
Yield to heavy naphtha (bp < 205 °C) 0.00 0.00 0.00 0.00 
Yield to kerosene (205 °C < bp < 260 °C) 0.00 0.00 0.00 0.00 
Yield to diesel (260 °C < bp <  340 °C) 0.01 0.03 0.04 0.05 
Yield to gas-oil (340 °C < bp < 425 °C) 0.03 0.05 0.09 0.09 
Yield to residue ( 425 °C < bp < 450 °C) 0.07 0.09 0.12 0.10 
Sulfur removal 0.06 0.10 0.23 0.32 
Nitrogen removal 0.02 0.02 0.12 0.16 




11.2.10.2. Experiments at 425 °C 
 10 min 30 min 60 min 90 min 
Conversion 0.24 0.46 0.63 0.74 
Conversion to product bp < 450 °C 0.19 0.35 0.45 0.44 
Yield to maltenes 0.54 0.40 0.31 0.27 
Yield to asphaltenes 0.42 0.36 0.25 0.19 
Yield to liquid with bp < 450 °C 0.20 0.22 0.20 0.19 
Yield to gas 0.00 0.13 0.25 0.25 
Yield to coke 0.05 0.11 0.18 0.29 
Yield to heavy naphtha (bp < 205 °C) 0.00 0.00 0.00 0.00 
Yield to kerosene (205 °C < bp < 260 °C) 0.00 0.00 0.00 0.00 
Yield to diesel (260 °C < bp <  340 °C) 0.03 0.06 0.06 0.06 
Yield to gas-oil (340 °C < bp < 425 °C) 0.07 0.08 0.07 0.08 
Yield to residue ( 425 °C < bp < 450 °C) 0.09 0.08 0.06 0.05 
Sulfur removal 0.23 0.39 0.50 0.64 
Nitrogen removal 0.09 0.32 0.40 0.06 







11.2.10.3. Experiments at 450 °C 
 10 min 30 min 60 min 90 min 
Conversion 0.38 0.84 0.83 0.96 
Conversion to product bp < 450 °C 0.26 0.40 0.58 0.38 
Yield to maltenes 0.31 0.20 0.15 0.09 
Yield to asphaltenes 0.49 0.10 0.13 0.02 
Yield to liquid with bp < 450 °C 0.18 0.14 0.10 0.07 
Yield to gas 0.08 0.26 0.25 0.30 
Yield to coke 0.12 0.45 0.48 0.59 
Yield to heavy naphtha (bp < 205 °C) 0.00 0.00 0.00 0.00 
Yield to kerosene (205 °C < bp < 260 °C) 0.00 0.00 0.00 0.00 
Yield to diesel (260 °C < bp <  340 °C) 0.05 0.04 0.03 0.02 
Yield to gas-oil (340 °C < bp < 425 °C) 0.07 0.05 0.04 0.03 
Yield to residue ( 425 °C < bp < 450 °C) 0.06 0.04 0.02 0.02 
Sulfur removal 0.39 0.76 0.79 0.89 
Nitrogen removal 0.21 0.66 0.75 0.91 
Vanadium removal 0.38 0.74 0.89 - 
 
11.2.11. Appendix 11.2.11 Catalyst Characterization 
11.2.11.1. Appendix 11.2.11.1 BET Isotherms 








BET isotherm for the Mn-Y-zeolite catalyst  
 
 
The isotherms present a combination of both a type I and IV isotherms based on the 
Brunauer Deming Deming Teller classification, which corresponds to a material with 
micropores and mesopores (233). 
11.2.11.2. Appendix 11.2.11.2 SEM Images 
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11.3.4. Thesis Co-Supervised 
 Oct 2014 – Sep 2015, Leonard Van Thiele, Upgrading of Heavy Oil in Supercritical 
Water (Imperial College London, Master Thesis). 
 Oct 2014 – Sep 2015, Chiara Heide, Heavy Oil Hydrocracking (Imperial College 
London, Master Thesis). 
 Oct 2013 – Sep 2014, Arran Marais-Gilchrist, Catalytic Upgrading of Vacuum 
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Model Compounds in a Continuous Reactor (Imperial College London, Master 
Thesis). 
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